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  I 

Woordje van dank 

Klaar! Na vier jaar zweten en zwoegen, ’s avonds vaak thuis komen met meer vragen dan 

antwoorden, en met de gedachte: “waarom werkt dit niet?”, is dit werk eindelijk klaar. 

Natuurlijk was het niet allemaal kommer en kwel en zijn deze vier jaren eigenlijk voorbij 

gevlogen en zijn de “eureka”-momenten, waarop je eindelijk zo’n vraag kan beantwoorden 

en met een glimlach naar huis vertrekt, hetgene waar ik het voor deed. Als ik er zo op terug 

kijk, vind ik het zelfs spijtig dat de vier jaren al voorbij zijn. Dit werk zou er echter niet 

gekomen zijn zonder de hulp van een heleboel mensen, die ik bijgevolg zeer graag zou 

willen bedanken. 

 

Allereerst Wim en Tom of Tom en Wim, mijn twee promotoren, die altijd voor me klaar 

stonden: hartelijk dank. Geregeld viel ik zonder enige aankondiging binnen op hun bureau 

of belde ik hen ’s avonds omdat ik worstelde met de resultaten van een experiment, of 

omdat ik hen opwindende data wilde tonen of een abstract of artikel wilde laten nalezen. 

Dit leverde me bij Tom dan ook de bijnaam “pitbull” op. Nooit hebben ze me echter 

weggestuurd of kon ik in ieder geval een uurtje later terugkomen wanneer het echt niet 

paste en hebben ze me altijd met raad en daad bijgestaan zowel op de dienst als bij hun 

thuis. 

 

Daarnaast zou ik ook alle collega’s van ART en CHIS willen bedanken voor de goede sfeer en 

raad. Bart G., Danny, Bart V.R., Manly, Eva, Jeff, Tobias, Robert, Niels, Shunta, Tom, Wim S., 

Julien, Ruben, Yoachim, Kim, Axel, Bert, Sam, Jelle, Sarah, Sander D., Sander J., Peter en 

Stijn bedankt. 

 

Bart D., Rudy en Marc wil ik apart bedanken. Deze drie techniekers van de dienst stonden 

altijd klaar om te helpen met praktische problemen in het labo of aan de frees. Zonder hun 

hulp zou ik er nooit in geslaagd zijn om alle experimenten tot een goed einde te brengen. 

 

Mijn familie en vrienden verdienen ook een oprechte dankjewel. Ze hebben mij misschien 

niet rechtstreeks kunnen helpen met mijn onderzoek, maar hebben steeds veel hulp 

geboden bij dat alle andere dat erbij komt kijken, zowel tijdens mijn studies als tijdens mijn 
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doctoraat. Zo hebben mijn ouders me bijvoorbeeld drie weken lang tijdens de examens 

naar en van de campus vervoerd omdat ik mijn voet had gebroken, waarvoor ze steeds 

vakantie moesten nemen. Voor zo’n zaken en vele andere een dikke merci! 

 

Tot slot, maar niet in het minst, zou ik mijn vriendin en toeverlaat Evelien willen bedanken. 

Het gezegde: “Achter elke sterke man staat een nog sterkere vrouw” is in mijn geval zeker 

van toepassing. Altijd stond ze voor me klaar en heeft ze me met ontelbare zaken, groot en 

klein, steeds geholpen. Zo heb ik haar meermaals ’s avonds of in het weekend 

teleurgesteld, zeker de laatste maanden, met de boodschap: “Dit moet ik vandaag echt nog 

eerst afmaken”. Nooit maakte ze er echter een probleem van en is ze me altijd blijven 

steunen. Voor al die zaken dat je dagelijks voor me doet, bedankt! 
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Summary 

Microfluidic technology involves the manipulation of fluids (gas or liquid) in channels with 

dimensions lower than 1 mm, typically between 10-100 µm. Over the past 25 years, it has 

grown into a mature field. Because of the small channel dimensions, chemical process 

operations like mixing, reactions, dosing, and analyses have acquired substantial efficiency 

gains. However, one aspect remains underdeveloped: general techniques that enable 

downstream processing. One technique that has been reported to be promising for 

microfluidics, because of its universal applicability, is solvent extraction (SX).  

 

SX is the distribution of one or more chemical species (solutes) between two immiscible 

liquids because of a difference in solubility and is used to separate the solutes from each 

other. The problem, however, that exists in solvent extraction is that equilibrium is quickly 

obtained upon intensive dispersing, but this dispersion adversely affects the subsequent 

phase separation step.  

 

In this work, SX in membrane microcontactors was studied. With membrane contactors, the 

two liquids flow along each side of the membrane, preventing dispersion of the two 

solutions and consequently omitting a phase separation step. However, with current 

membrane contactors the equilibrium is attained slowly, typically in the range of hours. To 

speed this up, microfluidic technology was combined with the membrane contactor 

concept into a membrane microcontactor, enhancing the extraction rate substantially, 

completing SX in a matter of minutes. 

 

In the first part of the thesis, models were developed to describe the extraction rate, 

examine interface stability effects, and investigate spacer structuring to minimize 

membrane deflection and provide design guidelines. In the second part, the performance of 

the membrane microcontactor was examined both in the field of analytics (i.e. sample 

preparation) as in the field of reactive SX (i.e. hydrometallurgy). It was shown that 

challenging samples containing solids could be handled and reactive SX could be modeled 

and executed in a continuous fashion by regeneration of the extractant. 
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Samenvatting 

Microfluïdica kan gedefinieerd worden als de manipulatie van fluïda (gas of vloeistof) in 

kanalen met dimensies kleiner dan 1 mm, die typisch een afmeting van 10-100 µm hebben. 

In de afgelopen 25 jaar is microfluïdica uitgegroeid tot een volwaardige discipline. Er zijn 

dan ook reeds grote efficiëntiewinsten geboekt in verscheidene disciplines van de 

chemische industrie zoals mengen, doseren, reactors, en analyses en dit dankzij de kleine 

kanaaldimensies. Eén tak van de chemische industrie is echter nog onderbelicht gebleven in 

het veld van de microfluïdica, namelijk opzuiveringsprocessen. Kijkend naar deze 

opzuiveringsprocessen, is er één dat veelbelovend lijkt te zijn om uit te voeren met 

microfluïdica, namelijk solventextractie (SX) en dit omwille van zijn universele 

toepasbaarheid. 

 

SX is de verdeling van één of meerdere chemische componenten tussen twee onmengbare 

vloeistoffen op basis van een verschil in oplosbaarheid tussen deze twee vloeistoffen en 

wordt daarom gebruikt voor het scheiden van deze componenten. Het probleem in SX is 

echter dat hoge mate van dispersie wenselijk is om snel het extractie-evenwicht te 

bereiken, maar dat dit eveneens leidt tot een trage daaropvolgende scheiding van de twee 

onmengbare vloeistoffen. 

 

In dit werk wordt SX in membraanmicrocontactoren bestudeerd. In membraancontactoren 

wordt dispersie vermeden doordat de twee vloeistoffen elks langs één kant van het 

membraan stromen. Dit heeft als groot voordeel dat een ontmengingsstap niet meer nodig 

is. Het nadeel is echter dat massatransport traag is in de huidige membraancontactoren, 

bijgevolg wordt het evenwicht traag bereikt, typisch een uur of meer. Om dit 

massatransport te versnellen is het principe van microfluïdica aangewend voor het maken 

van membraanmicrocontactoren. Hierdoor werd de extractiesnelheid danig verhoogd, 

zodat SX uitgevoerd kon worden in slechts een aantal minuten. 

 

In het eerste deel van deze thesis werden modellen opgesteld om de extractiesnelheid te 

beschrijven, werd de interfacestabiliteit bestudeerd en werd het spacerdesign onderzocht 

om de buiging van het membraan te minimaliseren en om designrichtlijnen te geven. In het 
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tweede deel werd de performantie van de membraanmicrocontactor onderzocht voor 

analytische doeleinden en voor reactieve SX. Hierbij werd aangetoond dat technisch 

moeilijk te hanteren stalen, omwille van vaste partikels, geen probleem vormen, het 

mogelijk was om reactieve SX te modelleren en reactieve SX tevens op een continue manier 

uitgevoerd kon worden door het extractant continu te regenereren.  
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CHAPTER 1  

Introduction 

 

 

 

 

 

 

 

 

 

This chapter gives an introduction into solvent extraction and its accompanying problem 

regarding equipment design, which is the need for dispersion to achieve fast extraction, but 

at the same time this dispersion adversely affects the subsequent separation step. 

Departing from this problem, the scope of this work is defined and its outline is given.  
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Nomenclature 
 

P amount of phases (\) H+ proton (\) 
F variance or degree of freedom (\) R4N

+.A- quaternary amine (\) 
S number of species (\) MXm metal salt (\) 
H partition coefficient (\) (R4N)n(MXm) metal-organic complex (\) 
C concentration (mol/m³) A- anion (\) 
D distribution ratio (\) S solvent (\) 
%E percentage extracted (%) Keq equilibrium constant (\) 
V volume (m³) v settling velocity (m/s) 
Mn+ metal ion (\) g gravitational constant (m³/s²kg) 
HR extractant (\) r droplet radius (m) 
MRn metal-organic complex (\)   

 
Greek Symbols Subscript 

 separation factor aq aqueous 

 density (kg/m³) org organic 
µ dynamic viscosity (Pa s) d droplet 
  c continuous phase 
    

 

 

1.1 Process intensification 

For roughly two decades process intensification (PI) has dramatically gained importance in 

the field of chemical engineering [1]. One of the main focuses of PI was the shift from batch 

to continuous processes for a number of reasons, such as improved process control. A next 

important step forward in PI can be made in the area of downstream processing. For 

instance, integrating downstream processing into the reactor unit can lead to 

unprecedented efficiency gains. When dealing with equilibrium reactions or reactions with 

a high risk to form by-products (e.g., consecutive reactions), it is interesting to continuously 

remove the formed product. A successful example of combined reaction and separation is 

reactive distillation, but despite the improvement, distillation still consumes a lot of energy 

and the search to improve “greener” alternatives is continuing.  

 

Solvent extraction (SX), despite its use of large quantities of organic solvent, can be 

considered to be such a green alternative as energy demands are relatively low and the 

solvent usage remains, because of recycling, within a closed loop. 

1.2 Solvent extraction 

Solvent extraction is the distribution of one or more species (solutes) between two 

immiscible liquids in contact with each other due to a difference in solubility. The principle 

of SX is illustrated in Fig. 1.1 and utilized to separate two or more solutes. The feed solution 
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that contains two or more solutes is brought in some sort of way (usually mixing) into 

contact with the immiscible extraction solvent. Doing so, the first solute that is more 

soluble in the extraction solvent will be transported from the feed to the extraction solvent. 

The second or other solutes, however, have a low solubility in the extraction solvent and 

are left behind in the original solution. This depleted feed is called the raffinate and the 

enriched extraction solvent the extract. 

 

Figure 1.1: Principle of solvent extraction. 

 

For phase distributions of a solute like SX the phase rule of Gibbs applies (Eq. 1.1): 

𝐹 = 𝑆 − 𝑃 + 2 (1.1) 

 

where P is the number of phases, F the variance or degrees of freedom and S the number of 

species. For SX P = 2 and S = 3, meaning the degree of freedom is 1 at constant temperature 

and pressure [2]. This implies that if a solute concentration in the extract or raffinate has 

been chosen, the concentration in the other phase is fixed. In other words, the 

concentrations of the solute in the extract and raffinate are dependent on each other. At 

equilibrium this distribution ratio (D) is constant and is called the distribution coefficient or 

partition coefficient (H) (Eq. 1.2), provided that the solute is in a dilute ideal solution in each 

phase [2]: 

𝐻 =  
𝐶𝐸𝑥𝑡𝑟𝑎𝑐𝑡,𝑒𝑞

𝐶𝑅𝑎𝑓𝑓𝑖𝑛𝑎𝑡𝑒,𝑒𝑞
 (1.2) 

 

with C the concentration. The first record of SX dates back to 1842 where Péligot described 

the refinery of uranyl nitrate with diethyl ether [3]. However, it was in 1872 by Berthelot 

and Jungfleisch that for the first time the term coéfficient de partage or partition coefficient 

was introduced. After investigating the distribution of a large number of organic and 

inorganic compounds between water and ether, and water and carbondisulfide, they 

defined this term [4]. Nonetheless, between 1872 and the 1940’s SX was only used scarcely, 
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mainly for analytical purposes or small-scale production to separate organic substances. It 

would take until the Second World War (1942) for the first industrial application to arise: 

the Manhattan project [5]. Uranium ore leach solutions were purified using diethyl ether 

according to the procedure of Péligot to obtain pure uranium oxide, which was used to 

build the first atomic bomb. Today SX is widely used to produce and process nuclear fuel, 

but has since then found its introduction in numerous other industries like the biological, 

food, hydrometallurgical, petrochemical, wastewater treatment, agricultural and 

pharmaceutical industry [6]. For instance, in 2012, 22 % of the annually worldwide copper 

production was achieved by SX [7].  

 

To obtain an efficient separation, the distribution ratio of the targeted solute has to be 

high, while the other solute(s) should have a low distribution ratio. In other words, the 

separation factor () (Eq. 1.3) should be as high as possible:  

 =  
𝐷1

𝐷2
 (1.3) 

 

This is where the choice and composition of the solvent becomes crucial. On the one hand, 

the percentage extracted (%E) of the targeted solute should be as high as possible, which 

directly depends on the distribution ratio (Eq. 1.4): 

%𝐸 =  
100 𝐷

𝐷 + 
𝑉𝐹𝑒𝑒𝑑

𝑉𝑆𝑜𝑙𝑣𝑒𝑛𝑡

 (1.4) 

 

with V the volume. On the other hand, the separation factor should also be adequately 

large to effectively separate the solutes. In most cases the feed is an aqueous solution and 

the solvent an organic one. In the feed the solute will be solvated by the water molecules. 

For the solute to be extractable, a part or all of these solvated water molecules need to be 

replaced by the organic solvent to make the solute lipophilic. As a consequence, non-ionic 

organic compounds are usually easily extracted into the organic solvent. However, ionic 

and especially inorganic ionic compounds like metals are not easily changed to a lipophilic 

state with just solvation by the organic solvent. In those cases an extractant is added. The 

extractant is an organic compound that will react with the solute, forming a complex. 

Because the extractant contains aromatic or aliphatic chains, the formed complex is 

lipophilic, bringing the solute to the organic solvent where initially it was nearly insoluble in 

[8]. This method is termed reactive solvent extraction. Depending upon the reaction 
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mechanism four different classes of extractants can be distinguished: chelating, acidic, ion 

association (or basic), and solvation extractants, with following general reaction equations 

(Eqs. 1.5-1.7) [6]: 

 

Chelating and acidic: 𝑀𝑎𝑞
𝑛+ + 𝑛𝐻𝑅𝑜𝑟𝑔 ⇌  𝑀𝑅𝑛,𝑜𝑟𝑔 + 𝑛𝐻𝑎𝑞

+  (1.5) 

Ion association: 

(e.g., quaternary amine) 
𝑛(𝑅4𝑁+. 𝐴−)𝑜𝑟𝑔 + (𝑀𝑋𝑚)𝑎𝑞

𝑛− ⇌  (𝑅4𝑁)𝑛(𝑀𝑋𝑚)𝑜𝑟𝑔 + 𝑛𝐴𝑎𝑞
−  (1.6) 

Solvating: (𝑀𝑋𝑚)𝑎𝑞 + 𝑛𝑆𝑜𝑟𝑔 ⇌ 𝑀𝑋𝑚𝑆𝑛,𝑜𝑟𝑔  (1.7) 

 

While the partition coefficient was fixed for non-reactive SX, this is no longer the case for 

reactive SX. With an acidic extractant, for instance, the partition coefficient depends on the 

concentration extractant and pH (Eq. 1.9, Fig. 1.2), as can be seen by combining Eq. 1.2 with 

the equilibrium constant equation (Eq. 1.8): 

 

𝐾𝑒𝑞 =
𝐶𝑀𝑅𝑛

 𝐶𝐻+
𝑛

𝐶𝑀𝑛+ 𝐶𝐻𝑅
𝑛 (1.8) 

log 𝐻 = log 𝐾𝑒𝑞 + 𝑛 𝑝𝐻 + 𝑛 log 𝐶𝐻𝑅  (1.9) 

 

 

Figure 1.2: Theoretical extraction curve for a mono-, di- and trivalent metal ion as function of the pH for 

reactive SX. 

 

Choosing the appropriate extraction solvent and/or extractant will be crucial. However, this 

choice does not only depend on the thermodynamical properties like the partition 

coefficient and selectivity, but also upon a range of other parameters. Evidently, 

environmental (e.g., toxicity and vapor pressure), economical (e.g., capacity, availability, 
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cost and solvent losses), and chemical (e.g., corrosivity and stability) properties should be 

situated within acceptable boundaries. The parameters (e.g., viscosity, density and surface 

tension), however, affecting the kinetic properties are perhaps even more important, as 

they determine the overall separation rate and therefore throughput [9]. In an ideal 

situation, equilibrium is instantaneously reached upon contacting the feed and solvent and 

consecutively after reaching the equilibrium, both phases are again instantaneously 

separated. 

 

In this first step, where it is tried to reach the equilibrium, the extraction rate will be crucial. 

This rate will depend on the mass transfer kinetics and in case of a reactive extraction also 

on the reaction rate. In that respect, two distinct rate-controlling mechanisms exist: (1) 

diffusional regime where mass transfer controls the overall kinetics and (2) the chemical 

regime where the reaction rate is controlling and independent of the mass transfer kinetics. 

Depending on the SX application and the operating conditions, one of these two situations 

or a combination of both applies. In all of these situations, the solvent composition will 

have an impact on the extraction rate. In case of the diffusional regime solvent parameters, 

like the diluent or extractant type and concentration, affect, for instance, the viscosity and 

thereby mass transfer. In case of the chemical regime, other extractants or a combination 

of extractants can be examined to try to increase the reaction rate. Increasing the 

temperature will also speed up the extraction rate for both regimes, but it will affect the 

partition coefficient positively or negatively as well. 

 

In the next step, both phases need to be separated. Important parameters affecting phase 

separation are the density, viscosity and surface tension, as separation is generally based 

either on gravitational or centrifugal forces where coalescence of the droplets plays an 

important role. To optimize these parameters a diluent and modifier are frequently added 

to the organic phase. After separating the raffinate and extract, the organic solvent or 

extractant needs to be regenerated for the process to be economically viable. With volatile 

solvents this can be achieved by evaporation, but usually the loaded organic phase is 

contacted with a stripping solution (e.g., strong acid) that breaks the complex and returns 

the solute to the aqueous phase. Subsequently, a precipitation, crystallization, 

electrowinning, pyrohydrolysis, hydrogen reduction or ion exchange step is performed to 

obtain the pure solute in its desired form. 
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A general SX flow diagram is depicted in Fig. 1.3. In the extraction stage, the solute is 

extracted in the first unit and if necessary, the loaded solvent is washed and scrubbed in 

the second unit to discard any entrained aqueous phase or remove a second co-extracted 

solute. In the stripping stage, the solute is stripped from the solvent and if necessary, the 

solvent is again equilibrated (e.g., saponification by adding NaOH so that no pH-control is 

needed in the extraction unit) before sending it back to the extraction stage. In all these 

units, two immiscible liquids are contacted. Consequently, a fast extraction and consecutive 

separation step is desired. To this end, a range of different process equipment designs have 

been developed. 

 

 

Figure 1.3: General SX flow diagram 

 

The problem that exists in designing SX equipment is that high extraction rates upon 

contacting are achieved if the feed or solvent is highly dispersed. This is because the mass 

transfer rate and concomitantly also the extraction rate (as the diffusional regime usually 

applies) are proportional with the interfacial surface to the volume ratio, meaning that 

small droplets are desired. The problem, however, is that small droplets will also adversely 

affect the subsequent stripping stage. The drop rise for instance in the Stokes equation (Eq. 

1.10) scales with the power of two with the droplet size: 

𝑣 =   
2(𝜌𝑑 − 𝜌𝑐)𝑔 𝑟2

9𝜇
 (1.10) 

 

where v is the settling velocity, d and c the density of the droplet and continuous phase, g 

the gravitational constant, r the radius of the droplet and  the dynamic viscosity. The rate 

of coalescence is much more complicated, but in general the needed coalescence time 

increases with the degree of dispersion [9]. Droplets that are too small (< 100 µm) are even 
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nearly impossible to disengage, and therefore the primary cause of solvent loss to the 

aqueous phase by entrainment, causing both economical losses as environmental 

contaminations. Secondly, these small droplets also behave more and more rigid with 

decreasing size, reducing shear effects in the droplets. As a consequence, mass transfer 

begins to decrease again. Nonetheless, the rate of coalescence is generally of prime 

importance as it usually determines throughput of the entire process. Achieving the optimal 

droplet size and minimal droplet size distribution strongly depends on the process 

parameters and equipment design. The three main contactors used in SX are the mixer-

settler, extraction column and centrifugal contactor (Fig. 1.4). 

 

 

Figure 1.4: a) Mixer-settler, b) Extraction column, c) Centrifugal contactor 

 

In the mixer-settler, the feed and solvent are mixed by the impeller in the first part. The 

mixed phases subsequently overflow into the settling tank where both phases disengage by 

gravitational settling. The droplet size and dispersion mainly depend on the impeller 

dimensions and rotational speed. Efficiency in these systems is typically high but the 

settling tank requires a large floor area. The extraction column, on the contrary, requires a 

relatively small floor area but considerable headroom. In general, extraction columns are 

used for processing low flow rates and for systems that tend to emulsify. The column itself 

can be filled with a pack of stacked perforated plates and baffles, packing material, rotating 

impellers, and/or pulsation equipment to enhance mass transfer and/or coalescence. The 

centrifugal contactor uses the rotation of the rotor to mix the feed and solvent at the 

entrance and next separates the raffinate and extract by the induced centrifugal forces. 

Centrifugal contactors are mainly used when density differences are small, but reaction 

rate limitations should be absent for the targeted solute because of the short contact times 

(in the order of seconds) [9]. These short contact times, however, also allow to separate 

two solutes based on kinetics instead of thermodynamics. If one solute attains equilibrium 
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in a much shorter residence time than the other solute, separation can be achieved by 

optimizing the residence time. Using mixer-settlers or extraction columns this is not 

possible as residence times are too long [10]. 

 

Contacting the feed once with the extraction solvent, such that the distribution ratio equals 

the partition coefficient (Fig. 1.1), is usually insufficient to extract and obtain the desired 

amount of solute and purity. Therefore, the aqueous phase is contacted multiple times with 

the organic phase and addressed as multistage extraction [11]. Either the raffinate is mixed 

in every stage with fresh solvent (crosscurrent) or it is mixed with the extract from the 

subsequent stage (countercurrent). Crosscurrent operation is generally used in a laboratory 

environment because of its ease of execution to obtain equilibrium data. However, because 

crosscurrent operations yield multiple diluted extract streams, the countercurrent method 

(Fig. 1.5) is preferred for production. The number of stages achieved depends on the SX 

application and used equipment. In mixer-settlers, the number of stages is equal to the 

number of mixer-settlers, given that equilibrium is reached in every mixer-settler. 

Consequently, they are given the name stagewise contactors. Extraction columns, on the 

other hand, achieve multiple stages in one column section and are termed differential 

contactors. Due to the discrepancy between the equipment and the actual number of 

stages, the term number of theoretical stages has been introduced. Centrifugal contactors 

can either be stagewise or differential, depending on their design. 

 

To determine the raffinate and extract concentration after each stage, a McCabe-Thiele 

diagram (Fig. 1.5) can be constructed, given equilibrium is reached after each stage and the 

feed and solvent are not partially miscible. In the McCabe-Thiele diagram, the equilibrium 

line represents the partition coefficient at various raffinate and extract concentrations, and 

the operating line the mass balance after each stage. When the intersecting lines between 

the operating and equilibrium lines are stepwise drawn, the raffinate and extract 

composition is obtained for each stage. 
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Figure 1.5: 3 stage countercurrent McCabe-Thiele diagram 

1.3 Scope and outline 

Because dispersion is needed to enhance the extraction rate, but at the same time it 

adversely affects the separation rate, the question rises if equilibrium can be obtained in an 

acceptable time frame (in the range of minutes) without dispersion. Consequently, then the 

need for phase separation could be omitted. This alone would already be a significant 

process intensification step, but it would also facilitate future attempts to integrate 

reaction with downstream processing. Secondly, from direct contacts with the industry the 

need also came forward for small scale SX equipment to reduce experiment cost. The 

smallest continuous contactor, presently available for parameter screening on the 

laboratory scale and preliminary pilot testing, has a volume of 80 ml and is of the 

centrifugal type, requiring flow rates in the range of 10-500 ml/min [12] with limited 

contact times.  

 

A non-dispersive contactor that has been used for decades is the Lewis cell, which consists 

of two impellers on a single axis inserted in a container. Each impeller is located in one 

phase and the phases are stirred without disrupting the interface. Although this is indeed a 

non-dispersive SX method, it is a non-continuous method and only used for kinetic studies. 

With the development of membranes a new type of non-dispersive contactors arose, the 

membrane contactor. Keeping both liquids separated by the membrane, the interface is 

more stable, allowing each liquid to flow at either side of the membrane without 

dispersion. By diffusion, the solute is extracted through the membrane. Although a 

continuous process is now achieved, mass transfer is slow, falling into the diffusional 
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limited regime. As a result, typical residence times in the range of hours are required to 

achieve equilibrium [13], [14], and therefore preference is given to recycle the feed and 

solvent and pump it multiple times through the set-up, turning it again into a batch process. 

 

With the widespread availability of micro-precision technologies, microfluidics and 

microreactors have received much attention both by the academic community, and the 

industry. Because of their great conceptual promise with respect to heat transfer, mass 

transfer and liquid handling their potential is also being studied in the field of SX (see 

chapter 2). Combining the concept of membrane contactors with microfluidics technology 

brings best of both worlds together. On the one hand, interface stability is enlarged, while 

on the other hand mass transfer resistance is minimized. 

 

In this work, a membrane microcontactor (MMC) concept is proposed that can either be 

used on the laboratory scale (e.g., parameter screening), but that can also be easily scaled 

to small-scale production levels. In the first stage, models were developed to describe the 

extraction rate, investigate interface stability effects and provide design guidelines. In the 

second stage, the MMC performance was examined both in the field of sample preparation 

for analytical purposes as in the field of hydrometallurgy. The remaining part of this thesis 

consists of the following chapters: 

 

CHAPTER 2 - Microfluidic solvent extraction  

A range of different techniques for the fabrication of microfluidics exists. In this chapter, a 

summary of these techniques is given, focusing on the techniques used most frequently 

and the techniques considered promising. Next, a state-of-the-art of SX on microscale is 

given both for analytical purposes as for continuous operations.  

 

CHAPTER 3 – Modeling of in-situ extraction: co- and countercurrent 

In analogy with a mixer-settler and an extraction column, the impact of cocurrent and 

countercurrent flow inside the MMC is evaluated. Analytical models describing the 

extraction rate under the given flow regimes are derived and both numerically as 

experimentally validated. Subsequently, the required residence times, number of 

theoretical stages, and optimal channel dimensions are derived from these models. 
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CHAPTER 4 – The concept of breakthrough 

The purpose of the membrane is to guarantee a dispersion-free operation. This is, however, 

not always achieved. Under specific conditions dispersion, also termed breakthrough, is 

inevitable. The parameters affecting and models describing this breakthrough are studied in 

this chapter. 

 

CHAPTER 5 – Modeling of multistage extraction 

In analogy with a countercurrent mixer-settler configuration, a multistage countercurrent 

SX set-up is mimicked with multiple MMCs that individually operate under cocurrent mode. 

The extraction rate models from chapter 3 are adapted and considerations for 

multicomponent separations are given. 

 

CHAPTER 6 – Membrane deflection and spacer structuring 

As flat sheet membranes require a support to prevent membrane deflection, the impact of 

different spacer features is examined with respect to the membrane deflection and its 

impact on the pressure drop and mass transfer. From these results, design rules for the 

spacer geometry are deduced to maximize the extraction rate. 

 

CHAPTER 7 – A tool for integrated sample preparation 

As an application, the MMC is utilized for the sample preparation of a mice kidney matrix 

containing a drug (4-(2,5-dimethyl-pyrrol-1-yl)-2-hydroxybenzoic acid). In the first step, the 

drug is extracted from the aqueous homogenized matrix and in the second step the organic 

extract is passed again through the MMC with a nitrogen flow at the opposite side of the 

membrane to enrich the extract by solvent evaporation. 

 

CHAPTER 8 – Separation of Co(II)/Ni(II) with Cyanex 272: extraction kinetics study 

In the previous chapters, non-reactive SX systems were studied. In this chapter reactive SX 

is studied by extracting cobalt with an acidic extractant (Cyanex 272). Models both for 

pseudo-first order reaction kinetics as non-first order kinetics are derived and evaluated 

against the experimental results to comprehend the measured results and maximize the 

extraction rate. 
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CHAPTER 9 – Separation of Co(II)/Ni(II) with Cyanex 272: Stripping kinetics and 

continuous operation study 

Continuing from the results from the previous chapter, the stripping rate of the loaded 

organic solvent is examined and modeled. Next, the MMC is scaled-up to small production 

capacities and the efficiency measured for a mid-term period, by operating continuously for 

several hours. Using a second MMC, the organic phase can be regenerated and the loop at 

the organic side closed.  

 

CHAPTER 10 – General conclusions and future challenges 

In the final chapter, the outcomes of this thesis are critically reviewed and a number of 

issues that can be improved discussed. Starting from the ideal specifications of the MMC, 

techniques capable of reaching this goal as close as possible are proposed. 
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CHAPTER 2   

Microfluidic solvent extraction 

 

 

 

 

 

 

 

 

This chapter gives a brief introduction of microfluidics and the different techniques used for 

the fabrication of microfluidic devices. Subsequently, an overview of the different 

approaches utilized to perform solvent extraction in microfluidics is given. 
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Nomenclature 
 

td diffusion time (s) r radius of the pillar (m) 
D diffusion coefficient (m²/s) k mass transfer coefficient (m/s) 
u velocity (m/s) a specific interfacial surface (m²/m³) 
d diameter (m) Sh Sherwood number (\) 
Ca capillary number (\) Re Reynolds number (\) 

PLaplace Young-Laplace pressure (Pa) Sc Schmidt number (\) 

R curvature radius (m)   

 
Greek Symbols Subscript 
µ dynamic viscosity (Pa s) mol molecular 

 surface or interfacial tension (N/m)   

 contact angle (°)   

 pillar spacing (m)   

 angle (Fig. 2.12) (°)   
    

 

 

2.1 Microfluidics 

2.1.1 What is microfluidics? 

Microfluidic technology can be defined as “the manipulation of fluids in channels with 

dimensions lower than 1 mm, typically between 10-100 µm” [1]–[3]. The first applications 

were situated in the field of analysis with the development of a miniaturized gas 

chromatograph capable of separating a simple mixture of nitrogen, pentane and hexane in 

less than ten seconds with a column length of only 1.5 m [4]. Despite its revolutionary 

concept the focus by the research community in those days (1975-1989) remained on the 

development of micropumps, microvalves and chemical sensors [5]. In 1990, Andreas Manz 

introduced the concept of miniaturized total chemical analysis system (µ-TAS) [6]: an 

integrated microfluidic chip that performs the complete analysis of a sample on one chip, 

i.e. sample preparation, separation and detection. By reducing the size, more efficient and 

faster separations can be achieved and as the compounds are separated, the chemical 

sensor needs to be less selective. From that point on the field of microfluidics took a high 

flight and microfluidics is today no longer restricted to the field of analysis but also found its 

way in other branches of the chemical industry like production processes with the 

development of so-called microreactors. Today, roughly 4000 peer-reviewed research 

articles (Web of Science, search term: microreactor) and 2700 patents [7] regarding 

microreactors have been published. 

 

Microreactors and microfluidics have in general as main characteristic an enhanced heat 

and mass transfer due to their reduced scale. As a result it has led to unprecedented 
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process intensifications. Flash chemistry is such a striking example [8]. Since the eighteenth 

and nineteenth centuries, chemists have been using flasks to execute their experiments. 

The dimensions of these flasks often have no scientific motives other than that they fit well 

in the researchers’ hands [8]. Therefore, relative slow reactions with minutes or hours of 

reaction time are preferred as they can be well controlled and understood. Fast reactions in 

the range of milliseconds to seconds, on the contrary, are nearly impossible to control using 

such flasks and could lead to large quantities of by-product or runaways. Consequently, 

they are hardly used. With microfluidic systems, however, such fast reactions can be 

controlled [9]. The Swern oxidation for instance, used to produce aldehydes and ketones 

from alcohols, utilizes highly unstable intermediates and should therefore be conducted at 

extreme low temperatures, otherwise resulting in large amounts of by-products. Using a 

flask, the yield for cyclohexanone starting from cyclohexanol was only 19% at -20°C and 

83% at -70°C, whereas when using a microreactor with a residence time of 0.01 s a yield of 

88% was obtained at +20°C [10]. Other examples are the direct fluorination or nitration of 

organic compounds, which are extremely fast and exothermic, and because of these traits, 

also potentially explosive. Therefore one of the reagents is usually added slowly or in 

excessive amounts, yielding downstream processing problems. With the use of 

microreactors this is not necessary [9].  

 

This fast heat and mass transfer originates from the high surface-to-volume ratio and 

reduced diffusion times. Surface-to-volume ratios for microfluidics are typically in the range 

of 5000-50000 m²/m³ whereas for conventional macroscale systems this typically lies 

around 100-1000 m²/m³ [11], [12]. The strong reduction of the diffusion time on the other 

hand originates from the fact that the time needed (td) to diffuse a distance L is 

proportional to the square of that distance L (Eq. 2.1). 

𝑡𝑑 =  
𝐿²

2 𝐷𝑚𝑜𝑙
 (2.1) 

 

with Dmol the molecular diffusion coefficient. 

 

2.1.2 Multiphase flow pattern 

The hydrodynamic flow inside microfluidics is generally laminar. However, in some cases 

vortex flows are already obtained at low Reynolds numbers. Generally this is achieved with 

homogeneous micromixers, such as the passive “T”-mixer (Fig. 2.1a) that creates vortex 
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flows at Reynolds numbers between 50 and 150. In a T-mixer the two incoming miscible 

flows collide head on and leave the mixer perpendicular to the two inlets, promoting 

vortices. At Reynolds numbers above 150, even engulfment or swirling flow is achieved in a 

T-mixer, where a “rolling-up” of the two liquids occur. This enhances mixing even stronger 

[13] and allows to complete mixing in matter of milliseconds. When only low Reynolds 

numbers (< 50) can be achieved (e.g., due to pressure drop, needed residence time, etc.), 

mixing is obtained by diffusion. To minimize mixing time, the two flows are laminated as 

much as possible (e.g., split and recombine, Fig. 2.1c). Beside passive micromixers there are 

also active micromixers which induce an external force field to enhance mixing (e.g., 

moving parts, acoustic disturbances, thermal disturbances, etc.) [14]. An entire field 

focusing on homogeneous micromixers exists, which tries to shift the laminar flow regime 

to a turbulent flow regime (e.g., chaotic advection), but this falls beyond the scope of this 

work and will not be further discussed. For laminar multiphase flows (gas/liquid or 

liquid/liquid), however, a range of different flow patterns exist that can be divided into two 

classes: dispersed and non-dispersed flow [15]. 

 

 

Figure 2.1: a) T-mixer (-junction), b) Y-mixer (-junction), c) split and recombine mixer, adapted from [16] with 

permission from Elsevier. 

 

With dispersed gas/liquid flow the following flow patterns can be distinguished: bubbly 

flow, slug flow, liquid ring flow and droplet flow [17] (Fig. 2.2). Bubbly flow consists of 

dispersed gas bubbles in the liquid and occurs at high liquid flow rates and low gas flow 

rates. When the gas flow rate is increased or the liquid flow rate decreased, the flow 

pattern will transform into the slug flow regime. Here, the gas bubbles have the same 

width as the channel diameter but are longer than the channel diameter, creating 

consecutive gas and liquid compartments. Usually one phase (the continuous phase) shields 
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the other phase by a thin layer between the other phase and the channel wall and this 

other phase (the discontinuous phase) is referred to as slugs. Which phase is continuous 

and which is discontinuous depends on the channel wetting properties. Between the slugs 

there is no interconnection and because the flow inside the channel is laminar, the velocity 

near the channel walls is lower than in the center of the slug. Due to this, the fluid inside 

the slug circulates, which refreshes the interface continuously, creating high mass transfer 

rates. Upon further increase of the gas flow rate, the liquid slugs will be penetrated by the 

gas, pressing the liquid against the wall forming a liquid ring flow. At even higher gas flow 

rates, the inverse of bubbly flow is obtained: droplet flow, consisting of liquid droplets in a 

gas flow. 

 

Figure 2.2: Gas/liquid dispersed flow: a) bubbly flow, b) slug flow, c) liquid ring flow, d) droplet flow. Adapted 

from [17] with permission from Elsevier. 

 

For liquid/liquid dispersed flow only droplet and slug flow are observed (Fig. 2.3) and 

strongly depends on the flow conditions. At low flow rates slug flow is obtained and upon 

increase of the flow rate of the continuous phase a transition occurs from slug flow to 

droplet flow. This roughly occurs when the flow rate of the continuous phase is a factor of 

10 larger than the dispersed phase [18]. The droplets obtained can either be uniform or 

irregular, depending on the channel design. Irregular droplet sizes are usually obtained 

when mixing elements are placed inside the channel to break up the droplets and 

redisperse them. This will lower the droplet size, but will also increase the droplet size 

distribution [19].  

 

Figure 2.3: Liquid/liquid dispersed flow: a) slug flow, b) uniform droplet flow, c) redispersed irregular droplet 

flow due to mixing elements inside the channel. Adapted from [20] with permission from Elsevier. 

 

Non-dispersed flow consists of two types: parallel flow and annular flow (Fig. 2.4). In 

parallel flow, the two immiscible liquids flow axially next to each other where each phase 



CHAPTER 2: Microfluidic solvent extraction 

22 

touches a wall. In annular flow, the two liquids also flow axially next to each other, but one 

of the two liquids now flows in the center of the channel and does not touch any of the 

walls, while the other liquid flows around this centered liquid stream. 

 

 and can only be obtained at high flow rates (e.g., > 4 ml/min for open channels with a 

diameter of a few hundred micrometer without surface modification [19]). At lower flow 

rates, the parallel or annular flow is not stable and dispersive flow patterns are obtained. In 

order to achieve a stable parallel or annular flow, the viscous forces (Eq. 2.2) have to 

overcome the interfacial forces [21] (Eq. 2.3) and are often represented by their ratio, the 

capillary number (Ca) (Eq. 2.4): 

𝑣𝑖𝑠𝑐𝑜𝑢𝑠 𝑓𝑜𝑟𝑐𝑒𝑠 =  
𝑢 𝜇

𝑑
 (2.2) 

𝑖𝑛𝑡𝑒𝑟𝑓𝑎𝑐𝑖𝑎𝑙 𝑓𝑜𝑟𝑐𝑒𝑠 =  
𝛾

𝑑
 (2.3) 

𝐶𝑎 =  
𝑢 𝜇

𝛾
 (2.4) 

with u the velocity, µ the dynamic viscosity, d the channel diameter and  the surface or 

interfacial tension. 

 

Figure 2.4: Non-dispersed flow: a) parallel flow (adapted from [18] with permission from Elsevier), b) annular 

flow (adapted from [20] with permission from Elsevier). 

 

However, no distinct value of the capillary number can be defined where the transition 

occurs of one flow regime into the other as the flow regime also strongly depends on the 

geometry of the channels [19]. The redispersed irregular droplet flow regime, for instance, 

requires mixing structures inside the microchannel, while parallel flow is easier obtained 

when both phases are contacted with a Y-junction (Fig. 2.1b) than with a T-junction. Using a 

Y-junction the flow rates can roughly be reduced with a factor of two and yet still obtain a 

stable parallel flow. The annular flow regime, moreover, is only obtained with a concentric 

junction (i.e. tube in tube), in the other cases a parallel flow is obtained.  
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2.1.3 Fabrication 

Concerning the fabrication of microfluidics two fabrication types can be distinguished: the 

chip type and the capillary or tube type [22]. The chip type contains all geometries onto a 

plate, whereas the capillary or tube type is usually just a piece or bundle of capillaries or 

tubing and is usually nothing more than a provider of residence time. However, the 

capillary or tube type is often combined with an additional unit, for example a micromixer. 

The advantage of the chip type is that it allows integrating multiple processes onto a single 

device (e.g., µ-TAS) and the fabrication of more complicated structures (e.g., advanced 

micromixers, droplet manipulation, etc.), whereas the tube type is often nothing more than 

just a tube. However, the tube type is low in cost and easy to use. For instance, by simply 

immersing it in a water or oil bath to control the temperature often nothing more than the 

right amount of residence time is needed to obtain high conversion grades. 

 

To fabricate microfluidics, especially for the plate type, a range of different techniques are 

available, allowing to process divers materials: glass, ceramics, metals (e.g., copper, steel, 

aluminum, Hastelloy, etc.), and polymers (e.g., PDMS, PMMA, PC, PTFE, PEEK, polyacetal, 

COC, SU-8, etc.), all of them with their ad- and disadvantages. Glass, for instance, has a high 

chemical resistance and is transparent. However, it is also difficult to process with 

mechanical techniques and allows only structures with rather small aspect ratio (= 

depth/width). Metals can withstand high pressures and temperatures but require advanced 

micro-processing techniques and are sensitives for acids. Polymers, on the other hand, have 

a limited chemical and heat resistance, but are easily mechanically processed and therefore 

allow cheap and fast prototyping [22]. Historically, microfluidic technology emerged from 

the field of electrical semiconductors. Consequently, the techniques initially utilized and 

still used today originate from that field (e.g., lithography, dry and wet etching, and wafer 

processing). Today, a whole lot more techniques are being used. The ones used frequently 

and the ones considered promising are being highlighted in the following paragraphs [23], 

[24], without trying to give a complete overview of all available techniques.  

2.1.3.1 Mechanical processing 

Mechanical processing techniques are suited for a range of different materials, but allow 

generally only the creation of two-and-a-half-dimensional (2.5D) structures, meaning a 2D 

pattern that can only vary in height (e.g., a channel with different channel depths, pillar 

array, etc.). Examples of such techniques are:  
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 Mechanical precision machining (e.g., milling and drilling) allows to create 

structures of 100 µm and larger in metals and polymers and is well suited for fast 

prototyping. 

 Powder blasting and laser ablation remove material by abrasion and are one of the 

few mechanical processing techniques that can be used to process glass substrates. 

 Embossing is usually utilized to process polymer substrates and allows to fabricate 

large quantities of microfluidics at a relative low cost. The critical step in embossing 

is the demolding step and is often the reason why high aspect ratio structures 

cannot be achieved with this technique. If the aspect ratio is too high the structures 

will be damaged upon demolding. Because the mold can be used to fabricate 

thousands of chips, expensive techniques can be used to fabricate it (e.g., etching). 

 

A few mechanical processing techniques, however, do allow manufacturing of 3D 

structures, like molding and casting in case the mold or master itself contains a 3D pattern. 

Casting deserves some special attention as it was the technique that gave microfluidics a 

large grow spurt. In 1998, McDonald [25]–[27] proposed the fabrication of microfluidic 

devices by casting PDMS onto a master. Subsequently, after curing the PDMS layer can 

easily be peeled off due to its flexibility. Next, the PDMS surface undergoes an oxygen 

plasma treatment to render the surface hydrophilic, such that it can be bonded onto a glass 

plate by adhesion. This method allows rapid fabrication of numerous microfluidic chips 

once the master is obtained. Because PDMS is oxygen permeable it is well suited for 

biological applications. For applications requiring elevated pressures or temperatures, or 

the use of organic solvents, however, PDMS is less suited. A technique that is expected to 

take a more prominent place amongst the microfabrication techniques, is 3D-printing or 

selective laser melting as it is not limited to 2.5D designs. These techniques, however, are 

still in their infancy. The number of construction materials as well as resolution (100-1000 

µm) has to improve, to really have an impact on the microfluidic community. 

2.1.3.2 Chemical processing 

Chemical processing techniques evolved from the semiconductor industry and were the 

first techniques used to fabricate microfluidic devices. These techniques usually comprise a 

patterning step (photolithography), followed by an etching step to create the microfluidic 

structures. Etching is predominantly used to process glass or silicon substrates and can be 

performed either wet or dry. In wet etching the substrate is usually brought into contact 

with a potassium hydroxide or hydrofluoric acid solution, but due to isotropic etching not 
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suitable to create rectangular structures or high aspect ratio structures. To this end, dry 

etching has been developed with deep reactive ion etching (DRIE) the most prominent. 

During photolithography usually SU-8 is used to create the mask. However, instead of 

creating a mask, SU-8 in combination with photolithography can also be used to directly 

create the microfluidic device or master. 

2.1.3.3 Porous layers 

A critical aspect in microfluidics is often the surface area (e.g., catalysis). With the above 

mentioned microfabrication techniques patterned channels can be created, however, 

merely the channel wall as surface area is in some cases still insufficient. Different 

approaches exist to increase the surface in a microfluidic device, which should be selected 

depending on the desired configuration (Fig. 2.5). 

 

Figure 2.5: Different approaches to insert porous layers: a) membrane, b) open tubular, c) disordered support, 

d) ordered support. 

 

Membrane operations (Fig. 2.5a) constitute an important branch of applications for 

microfabrication technologies. Traditional membranes have been produced commercially 

since the 1920s and are currently used in numerous applications, constituting a $ 9 billion 

market in 2008 [28]. Most operation modes and applications are aiming at separation 

(hemodialysis, reverse osmosis, ultrafiltration, microfiltration) and require large amounts of 

membranes, making the cost effectiveness often the deciding criterion in the membrane 

selection. More complex operations have also been described with microreactors in a wide 

variety of applications [29].  
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The open tubular approach (Fig. 2.5b) offers the lowest pressure drop, but is limited in 

achievable surface. For many applications some additional contact surface area is usually 

required. Packed columns (Fig. 2.5c) have been the preferred format since decades, 

because of the versatile fabrication protocols that can be applied. After fabricating the 

packing under optimized conditions, it is quite straightforward to pack them into a closed 

tube or chip, making packed columns well suited for catalyst screening, for example. 

Pressure drop and preferential flow paths are however important disadvantages for this 

format. To overcome this, structured packings (Fig. 2.5d) are being studied intensively by 

several groups, in an attempt to minimize these disadvantages through their high order 

[24]. Pillar array columns designed for analytical and reaction purposes have been 

produced in fused silica and silicon by etching, but also alternative methods such as 

imprinting (of cyclic olefin copolymer) [30] and UV curing (SU-8) [31] have been applied as 

well. 

 

The integration of porous layers in microfluidics can either be performed prior to sealing, 

for example by clamping a membrane or anodization; or the porous layers can be 

integrated or grown in situ after chip sealing has been performed. Washcoating is a 

technique that is more suitable to introduce a porous layer in microchannels after closure 

instead of before, as bonding can become difficult when rough surfaces are present. An 

example of washcoated material is Al2O3, which can be used as support layer for catalyst 

particles [32], also monoliths can be introduced after sealing or bonding [33]. Monoliths 

have been intensively used as support structure for catalysts as well as for HPLC and can 

either be ordered or disordered (Fig. 2.5c and d) depending on the fabrication conditions. 

The most important classes of monoliths are polymeric and silica based. The latter is the 

most relevant one for analytical applications, and the in-situ sol-gel synthesis process using 

silicon alkoxides is best known and most frequently applied. The synthesis of this type is 

achieved by a concurrence of phase separation and sol-gel transition. Silicon alkoxides are 

first fully hydrolyzed, subsequently followed by a polycondensation reaction, thereby 

forming siloxane oligomers. During this reaction a spinodal decomposition occurs, which is 

in fact a phase separation between the solvent phase and the oligomer rich phase due to an 

unfavorable thermodynamic situation that is driven by the polycondensation reaction. One 

of the main advantages of monoliths is that their permeability can be relatively easily 

tuned. Unfortunately, the axial dispersion or backmixing follows an opposite trend. 

However, in the presence of microstructures, this problem can be overcome [34]. 

Concerning the problem of axial dispersion, attention should be paid to the necessity to 
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bind the porous polymeric monolith to the channel walls [35]. When no pre-treatment step 

is performed, the monolith will easily detach from the surface wall due to shrinkage during 

polymerization and drying, creating large voids increasing dispersion dramatically. Grafting 

is the preferred choice of pre-treatment as a dramatic improvement in adhesion of the 

monolith is achieved. 

 

An important driver for miniaturization in flow-devices is the possibility to reduce 

dispersion. By reducing the dimension of a channel, the time that molecules can be 

transported on flow lines with large differences in velocity is reduced. An equivalent effect 

is achieved by positioning obstacles inside the channels, which has the additional advantage 

that a much larger cross section can be maintained, allowing to handle much larger flow 

rates. The result is in both approaches that a set of molecules that enters the fluidic 

channel will substantially move through the channel as a single plug, with a minimal 

residence time distribution. For the incorporation of porous layers, either in a membrane, 

open tubular, disordered or ordered support lay-out, different techniques can be applied, 

ranging from membrane fabrication, electrochemical anodization, sol–gel, zeolite 

production and deposition processes to etching techniques and plasma processes, but will 

not be discussed here in full as it falls beyond the scope of this work. 

 

2.1.4 Applications 

Initially microfluidics were used for high throughput screening, analyses in life-sciences, and 

kinetic and mechanistic studies [22]. Today, there exist endless different types of 

microfluidics and microreactors with a wide variety of different applications. A few striking 

examples were already given above like flash chemistry and the T-mixer. In the following 

paragraphs a few more examples will be given to illustrate how process intensification of 

chemical processes was achieved by using microfluidics in a “smart” manner to overcome 

specific problems. 

 

Particle synthesis, for instance, suffers from a particle size distribution with classical 

production processes (e.g., batch reactor), as mixing rate is much lower than the rate of 

particle formation [36]. With microfluidics this can be overcome, due to its 

characteristically high mass transfer. However, the production of solid particles in such 

confined spaces will inevitably lead to clogging if no action is taken. Nagasawa and Mae [36] 

resolved this by utilizing multiple five layered annular flow regime (Fig. 2.6). Fine silver 



CHAPTER 2: Microfluidic solvent extraction 

28 

halide particles (e.g., 13 nm) were produced by contacting an aqueous AgNO3 solution with 

an aqueous NaCl or NaBr solution, while clogging was prevented by inserting an inert water 

flow at the inner and outer edge, avoiding the silver particles from touching the wall. In the 

middle (Reactant B) a viscous fluid could be introduced, slowing down particle growth and 

size as AgNO3 and NaCl or NaBr first had to diffuse through this layer. 

 

Figure 2.6: Schematic flow diagram of a five layered annular microreactor for particle synthesis. Adapted with 

permission from [36]. Copyright 2015 American Chemical Society.  

 

As previously mentioned, the direct fluorination with fluorine is in general potentially 

dangerous because these reactions are extremely fast and exothermic, which could resolve 

into a runaway, leading to a possible explosion. Moreover, a large interfacial surface is also 

needed as fluorine exists as a gas and is nearly insoluble. Due to this and a low selectivity 

with stirred vessels, direct fluorination is hardly utilized, although known since the 1930s 

[37]. The combination of good heat control, narrow residence time distribution, and a large 

specific interfacial surface makes microfluidics eminently suited. To this end, the falling film 

microreactor with parallel flow or microbubble columns with bubbly, slug or annular flow 

have been developed, yielding specific interfacial surfaces respectively up to 27000 m²/m³ 

and 14800 m²/m³, whereas classical macroscale bubble columns only have a specific 

interfacial surface of 50-600 m²/m³ [38]. With conventional fluorination processes 

cryogenic conditions up to -70°C and extreme low reactant concentrations (e.g., 0.01 mol/L) 

are needed to keep the process under control. With the falling film microreactor, however, 

fluorine concentrations up to 50 vol% could be used, yielding 28% ortho- and para-

fluorotoluene with a toluene conversion of 76%, three times more than a lab-scale bubble 

column. As the liquid film in the falling film microreactor is only tens of micrometer thick, it 

is also well suited for photochemistry, as light intensity exponentially decreases with the 

penetration depth. 
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Multiple emulsions or “emulsions of emulsions” have attracted much attention by the food, 

cosmetic and pharmaceutical industry [39], for instance to reduce the oxidation of vitamin 

A1 or to control the release of a drug. Conventionally, multiple emulsions are prepared with 

stirred vessels by dispersing water in an organic solvent and subsequently dispersing this 

emulsion again in water, creating a water-in-oil-in-water emulsion or vice versa an oil-in-

water-in-oil emulsion. This method is low-cost and easy-to-use, but unfortunately does not 

deliver a monodispersed emulsion with a narrow droplet size distribution or with specific 

requirements such as just one single droplet in another droplet. Using microfluidics, 

emulsions of emulsions can be created on a very controlled fashion with nearly identical 

droplet dimensions, for instance by using two consecutive T- or concentric junctions [40].  

 

The concept of µ-TAS was already previously mentioned and has as an ultimate goal to 

integrate all steps needed to analyze a sample onto one chip, resulting in the concept 

“sample-in/answer-out” [41]. Primarily, µ-TAS are being used in the field of life-sciences. 

For instance, Floris et al. [42] developed a ready-to-use chip to measure the lithium 

concentration in blood with the same accuracy as the current standard test used in clinical 

laboratories. To do so, a blood sample is introduced onto the chip and the cartridge is 

subsequently inserted in a handheld analyzer. Inside the chip, the blood sample undergoes 

an electrophoretic separation to isolate lithium from the other ions, after which the 

concentration lithium can be determined by a simple conductivity measurement. Such 

“sample-in/answer-out” µ-TAS are highly useful to facilitate clinical analyses, especially for 

developing countries that do not have direct access to high-end medical laboratories [43]. 

 

The field of microfluidics has grown into a mature field after roughly 25 years, which can 

also be deduced from the growing number of published material, the number of 

participants at international conferences and the development of commercial products 

[22]. As a result, numerous microfluidic designs have been developed for upstream 

processing (e.g., mixing, dosing, emulsification, etc.), executing reactions (e.g., 

microreactors) and analyses (e.g., µ-TAS). However, one aspect remains underdeveloped: 

general techniques that enable continuous purification [3], [44], in other words 

downstream processing. One technique that has been reported [3] to be promising for 

microfluidics because of its universal applicability, is solvent extraction. In the following 

sections, an overview of the current state-of-the-art of the techniques used to perform SX 

in microfluidics is given. 
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2.2 Single drop micro-extraction 

Like microfluidics, the first application of micro-extraction was situated in the field of 

sample analysis, with the development of single drop micro-extraction (SDME) [45]. In the 

conventional approach, a droplet (acceptor phase) of 1-3 µl hangs on the tip of a syringe 

needle or capillary and is inserted into the sample (donor phase) [46]–[49]. By extraction, 

the targeted species are transferred from the donor phase to the acceptor phase. 

Subsequently, the droplet is withdrawn and injected into an analytical instrument. This 

technique is used as sample preparation method to withdraw the targeted species from a 

complex matrix to ease the subsequent analytical separation (e.g., gas chromatography 

(GC), high performance liquid chromatography (HPLC), capillary electrophoresis (CE), etc.). 

The main advantages of this approach is the reduced solvent usage and high enrichment 

factor [46]. However, it also suffers from some disadvantages and consequently several 

variations of the technique have been developed. 

 

When the donor phase is static, mass transfer is limited by slow diffusion, which results into 

residence times of hours to reach equilibrium [48]. The straightforward solution is to stir 

the donor phase. However, agitation needs to be mild as the risk of droplet dislodgement is 

otherwise too large. Therefore, the agitation speed is typically in the range of 200-800 rpm 

[47]. As this risk of droplet dislodgement is considerable, the droplet size must remain small 

as well, typically within the range of 1-3 µl. Hence, larger droplets are prone to shear off. 

However, to perform an HPLC analysis, this volume is rather limited as usually more sample 

is required to perform an injection. Also reproducibility suffers from such a small droplet 

size. Unavoidably, solvent is lost by dissolution in the donor phase or by evaporation, often 

resulting in large relative standard deviations ( 10%) [48], [49]. To this end, dispersed 

SDME was developed. In dispersed SDME, the droplet does not hang on the tip of a syringe 

needle or capillary but it is directly added onto the surface of the donor phase. As the risk 

of droplet dislodgement is removed, a larger droplet of 5-100 µl can now be used. In 

dispersed SDME the donor phase is agitated without disrupting the droplet. This enhances 

mass transfer and due to the created vortex the droplet is drawn to the center of the 

surface, facilitating the subsequent sampling step. 

 

For conventional SDME to work, the acceptor phase also has to be immiscible with the 

donor phase, strongly limiting the number of solvents that can be used. Moreover, it also 

complicates a possible HPLC analysis, as the acceptor phase is usually not miscible with the 
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most commonly used mobile phase solvents: water, methanol and acetonitrile. As the 

donor phase is generally aqueous, the acceptor phase in that case is an organic solvent. In 

case of hydrophilic solutes this also poses a problem. To this end, headspace SDME (Fig. 

2.7) has been developed where the droplet is not immersed in the acceptor phase but 

hangs in the void above the surface. Also three-phase SDME can in that case offer a 

solution where in the organic droplet another aqueous droplet is placed, back-extracting 

the targeted species [47]. This allows reaching high enrichment factors and it can also 

provide an additional sample clean-up. To achieve even higher enrichment factors, 

continuous flow SDME can be used, where the donor phase flows around the droplet either 

in a single pass mode or recirculation mode [32]. It is clear that SDME with all its variations 

is discontinuous and not suited for downstream processing. 

 

 

Figure 2.7: Headspace single drop micro-extraction. Reprinted from [50] with kind permission from Springer 

Science and Business Media. 

 

2.3 Solid phase extraction 

Traditionally, solvent extraction is performed with an aqueous feed and an organic solvent. 

An alternative is to immobilize the organic solvent or extractant onto a solid support. This 

solid support is then contacted with the feed extracting the solutes onto the solid phase, 

hence the name solid phase extraction (SPE). The main advantage is the absence of organic 

solvent, reducing environmental impact and avoiding problems with phase separation as 

the solid support can be easily immobilized (e.g., packed bed) [51]. The solid support 

usually comes in the geometrical form of pellets (e.g., spherical, cylindrical, ring, etc.). To 

extract or adsorb the solute onto the fixated extractant, the solute has to be transported 

from the bulk of the feed towards the extractant. Typically, this mass transfer process for a 
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conventional packed bed configuration comprise three steps: (1) interpellet mass transfer, 

which refers to the mass transport in between the pellets (e.g., axial and radial dispersion); 

(2) interphase mass transfer, which refers to the film diffusion around the pellets; and (3) 

intraparticle mass transfer, which refers to the macropore and/or micropore diffusion 

inside the pellets [51]. It is clear that the overall performance strongly depends upon the 

mass transfer characteristics. 

 

SPE is frequently used in the field of analysis to pre-concentrate a sample or remove a 

complex matrix [52]. The sample is eluted over the solid extractant, trapping the targeted 

species. Subsequently, a solvent is flushed through the column and because the affinity is 

higher for the solvent the trapped solute is eluted and ready to inject in an analysis system. 

As the extractant is fixated, problems that arise with SDME (e.g., droplet dislodgement, 

solvent restrictions, solvent compatibility, etc.) can be avoided. However, disadvantages of 

SPE are the large consumption of sample and the long execution time. Therefore, micro 

solid phase extraction (µ-SPE) has been developed [53], [54]. In µ-SPE, the solid extractant 

is embedded in a microfluidic channel, strongly reducing the void volume. Different 

techniques have been used to achieve this. Silica beads coated with the extractant can be 

fixated by using a two-level channel (4 and 40 µm deep), making it impossible for the 5 µm 

large beads to be flushed out of the channel [55]. The beads can also be confined by 

growing a sol-gel between the particles [56], or instead of using beads as solid support, 

monolithic structures can be grown inside the microchannel [57].  

 

Beside analytical applications SPE is also used as downstream process instead of classical 

liquid-liquid extraction (e.g. ion exchangers) [51]. Feed is continuously pumped into the 

packed bed column, adsorbing the targeted solute. When this solute is detected at the 

outlet (e.g., column saturation), the column needs to be regenerated. The solute is 

subsequently desorbed by flushing the column with an acidic or basic solution or a solvent. 

Ideally, the column only has to be regenerated when it is completely saturated. However, 

when axial dispersion is large (e.g., channeling), the adsorbed solute can be sooner 

detected at the outlet, decreasing the separation efficiency. Consequently, plug flow 

behavior is preferred. To this end, microfluidic technology can be used to reduce the axial 

dispersion. Van Assche and Denayer [58] demonstrated this in the field of adsorption which 

is closely related to SPE, by separating methanol from n-hexane using a coated microfluidic 

channel (Fig. 2.8). A Cu-BTC single crystal thick metal organic framework (MOF) layer with 

an average thickness ranging from 5 to 15 µm was electrochemically deposited onto a 
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milled microchannel (2 mm wide and 180-240 µm deep) and its performance compared 

with a column (length: 10.1 cm; internal diameter: 4.56 mm) packed with Cu-BTC pellets of 

500-630 µm in diameter. From model fitting, the packed bed column was found to have an 

axial dispersion coefficient of 10-5 m²/s, whereas axial dispersion contribution in the 

microseparator was nearly non-existing. However, a larger gain in mass transfer rate was 

achieved due to the increased specific surface area. With the microseparator, the specific 

surface area increased eight folded and the interphase mass transfer rate increased with an 

order of magnitude. The largest gain, however, was due to the fact that Cu-BTC MOF was 

deposited as a single layer onto the walls of the channel. Due to this, the mass transfer 

resistance contribution because of macropore diffusion, which is the diffusion of the solute 

between the different Cu-BTC crystals, was completely removed. Pellets, however, are built 

by pressing multiple crystals into the desired geometrical shape, which is required to 

reduce the pressure drop. As the surface-to-volume-ratio with microfluidic channels is 

large, pellets can be avoided and instead a monolayer of Cu-BTC crystals was deposited 

onto the channel walls, avoiding macropore diffusion. The disadvantage of this open 

tubular approach is the limited capacity, but this can be enhanced by increasing the surface 

area (e.g., pillar array, monolith, etc.) inside the microchannel. 

 

 

Figure 2.8: Microfluidic channel coated with Cu-BTC monolayer crystals (blue). Adapted from [58] with 

permission from Elsevier. 

 

Despite being an attractive approach, this technique also comes with some disadvantages. 

Because the solid extractant has to be regenerated each cycle, the process is discontinuous. 

A possible solution to this is to utilize multiple set-ups according to the simulated moving 

bed principle, where the columns are periodically switched between the adsorption and 

desorption stage. However, this requires a higher investment cost as more adsorbers and 

switching valves are required. The desorption should also proceed fast, because otherwise 

a dilute stripping solution is obtained. Moreover, not every extractant can be immobilized, 

reducing the number of applications. Finally, the solid support or the bonding between 
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support and extractant can be prone to chemical attacks (e.g., organic solvent swelling, 

acidic corrosion, etc.) [51]. 

 

2.4 Dispersive contactors for solvent 

extraction 

To perform liquid-liquid extraction in microfluidics in a continuous manner, two different 

contacting approaches can be distinguished: dispersive and non-dispersive contacting (see 

§ 2.1.2). Preference to dispersive contactors (e.g., slug flow or droplet flow) is given when a 

high specific interfacial area is needed. Dispersive contactors consist of three sections. First 

of all, the two liquids need to be dispersed. To do this, a range of different multiphase 

micromixers have been developed. The T-junction, Y-junction and concentric junction have 

already been mentioned (§ 2.1.2), but also more complex designs have been developed to 

create finely dispersed emulsions at high throughputs (e.g., interdigital mixers Fig. 2.9). 

Usually, these consist of an on-chip parallelization of one of the three aforementioned 

junctions. Membranes are also often used for emulsification. In that case, the wetting 

phase is pressed through the membrane, forming droplets at the opposite side, while the 

other phase flows along this side [44]. There are three critical characteristics to assess the 

performance of a micromixer: (1) droplet size, which should be small to create a high 

specific interfacial surface; (2) droplet size distribution, which needs to be narrow to 

facilitate phase separation; and (3) pressure drop, which should be small to keep power 

requirement minimal. To disperse the liquids further, a structured packing can be placed 

after the micromixer to further break-up the slugs or droplets. However, this usually 

decreases the droplet size uniformity. When high throughputs are needed, the velocity is 

high, increasing the capillary number (Eq. 2.4). Consequently, it is possible that a dispersive 

flow regime cannot be obtained, but parallel or annular flow is achieved instead. To break 

this non-dispersive flow regime, an inert gas can be injected [59], [60]. Which micromixer is 

most suitable, strongly depends on the application. 
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Figure 2.9: Interdigital micromixer dispersing silicon oil/water. Adapted from [61] with permission from 

Elsevier. 

 

The second section of the dispersive contactor is usually a channel to ensure the required 

residence time needed to obtain equilibrium [62]. However, in case of droplet flow 

coalescence has to be avoided. This can be acquired by stabilization of the emulsion or by 

insertion of redispersion structures (e.g., metal foam, packed micro-particles, etc.) [62]–

[64]. The emulsion can be stabilized by adding surfactant to the continuous phase. In that 

case, by ionic repulsion or steric hindrance by the surfactant positioned at the droplet 

surface, coalescence is delayed. A drawback of this method is that the subsequent phase 

separation also becomes harder. The second approach, which redisperses the emulsion, 

has the advantage that it interferes less with a phase separation that has to be performed 

later. However, the redispersing structure partially blocks the channel, which induces an 

additional pressure drop. 

 

After extracting the targeted solute, both phases need to be separated again in the third 

and final section of the dispersive contactor. In conventional settlers, separation is based 

on a difference in density. However, microfluidics are characterized by small gravitational 

forces due to the narrow channel dimensions, making phase separation the most difficult 

task of the dispersive contactor [44], [65]. Moreover, small droplets are desired to enhance 

mass transfer rate, but the smaller the droplets are, the harder it is to separate them again. 

If separation takes hours or even days, it is not beneficial to acquire equilibrium in matter 

of seconds [65]. Because gravitational forces are small and surface-to-volume ratio large, 

preference is given to separate both phases based on surface forces. Based on this 

principle, a few different designs have been proposed. 

 

The first microseparator type is the plate type and is used for de-emulsification [66]–[68]. 

This plate type separator consists of three parts: bottom plate, spacer and top plate. The 

bottom plate and top plate are constructed from two different materials (e.g., glass and 

PTFE), such that one plate is hydrophobic and the other hydrophilic. The aqueous phase 
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from the incoming emulsion will spread out onto the hydrophilic plate, while the organic 

phase will spread out onto the hydrophobic plate, breaking the emulsion. If an outlet is 

foreseen in the top and bottom plate, each phase could be collected separately. The 

efficiency of separation, however, strongly depends on the spacer thickness, droplet size 

and flow rate. Therefore, the plate type separator can also be equipped with only one 

outlet and in that case only used to break the emulsion, facilitating subsequent settling. A 

variant of the plate-type separator is the Y-splitter (Fig. 2.1b, with the outlet now as inlet 

and the two inlets as two outlets) and used to separate a slug flow [69]. Like in the plate 

type, one outlet in the Y-splitter is constructed from a hydrophobic material and the other 

from a hydrophilic material. Due to surface forces, the aqueous phase is pulled towards the 

hydrophilic channel, while the organic phase is pulled towards the hydrophobic channel. 

Like with the plate type separator, complete separation is difficult to achieve as inertial 

forces quickly override surface forces, and contamination of one phase by the other is 

observed. To increase the throughput, Gaaker et al. [70] constructed a scaled-up variant by 

using slit shaped capillaries. The large width allowed for an increase of the flow rate, 

without substantially increasing the hydraulic pressure while the small height maintained 

the capillary or surface forces, ensuring a stable separation. 

 

The second microseparator type uses a membrane to separate both phases [71]. In this 

case, the dispersed mixture is flown over the membrane. Due to the capillary forces, the 

wetting phase will enter the pores and flow through the membrane to the opposite side, 

while the non-wetting phase is retained. The pressure difference across the membrane is 

critical in order to achieve complete phase separation. On the one hand, the pressure 

across the membrane should be large enough to push all the wetting phase through the 

membrane (see chapter 5). On the other hand the pressure difference across the 

membrane should be low enough to prevent that the non-wetting phase is pushed through 

the membrane (see chapter 4). A bundle of capillaries, instead of a membrane, can also be 

placed perpendicularly to the microfluidic channel to retract the wetting phase from this 

main flow [59], [72]. 

 

Besides separation based on the surface forces, Ookawara et al. [73] described a micro-

classifier capable of separating oil droplets from water with a density difference of only 70 

g/L by provoking centrifugal forces in a curved microchannel. The lighter oil droplets are 

collected at the inner side of the channel, while the heavier aqueous phase is collected at 

the outer side. At the end of the curved channel, both phases are separated by bifurcating 
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the channel into two outlets. To increase throughput, six plates containing such a channel 

are stacked and connected via one through-hole inlet and two through-hole outlets. Using 

this device, droplets of 10 µm could be separated with 100 % efficiency, whereas in a 

hydrocyclone, where the same principle is used, droplets need to be 10 times larger to have 

100 % separation efficiency. 

 

With the aforementioned micro-separators, complete phase separation can be achieved, 

but can be considered rather difficult and so far has not been demonstrated with real-life 

applications [65]. Therefore, slug flow is preferred instead of droplet or emulsion flow 

despite its lower specific interfacial surface, due to the easier subsequent phase separation 

[65], [74]. Nonetheless, phase separation still remains challenging and upscaling is also 

harder using slug flow than droplet flow. An additional disadvantage with dispersive 

contactors occurs in multistage countercurrent extraction. Because of the pressure drop 

after each stage it is physically impossible to achieve multiple stages if no additional pumps 

are used between every stage. Because of these reasons, Fries et al. [75] gave preference to 

a non-dispersive contacting approach over slug flow. 

 

2.5 Non-dispersive contactors for solvent 

extraction 

Where dispersive contactors achieve large specific interfacial surfaces by dispersive 

contacting, non-dispersive contactors utilize parallel or annular flow to contact both 

phases, making phase separation fairly easy (e.g., Y-splitter at channel end) (Fig. 2.10) [65], 

[76]–[78].  

 

Figure 2.10: Extraction of bovine serum albumim (BSA) in water/ionic liquid two phase system, using a Y-Y 

channel with parallel flow. Adapted from [79] with permission from Elsevier.  
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Because the phase separation step is absent, it can compensate for the higher needed 

residence time due to the reduced mass transfer because of a reduced specific interfacial 

surface or absence of convective streaming (i.e. slug flow). However, as previously stated 

parallel or annular flow is only stable at high velocities (Eq. 2.4) and sensitive to flow rate 

distributions due to the pump [76]. Consequently, this could lead to number of problems. 

To obtain a high velocity, the flow rate has to be enlarged, or the channel dimensions 

lowered. However, this approach has two disadvantages. First of all, the pressure drop will 

increase, requiring a higher power input. Secondly, if the flow rate increases the residence 

time decreases as well, but if the residence time is too low, equilibrium will not be 

achieved. To this end, the channel can be made longer, but again the pressure drop will 

increase and additional stabilization by increasing the surface forces will be needed. 

However, with annular flow, the centered phase does not contact the wall, making 

stabilization by modification of the channel wall not feasible. Therefore it is parallel flow 

that is generally used in non-dispersive contactors. Whether parallel flow is stable or not, 

depends on two forces that have to cancel each other to obtain a stable flow. The first force 

originates from the pressure difference that exists between the organic and aqueous phase. 

As there is an axial pressure drop along the channel, a pressure difference between the 

organic and aqueous phase will exist when this axial pressure drop is not equal for both 

phases (e.g., difference in viscosities). The second force originates from the Young-Laplace 

pressure (Eq. 2.5) that exists at the contact point between the two phases and the channel 

wall [76] (Fig. 2.11a): 

𝑃𝐿𝑎𝑝𝑙𝑎𝑐𝑒 =  𝛾 (
1

𝑅1
+

1

𝑅2
) (2.5) 

 

with  the interfacial tension and R1 and R2 the curvature radius of the meniscus. For 

parallel flow in a rectangular channel Eq. 2.5 is reduced to Eq. 2.6 as there is no axial 

curvature: 

𝑃𝐿𝑎𝑝𝑙𝑎𝑐𝑒 =
 𝛾

𝑅
 (2.6) 

 

The lateral curvature can be described in function of the contact angle () with the channel 

wall and the channel depth (d) (Eq. 2.7) (Fig. 2.11b) and combined with Eq. 2.6 yields the 

expression for the Laplace pressure (Eq. 2.8): 

R =  
𝑑

2 cos 𝜃
 (2.7) 
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𝑃𝐿𝑎𝑝𝑙𝑎𝑐𝑒 = −
2 𝛾 cos 𝜃

𝑑
 (2.8) 

 

 

Figure 2.11: a) Parallel flow in a rectangular channel, b) Curvature of the interface, c) Guidance structures at 

channel bottom to enhance Laplace pressure, d) Intermittent partition wall to enhance Laplace pressure. 

Adapted from [76] with permission from of The Royal Society of Chemistry. 

 

As the parallel flow is only stable when the pressure difference across the two phases is 

smaller than the Laplace pressure, the flow stability can be increased by enhancing the 

Laplace pressure such that higher pressure differences can be tolerated. To do so, the 

channel wall can be coated to enlarge the contact angle. Aota et al. [80] coated one half of 

a glass channel with octadecyltrichlorosilane (ODS) to render it hydrophobic. Doing so, 

stable parallel flow was obtained for a larger flow rate range. It even allowed to perform 

countercurrent flow, which is much harder to achieve due to the opposite pressure drop 

direction. Hibara et al. [81] similarly coated one of the two glass channels with ODS for 

stabilizing a gas/liquid flow, but also studied the impact of the channel depth on the 

Laplace pressure. While water flowed through a 100 µm deep channel, the channel depth 

for the air flow was lowered from 39 µm to 8.6 µm. Doing so, the overpressure of water 

could be increased from 0.011 mbar to 0.077 mbar. Reducing the channel depth, however, 

also lowers the interfacial area. To increase parallel flow stability, Tokeshi et al. [82] placed 

5 µm high guidance structures (Fig. 2.11c) on the bottom of a 20 µm deep glass channel, 

which allowed to create a three layered flow. Without these guidance structures no stable 

flow could be achieved over the entire length of the channel. Maruyama et al. [83], on the 

other hand, placed intermittent partitioning walls (pillars of 5 µm thick, 50 or 100 µm long 

and spaced 50 or 100 µm apart) at the axial center line of a 20 µm deep channel (Fig. 2.11d) 
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to stabilize the parallel flow. By placing the pillars further apart than 100 µm, a stable 

parallel flow could no longer be obtained. Berthier et al. [84] studied the interfacial stability 

for different pillar geometries (i.e. circular, diamond, squared and triangular shaped) 

spaced 8 µm apart in a 100 µm deep channel. In that case, the curvature of the interface is 

flipped 90° (Fig. 2.11d) and the interface now resembles a half cylinder positioned upright 

instead of one lying down. Because the interface is still only curved in one direction, Eq. 2.6 

still applies, but Eq 2.7 describing the curvature radius is altered. For circularly shaped 

pillars this relation was given (Eq. 2.9) and was similar to the one given by Kim and Harriott 

[85] (see chapter 4), but who assumed a bowl-shaped interface as they assumed a donut-

shaped geometry to mimic a pore geometry: 

R =  

𝛿
2

+ 𝑟(1 − cos 𝛼)

cos(𝜃 − 𝛼)
 

(2.9) 

 

with  the pillar spacing, r the radius of the pillar and  the angle between the pillar center 

line and the point where the interface touches the pillar (Fig. 2.12).  

 

 

Figure 2.12: Curvature of the interface between two circular pillars (top-view). 

 

From Eq. 2.9 it can be seen that the pillar spacing and size play a vital role in the Laplace 

pressure. The smaller they are, the larger the Laplace pressure becomes. However, with the 

currently available microfabrication technology (e.g., DRIE), pillar spacing and size below a 

few micrometer is difficult to realize [84]. As a consequence, the Laplace pressure is, 

despite the use of stabilizing structures, only in the range of 10-2 bar, which does not allow 

a wide range of operating conditions to be used. For instance, Priest et al. [86] used a 

microfluidic device with the parallel flow regime to study a real-life application (i.e. the 

extraction of copper). However, to achieve a stable flow profile they used a flow rate ratio 

equal to the viscosity ratio to minimize the pressure difference between the two phases. 

Despite the efforts to stabilize the parallel flow, this is insufficient to be used for the 
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downstream processing of real-life applications and a stronger method of stabilization is 

needed.  

 

2.6 Membrane contactors for solvent 

extraction 

To increase the Laplace pressure, membranes are used in so-called membrane contactors 

to stabilize the parallel flow. The membrane that is generally non-selective and 

microporous [87] is positioned at the interface between the two phases. The feed and 

solvent respectively flow along each side of the membrane and the wetting phase is pinned 

in the pore by capillary action, stabilizing the parallel flow. This wetting phase remains 

pinned in the pore until the pressure difference across the membrane exceeds a critical 

value, termed the breakthrough pressure (see chapter 4). Because these membranes have 

micropores usually smaller than 1 µm (e.g., 100 nm), the stabilizing effect is much stronger 

than channels with guidance structures or intermittent partitioning walls. Whereas the 

breakthrough pressure in such systems was only in the range of 10-2 bar, the breakthrough 

pressure in membrane contactor is usually in the range of 10-1-10 bar, constituting an 

increase of 1 to 3 orders of magnitude. The main disadvantage of membrane contactors is 

the additional mass transfer resistance that exists due to the insertion of the membrane. 

However, this can be reduced to a minimum under the optimal operating conditions (see 

chapter 3). 

 

Beside the traditional two layered contacting (i.e. feed at one side of the membrane and 

solvent at the other side), also three layered contacting using a membrane contactor is 

possible. Tokeshi et al. [82] demonstrated this, but with a microchannel with guidance 

structures on the bottom instead of a membrane (Fig. 2.11c). This method was termed 

liquid membrane because the centered stream only allowed the targeted species to pass 

through, as the other species are insoluble in this centered stream. In case of a three-

layered contacting mode with a membrane, the pores of the membrane are filled with the 

wetting phase and two non-wetting phases flow at each side of the membrane. This 

technique is termed supported liquid membrane (SLM). In this way, extraction and stripping 

can be performed using only one membrane contactor device, reducing solvent usage and 

enhancing mass transfer and separation efficiency. Despite its advantages and increased 
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stability by pinning the wetting phase inside the pores, SLM is hardly utilized [87]. This is 

generally because stability still poses a considerable problem [88], [89]. Unavoidably, 

solvent will be gradually lost in one of the two phases by either dissolution or dispersion 

and eventually the two phases at opposite sides of the membrane will come into contact, 

undoing the separation partially or completely. Several groups have studied different 

methods to improve the SLM stability, but without major breakthrough so that SLM could 

be implemented in the industry. Neplenbroek et al. [90] tried to pin the extractant inside 

the pores by applying a homogeneous gel inside the pores. This increased stability, but also 

decreased permeability. Wijers et al. [91] and Kemperman et al. [92] increased stability by 

coating the top of the membrane with a thin polymer layer, preventing leakage of the 

wetting phase but still allow permeation by the targeted species. As most methods to 

increase stability either strongly limit mass transfer or are too difficult to implement, Zhang 

et al. [93] proposed an alternative approach with a renewal strategy. Instead of additionally 

stabilizing the SLM, they dispersed the wetting phase in either the feed or stripping 

solution. In this way, the solvent that is inside the pores can be replenished in case some of 

it is entrained. However doing so, the phase that contains the dispersed wetting phase has 

to undergo a phase separation step afterwards. 

 

A variant of SLM is electromembrane extraction (EME), in which an electric field is applied 

across the membrane enhancing the mass transfer. By placing an electrode in both 

channels with a DC potential across the membrane, a driving force enabling mass transport 

beyond Fick’s law is generated, resulting in large extraction efficiencies (70%–80%) in short 

periods of time [94], [95]. Due to the high electric resistance of the membrane and the low 

voltage that is applied, electrolysis can generally be avoided in this operation mode. 

 

Two types of membrane contactor configurations exist: the flat sheet configuration, which 

can also be spiral wounded to minimize space, and the hollow fiber (or tubular) 

configuration [28], [96]. Of these two configurations, the hollow fiber is often the preferred 

configuration because multiple fibers stacked in a module result in the largest membrane 

area (100-300 m²) in comparison to a similar flat sheet or spiral wound module (5-40 m²) 

[28]. As a consequence, the specific surface is larger and the mass transfer coefficient “k.a” 

in hollow fiber modules was even found to be ten times larger than in classical extraction 

columns equipped with rotating disks, and hundred times larger than in classical packed 

extraction columns [97]. However, producing hollow fibers is more difficult than flat sheet 

membranes (e.g., mechanical stability) [28] and hollow fibers are typically only made from a 
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limited number of materials (i.e. polypropylene (PP), polyethylene (PE), 

polytetrafluorethylene (PTFE), perfluoroalkoxy alkane (PFA), and polyvinylidene fluoride 

(PVDF)[87]). Secondly, because multiple fibers need to be packed in one module to achieve 

sufficient membrane area the flow suffers from shell side maldistribution [96]. Fully 

uniformed packing of the fibers is near to impossible to achieve, but in order to minimize 

irregularity the fibers are woven together (Fig. 2.13) [98]. 

 

 

Figure 2.13: Woven hollow fiber fabric. Reprinted from [98] with permission from Elsevier. 

 

Nonetheless, maldistribution remains an important problem, resulting in the occurrence of 

dead zones, backmixing, bypassing and channeling (especially on the shell side), which 

results in irregular mass transfer along the module [99]. This constitutes a major limitation 

in scaling-up, since there is no general correlation available that predicts mass transfer on 

the shell side [96]. Different correlations do exist but are module specific. Because of the 

maldistribution, cross-flow yields the highest mass transfer, as inserted baffles (Fig. 2.14) 

reduce this flow irregularity. Due to this, parallel flow is usually not used. Furthermore, in 

comparison to the flat sheet configuration, cleaning in case of fouling is often not possible 

with hollow fibers. To seal the hollow fiber module, the fibers are embedded in a potting 

adhesive. However, this potting adhesive can be prone to attacks by the organic solvent 

and in that case can state a problem for liquid-liquid extraction. 
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Figure 2.14: Liqui-Cel Extra-Flow™ hollow fiber cross-flow contactor module. Reprinted from [100] with 

permission from Elsevier.  

 

The membrane contactor can be operated in two different modes: batch mode [101], [102] 

and continuous flow mode [103], [104]. Membrane contactors in batch consist of two 

chambers separated by a flat membrane that allows extraction of the targeted species by 

diffusion through the membrane. The advantage of this approach is the possibility to insert 

an agitator at each side of the membrane and mix each chamber separately, thereby 

intensifying mass transfer. While this configuration can be utilized for lab-scale 

experiments, it cannot be scaled up for industrial use [105]. To allow scaling-up, flow 

membrane contactors are required, as mass transfer decreases upon agitation of larger 

volumes. These devices can be either semi-continuous or fully continuous. Semi-continuous 

contactors consist of a closed system wherein the feed and solvent are continuously 

recycled, while passing several times through the membrane contactor. In a fully 

continuous system, the feed and solvent only pass the membrane contactor once, allowing 

an easier downstream processing (e.g., extractant regeneration). The membrane used in a 

flow configuration can be either in a flat sheet [106] or a hollow fiber configuration [107]. 

 

A downside of the hollow fiber configuration is the decrease of the mass transfer with 

decreasing flow rate, for instance due to the maldistribution at the shell side. Looking at 

one of the equations (Eq. 2.10) used to describe the mass transfer at the shell side of the 

hollow fiber [96] operating in crossflow, it is seen that the Sherwood number (Sh) which is 

directly proportional with the mass transfer coefficient, decreases with the Reynolds 

number (Re) and consequently the velocity: 

Sh𝑠ℎ𝑒𝑙𝑙 = 1.38 Re0.34 Sc0.33 (1<Re<25; closely packed fibers) (2.10) 
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with Sc the Schmidt number. Due to this, the hollow fiber modules are frequently operated 

in recirculation mode as flow rate then can be high [108], [109]. However, in that case the 

system is no longer continuous.  

 

The hollow fibers used in such modules typically have an internal diameter of 200-500 µm 

[28], [51], [96]. Thinner hollow fibers exist (e.g., Celgard X-10 with an internal diameter of 

100 µm) but are less common due to a harder fabrication and higher pressure drop [51]. As 

the flow regime in membrane contactors is usually laminar, especially in the lumen side, 

mass transfer is relatively slow in such hollow fibers. Nonetheless, the diameter of hollow 

fibers is considered an advantage compared to flat sheet configurations, as their spacers 

are usually a few hundred to a few mm thick. However, using a packed hollow fiber module 

in recirculation operation still residence times in the range of hours are required to obtain 

equilibrium [108], [109].  

 

With current microfabrication technology, it is possible to fabricate spacers for flat sheet 

membranes with a thickness of only hundred micrometers or lower and construct so-called 

membrane microcontactors (MMC). Doing so, the specific surface is increased in such 

MMCs, reducing the needed residence time to reach equilibrium and consequently allows 

to execute the extraction in a single pass mode in a matter of minutes (see chapter 3).  

 

Cai et al. [106] constructed such an MMC by clamping a flat membrane between two plates 

containing a micromachined channel of 65 µm deep, 500 µm wide and 20 mm long. 

However, as it was designed for sample preparation, throughput of the device was small (< 

10 µl/min) and not suited to be used as a downstream process. Consequently, throughput 

must be increased and extraction efficiency maximized. To do this, the channel must be 

made wider and models derived to describe the extraction rate. In the following chapters, 

such a high aspect ratio (width/depth) membrane microcontactor is demonstrated, 

examined and evaluated.  
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CHAPTER 3   

Modeling of in situ extraction: co- 

and countercurrent 

 

 

 

In this chapter, a high aspect ratio (width/depth) membrane microcontactor was evaluated 

in terms of extraction efficiency for co- and countercurrent flow and 2 different membrane 

types (Teflon® and polycarbonate). Using the parallel plate Poiseuille expression to 

approximate the flow profile in flat rectangular channels with high aspect ratios, an 

analytical solution was established to describe the concentration profiles, which was 

numerically and experimentally validated. Fast and uniform mass transfer could be enabled 

by providing ordered spacers of 100 and 200 µm in the reactor substrate. With the flow 

rates in this optimization being limited by the Laplace pressure, a pressure driven 

alternative, mimicked by adapting the flow rates inversely to the liquid viscosity ratios, is 

analyzed and experimentally validated for cocurrent mode. Using the device in cocurrent 

mode, the system has the potential to serve as a fast screening tool to determine partition 

coefficients requiring 5–15 min per combination only. It was furthermore analyzed what 

the optimal depth is to achieve a preset concentration. 

 

 

 

This chapter has been published in: 

J. Hereijgers, M. Callewaert, X. Lin, H. Verelst, T. Breugelmans, H. Ottevaere, G. Desmet, W. De Malsche, A high aspect ratio 

membrane reactor for liquid-liquid extraction, J. Memb. Sci. 436 (2013) 154-162. 



CHAPTER 3: Modeling of in situ extraction: co- and countercurrent 

58 

NOMENCLATURE 
 

C concentration solute (mol/m³) N number of theoretical stages (\) 
D diffusion coefficient(m²/s) Q flow rate (m³/s) 
E extraction factor (\) Sh sherwood number (\) 
H partition coefficient (Cs, eq/Cf, eq) (\) u velocity (m/s) 
h channel depth (m) w channel width (m) 
J flux (mol/(m² s)) X fraction of the partition coefficient (\) 
K overall mass transfer coefficient (m/s) x axial length (m) 
k mass transfer coefficient (m/s) z lateral length (m) 
L length of the microcontactor (m)   

 
Greek Symbols Subscript 

 thickness of the membrane (m) 0 axial position in the microcontactor at x = 0 

 porosity of the membrane (\) eff effective 

 tortuosity (\) f feed 
  L axial position in the microcontactor at x = L 
  m membrane 
  max maximum 
 

 s extraction solvent 
 

 

 

3.1 Introduction 

A number of approaches have been pursued to stabilize the interface in non-dispersive 

contactors (see § 2.5). These approaches have in common that two streams are contacted 

by a vertical interface. This configuration produces a small contact area. The interface area 

can, however, be dramatically increased when a wide and shallow channel is used. An 

additional advantage of this parallel plate approach is that commercially available 

membranes can be easily integrated in the contactor. Even though that clamping of 

membranes between milled reactor substrates is well known in the field of sample 

preparation for supported liquid membranes [1]–[3], this approach has been surprisingly 

hardly implemented for classical two-phase extraction [4]. The ability to use channels that 

are much wider than deeper has been hardly pursued [5], even though that the use of such 

high aspect ratio channels is the key to enable reasonable flow rates in this format when 

aiming at improving mass transfer kinetics [6]. A critical feature in this reactor design is flow 

distribution at the inlet and outlet of the reactor. Our group has recently proposed a format 

containing support structures to enable a uniform distribution in wide channels [7]. Next to 

being a valuable tool for efficient extraction in biological studies when only limited sample 

is available, the format also has the potential to become a crucial tool in the production 

scheme of pharmaceuticals. When the required time to determine the optimal extraction 

conditions as well as the necessary sample mass can be reduced and perhaps even 

automated, such a screening tool would be received well in the pharmaceutical industry 
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[8]. On the other hand, there is a demand for small extraction units for the early stages in 

drug development [9]. 

 

In this chapter, the extraction kinetics for high aspect ratio membrane contactor channels 

are modeled and solved analytically. The obtained equations for co- and counterflow 

operation are subsequently validated by numerical simulation and by experimentally 

extracting 1-propanol from heptane to water using two different membranes and a set of 

flow rate and channel depth combinations. This chapter also concludes with a number of 

theoretical considerations to guide the reactor design for a number of applicational 

demands. 

 

3.2 Experimental 

3.2.1  Chemicals 

n-Heptane and 1-propanol were purchased from Sigma-Aldrich with a purity of 99.9 +%. 

The water used throughout the experiments was prepared in the laboratory (Milli-Q-

gradient, Millipore, Bedford, MA, USA). 

 

3.2.2 Apparatus 

The microcontactor consisted of two milled (Datron CNC mill) aluminum bodies that were 

clamped together, sandwiching a Teflon or polycarbonate membrane (Table 3.1) with 

respectively hydrophobic and hydrophilic surface properties. The milled channels were 90 

mm long from distributor to distributor, the distributor itself was 5 mm long, the channels 

were 13 mm wide and 100 µm or 200 µm deep. Pillars of 1 mm diameter were defined in 

the channels to support the membrane. Sealing at the periphery was assured by a 

compressed Kalrez O-ring (Eriks-Boudain, Antwerp, Belgium). At the inlet and the outlet of 

the channels a distributor was defined (Fig. 3.1) to guarantee a uniform flow distribution. 

The inlet and outlet consisted of 1 mm drilled cylindrical holes that were connected to a 

syringe pump (kd Scientific) and a collection vessel with the use of capillaries. 
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Table 3.1: Specifications of the examined membranes 

Material Supplier Porosity Thickness Average pore size 

  (%) (µm) (µm) 

Teflon 
Frisenette Aps 

(Advantec T010A304D) 
68.0 70 0.1 

Polycarbonate 
Millipore 

(GTTP14250) 
13.8 25 0.22 

 

 

Figure 3.1: Representation of the microcontactor: a) overview of the microcontactor, b) distributor to 

guarantee a uniform flow distribution, c) membrane support pillars to ensure equal spacing (dpillar = 1 mm) 

and d) microcontactor set-up. 

 

3.2.3 Numerical simulation 

Numerical simulations were performed via a finite difference approach (10,000 cells), 

using the Gauss-Seidel iterative algorithm to solve the mass balances in an implicit way. 

This algorithm was used because of its ease of implementation. The same case study as in 

the experiments was simulated, i.e. the extraction of 1.3 m% 1-propanol from heptane with 

pure water. The system operated in steady-state and the boundary walls were two infinite 

parallel plates (with an aspect ratio as high as 130), justifying the 2D numerical simulation. 

The simulations were performed with a PTFE membrane such that the feed solution wets 
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the membrane. Mass transfer inside the feed and extraction solvent channel was described 

by: 

𝑢𝑓

𝜕𝐶𝑓

𝜕𝑥
=  𝐷𝑓 (

𝜕2𝐶𝑓

𝜕𝑥2
+

𝜕2𝐶𝑓

𝜕𝑧2
) 

𝑢𝑠

𝜕𝐶𝑠

𝜕𝑥
=  𝐷𝑠 (

𝜕2𝐶𝑠

𝜕𝑥2
+

𝜕2𝐶𝑠

𝜕𝑧2
) 

(3.1) 

 

with u the velocity, C the concentration, x the axial position, D the diffusion coefficient and 

z the lateral position in the height direction. The subscripts f and s denoted respectively 

feed and solvent. Since laminar flow conditions apply, the parabolic flow profile was 

described by the parallel plate Poiseuille expression (see § 3.6.2 Eq. A.3.3). Inside the 

membrane a similar equation (Eq. 3.1) was used but with the velocity at zero and the 

effective diffusion coefficient (Eq. 3.2), taken from [10] where the tortuosity corrects for 

the longer distance the solutes have to diffuse because the pores are not straight: 

𝐷𝑚,𝑒𝑓𝑓 =
𝐷

𝜏
 (3.2) 

 

with  the porosity of the membrane and  the tortuosity of the membrane which was 

assumed 1 after analysis of SEM-pictures (Fig. A.3.1). Eq. 3.3 provided the boundary 

condition at the walls and outlet of the microcontactor: 

𝜕𝐶

𝜕𝑥
= 0 

𝜕𝐶

𝜕𝑧
= 0 

(3.3) 

 

At the inlet of the microcontactor the concentration for the feed side was equal to the inlet 

concentration and for the solvent side the inlet concentration was equal to zero. At the 

inlet, a fully developed velocity flow profile was assumed since the channel was preceded 

by the distributor. At the liquid interface, both phases were assumed to be in equilibrium. 

The simulation was checked via the conservation of mass (mass feed = mass extract + mass 

raffinate). 

 

3.2.4 Extraction experiments 

The feed solution and extraction solvent consisted respectively of 1.3 m% 1-propanol 

dissolved in heptane and pure water. Pumping the liquids was performed using one syringe 
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pump (kd Scientific) holding two gastight Hamilton syringes ensuring a fixed flow rate ratio 

which was altered using different syringe diameters. Two 10 ml syringes were used for a 1:1 

flow rate ratio and a 25 ml and 10 ml syringe for a 2.5:1 flow rate ratio. Samples were 

cooled during collection, minimizing solvent loss and analyzed by GC-FID (Agilent, capillary 

SGE column: 30 m x 0.25 mm, stationary phase: BP21 0.25 µm, 1.3 ml/min He, Toven 110 °C). 

For each sample, the average of 3 GC experiments was determined, with a corresponding 

average relative standard deviations of 6%. 

 

Collected samples were also controlled for containing only 1 phase to verify that the n-

heptane\water interface was not unstable during the experiment. Before starting a new 

extraction campaign, a start-up procedure was performed to avoid the presence of air 

bubbles. This consisted of flushing the microcontactor set-up with methanol for 5 min at a 

flow rate of 5 ml/min using an HPLC-pump (Shimadzu). A few initial experiments were 

conducted in a transparent polycarbonate microcontactor to confirm that the flushing 

procedure was effective in removing the trapped air. The extraction kinetics were 

measured for different operating conditions (channel depth, flow rate ratio, membrane 

type, cocurrent and countercurrent) and compared to the derived model for validation. 

3.3 Flow distributor 

When the channel width is much larger than the width of the feed zone, a proper flow 

distribution at the interface zone is required to avoid any entrance effects (i.e. warped 

profile) [7]. In the absence of any flow guiding structures the inlet profile was severely 

warped (See Fig. 3.2a), as migration in the radial direction is not sufficient enough to keep 

up with migration in the axial direction. In the transition region going from the small inlet to 

the wide channel, tracer located in the center of the transition region migrates much 

further in the axial direction than tracer that migrates towards the sidewall of the wide 

channel, resulting in the observed warped profile. Such a profile would lead to a lower 

residence time of a liquid segment in the central part of the channel as compared to the 

zone near the sidewall. As in laminar flow conditions, the residence time will determine the 

extraction efficiency; the flow rate will be dictated by the residence time of the already 

further migrated central zone. The sidewall fraction will hence spend more time in the 

channel than necessary and the overall effect would be a lower efficiency compared to 

when a perfect straight profile would be obtained. To obtain such a straight profile, 

distribution at the inlet is required such that the radial transport is strongly enhanced with 
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respect to axial transport [7]. To this end, radially elongated pillars were placed in the 

transition region between the small inlet and the wide channel (Fig. 3.1b), such that all 

streamlines have a uniform residence time, resulting in a laterally straight profile (Fig. 3.2b). 

These structures can be very easily adapted to much larger ratios of initial and final channel 

width and can be implemented when conceiving designs for maximizing the flow rates (and 

hence the channel width). 

 

 

Figure 3.2: Injection of a plug of brilliant black BN aqueous solution in the microcontactor a) without 

distributor and b) with distributor. 

 

3.4 Analytical model 

In order to understand the kinetic behavior of the contactor and to allow optimization, a 

model that can be analytically solved with a reasonable degree of accuracy should be 

constructed.  

 

In the constructed model, the following assumptions are taken into account: 

 The system operates in steady-state in terms of operating time.  

 The pores of the membrane are completely wetted by one of the two liquids. 

 The partition coefficient is assumed to be constant. 

 The solvents are immiscible. 

 Axial diffusion can be neglected (see § 3.4.2.1). 

 Inside the membrane the effective diffusion coefficient is described by Eq. 3.2.  

 

Taking these assumptions into account two overall mass transfer coefficients can be found 

(Fig. 3.3): 
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𝐾𝑠 =  
1

1
𝑘𝑓

+
𝛿

𝐷𝑠휀𝐻
+

1
𝐻𝑘𝑠

 
(3.4) 

𝐾𝑓 =  
1

1
𝑘𝑓

+
𝛿

𝐷𝑓휀 +
1

𝐻𝑘𝑠

 
(3.5) 

  

 

Figure 3.3: Schematic representation of the microcontactor with the symbols used throughout the model. a) 

The extraction solvent wets the membrane and b) The feed phase wets the membrane. 

 

with Ks the overall mass transfer coefficient when the extraction solvent wets the 

membrane, Kf the overall mass transfer coefficient when the feed solution wets the 

membrane,  the thickness of the membrane, H the partition coefficient and k the mass 

transfer coefficient. The flux from the feed to the extraction solvent equals: 

𝐽 = 𝐾(𝐶𝑓 −
𝐶𝑠

𝐻
) (3.6) 

 

with J the flux. From the mass balance written from one side of the membrane a second 

equation can be derived equaling Eq. 3.6: 

−
𝑢𝑓ℎ𝑓

𝐿

𝜕𝐶𝑓

𝜕𝑥′
= 𝐾(𝐶𝑓 −

𝐶𝑠

𝐻
) (3.7) 

 

with x’ = x/L, h the depth of the channel, L is the length of the microcontactor and x’ is the 

dimensionless axial length. 

 

3.4.1.1 Cocurrent 

From Eq. 3.7 the concentration of solute at the outlet of the microcontactor can be derived 

for cocurrent with following boundary conditions: 
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x =  0 →  Cf = Cf,0 

x =  L →  Cf =  Cf,L 
(3.8) 

 

with subscript 0 and L the location in the microcontactor. 

𝐶𝑓,𝐿 =  
𝐶𝑓,0 −

𝐶𝑠,0

𝐻

1 +
𝛼𝑓

𝛼𝑠

𝑒
−

𝐾𝐿
𝑢𝑓ℎ𝑓

(1+
𝛼𝑓

𝛼𝑠
)

+

𝛼𝑓

𝛼𝑠
𝐶𝑓,0 +

𝐶𝑠,0

𝐻

1 + 
𝛼𝑓

𝛼𝑠

 (3.9) 

 

in which: 

αf =
𝑢𝑓ℎ𝑓

𝐾𝐿
             αs =

𝑢𝑠ℎ𝑠𝐻

𝐾𝐿
 (3.10) 

 

In cocurrent the overall mass balance equals: 

𝐶𝑓,𝐿 − 𝐶𝑓,0 =
𝛼𝑠

𝛼𝑓
(

𝐶𝑠,0

𝐻
−

𝐶𝑠,𝐿

𝐻
) (3.11) 

 

Combining Eqs. 3.9 and 3.11 yields an expression that determines the concentration of the 

solute in the solvent side at the outlet for cocurrent flow: 

𝐶𝑠,𝐿 =  −
𝐻𝛼𝑓 (𝐶𝑓,0 −

𝐶𝑠,0

𝐻 )

𝛼𝑠 + 𝛼𝑓
𝑒

−
𝐾𝐿

𝑢𝑓ℎ𝑓
(1+

𝛼𝑓

𝛼𝑠
)

+
𝐻

𝛼𝑓

𝛼𝑠
𝐶𝑓,0 + 𝐶𝑠,0

1 + 
𝛼𝑓

𝛼𝑠

 (3.12) 

 

The mass transfer coefficient kf and ks are generally expressed being contained within the 

dimensionless Sherwood number (Sh): 

𝑆ℎ =  
𝑘 ∗ 2ℎ

𝐷
 (3.13) 

 

To calculate the Sherwood number, two cases can be considered. In the first one, the 

concentration at the membrane is assumed to be constant, which is a realistic 

approximation when the flow rate of the feed is much higher than the flow rate of the 

extraction solvent or vice versa. In the second case, the flux through the membrane is 

assumed to be constant. In both cases, the opposite wall is assumed to be impermeable 

such that there is no flux through this wall. The Sherwood number for both cases can be 

calculated using the parallel plate Poiseuille expression to approximate the flow profile in 

flat rectangular channels with high aspect ratios in analogy with the situation of heat 

transport which is described through the Nusselt number (Nu), with the heat transfer 
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occurring between two plates with an infinitive aspect ratio and with one plate being 

completely insulating [11]. When a constant membrane concentration is assumed Sh = 

4.86, while for constant flux Sh = 5.39 is obtained. Given the similarity of the governing 

equations, these values are expected to coincide with the Nu numbers obtained for a 

similar geometry. As the difference between these cases is only 10 %, the selected 

boundary condition has apparently only a small impact on the mass transfer kinetics. 

Throughout the rest of the chapter a constant flux through the membrane is assumed with 

its corresponding Sh number (see § 3.6.2). This approach can be considered as a good 

approximation given the excellent agreement between theoretical and experimental values 

(see § 3.4.2.2). 

 

3.4.1.2 Countercurrent 

The equation for Cf,L and Cs,0 for countercurrent flow can be derived from the overall mass 

balance (Eq. 3.14) and the mass balances written from one side of the membrane (Eqs. 3.15 

and 3.16). 

𝐶𝑠,0

𝐻
=  

𝛼𝑓

𝛼𝑠
(𝐶𝑓,0 − 𝐶𝑓,𝐿) +

𝐶𝑠,𝐿

𝐻
 (3.14) 

𝜕𝐶𝑓 = −
1

𝛼𝑓
(𝐶𝑓 −

𝐶𝑠

𝐻
) 𝜕𝑥′  (3.15) 

𝜕
𝐶𝑠

𝐻
= −

1

𝛼𝑠
(𝐶𝑓 −

𝐶𝑠

𝐻
) 𝜕𝑥′  (3.16) 

∫
𝜕 (𝐶𝑓 −

𝐶𝑠
𝐻

)

𝐶𝑓 −
𝐶𝑠

𝐻

=
1

𝛼𝑠
−

1

𝛼𝑓
∫ 𝜕𝑥′

1

0

𝐶𝑓,𝐿−
𝐶𝑠,𝐿

𝐻

𝐶𝑓,0−
𝐶𝑠,0
𝐻

 (3.17) 

𝑙𝑛
𝐶𝑓,𝐿 −

𝐶𝑠,𝐿

𝐻

𝐶𝑓,0 −
𝐶𝑠,0

𝐻

=
1

𝛼𝑠
−

1

𝛼𝑓
 (3.18) 

 

Combining Eqs. 3.14 and 3.18 produces the relation for Cf,L and Cs,0 for countercurrent. 

𝐶𝑓,𝐿 =
𝐶𝑓,0 (1 −

𝛼𝑓

𝛼𝑠
) 𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
−

𝐶𝑠,𝐿

𝐻 𝑒
(

1
𝛼𝑠

−
1

𝛼𝑓
)

+
𝐶𝑠,𝐿

𝐻

1 −
𝛼𝑓

𝛼𝑠
𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
 (3.19) 

𝐶𝑠,0 = 𝐶𝑠,𝐿 + 𝐻𝐶𝑓,0

𝛼𝑓

𝛼𝑠
−

𝛼𝑓

𝛼𝑠

𝐻𝐶𝑓,0 (1 −
𝛼𝑓

𝛼𝑠
) 𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
− 𝐶𝑠,𝐿𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
+ 𝐶𝑠,𝐿

1 −
𝛼𝑓

𝛼𝑠
𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
 (3.20) 
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Inspecting Eq. 3.19, it becomes clear that when f = s no solution is obtained directly, 

which can be understood by writing the equation as follows: 

lim
𝛼𝑓

𝛼𝑠
→1

𝐶𝑓,𝐿 =
0

0
 (3.21) 

 

Applying l’Hôpital’s rule and assuming that Cs,L = 0, which is in practice correct when the 

extraction solvent does not contain any solute initially, the relation for Cf,L becomes: 

𝐶𝑓,𝐿 =
𝛼𝑓

𝛼𝑓 + 1
𝐶𝑓,0 (3.22) 

 

Combining Eqs. 3.14 and 3.22 gives the relation for Cs,0 : 

𝐶𝑠,0 = 𝐻𝐶𝑓,0 (1 −
𝛼𝑓

𝛼𝑓 + 1
) (3.23) 

 

3.4.2 Validation of the model 

The accuracy of the described model was first evaluated by performing numerical 

simulations. Next, the influence of the channel depth, the flow rate ratio and the 

membrane characteristics onto the extraction kinetics were experimentally examined 

individually and compared with the theoretically expected trends. 

 

3.4.2.1 Numerical simulation 

The kinetic behavior of the extraction was studied for different flow rates. The results of 

these numerical simulations are given in Fig. 3.4, where the distribution ratio (Cs,L/Cf,L) at 

the outlet of the membrane microcontactor is given as function of the residence time. From 

these results it can be concluded that the numerical solutions give a very similar result as 

the analytically described model (average deviation of 6.9 %). The difference between the 

numerical solutions and the analytical model can be attributed in part by the assumption of 

a constant flux at the membrane in the analytical model and to numerical errors. A 

maximum deviation of 0.16% on the conservation of mass was allowed for the numerical 

simulations, to achieve reasonable simulation times (i.e. a few days for each point). The 

system was also solved numerically without the inclusion of the axial diffusion term (i.e. 

𝜕2𝐶𝑓

𝜕𝑥2 = 0, Eq. 3.1). This gives an almost identical result (maximal difference below 0.11 %) as 

when taking the axial diffusion term into account. This can be explained by the fact that the 
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convective transport dominates the diffusive transport, justifying the assumption that axial 

diffusion in the analytical model is negligible. 

 

 

Figure 3.4: Numerical simulation of the microcontactor (h = 100 mm, L = 90 mm, w = 13 mm, PTFE-membrane, 

flow rate ratio 1:1 (feed:extraction solvent), co-flow) extracting 1-propanol from n-heptane with water. The 

solid line represents the theoretically expected pattern as predicted by the model. 

 

3.4.2.2 Experimental study: cocurrent 

Operating the microcontactor in cocurrent mode, a single extraction stage is obtained in 

which the equilibrium concentration is eventually reached when sufficient contact time is 

provided. Increasing the channel depth has a direct impact on the first and last term of the 

overall mass transfer coefficient (see Eqs. 3.4 and 3.5), lowering the contribution of the 

membrane on the extraction kinetics and slowing it down. Observing Fig. 3.5, this 

phenomenon was experimentally as well as theoretically demonstrated. Changing the 

channel depth from 100 µm to 200 µm, the time needed to reach equilibrium rised from 9 

min to 22 min. This increase can also be intuitively expected as the time needed to diffuse a 

certain distance scales to that distance with the power of 2 (Eq. 2.1). At 9 min (h = 100 µm) 

and 22 min (h = 22 min) the concentration ratio (Cs,L/Cf,L) equaled the partition coefficient, 

which was 16.6 (determined by a shaking test). In order to calculate the model for the 

extraction of 1-propanol from heptane the molar diffusion coefficients have to be known. 

The diffusion coefficient in water was assumed to be 1.05 x 10-9 m²/s [12], which is very 

similar to other published values [13], [14]. For 1-propanol in n-heptane no literature value 

was found and therefore the average value of the best fits in the different described 

experiments below was used to plot the theoretical curves and amounted to (2.2  0.7) x 

10-10 m²/s. It should be noted here that this diffusion coefficient was determined with a 

fitting procedure based on an approximated Sh number assuming constant flux, and that a 
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deviation of the actual Sh number would also influence the diffusion coefficient. To allow 

for optimization of the microcontactor to given extraction requirements, the use of an 

(approximate) analytical solution is however crucial and the influence of small deviations of 

Sh and Dmol are of secondary importance in this discussion (see below). Looking at Fig. 3.5 

the model slightly precedes the data points for the 100 µm deep MMC and slightly lags 

behind for the 200 µm deep MMC. This could be explained by the milling error on the 

channel depth which is typically around 10 µm and the small deviations of Sh and Dmol. 

 

 

Figure 3.5: Extraction kinetics of a microcontactor with a channel depth of 100 or 200 µm. Both 

microcontactors were operated in cocurrent with the PTFE membrane at a flow rate ratio of 1:1 

(feed:extraction solvent). The solid lines represent the theoretically expected pattern as predicted by the 

model. 

 

Increasing the flow rate of the heptane feed phase appeared to enhance the extraction 

kinetics (Fig. 3.6). This is expected as the flux is higher because the concentration gradient 

remains larger throughout the microcontactor compared to the equal flow rate situation. 

When the solvent flow rate is larger, the flux decreases due to a lower concentration 

gradient. This phenomenon was described by the model and agreed well with the 

experimentally observed trend. Increasing the flow rate ratio from 1:1 to 2.5:1 

(feed:extraction solvent) resulted in a residence time of 7.5 min to reach equilibrium 

instead of 9 min. When the flow rate ratio is the inverse of the viscosity ratio, an identical 

axial pressure gradient can be achieved, resulting in an equal pressure across the 

membrane. While no breakthrough was observed below the applied flow rates of up to 200 

µl/min for the 100 µm deep reactor, it can be beneficial from a kinetic point of view to 

reduce the channel height, thereby producing much larger pressure gradients across the 

membrane when the flow rates are not adapted according to the viscosities. Using a flow 

rate ratio that is the inverse of the viscosity ratio would allow for an unlimited reduction of 
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channel height, with no risk to produce breakthrough as then an identical axial pressure 

gradient is obtained at each side of the membrane. 

 

Figure 3.6: Extraction kinetics of a 100 µm deep microcontactor operated at a flow rate ratio of 2.5:1 

(feed:extraction solvent) in cocurrent mode. The microcontactor was equipped with the PTFE membrane. The 

solid line represents the theoretically expected pattern as predicted by the model. 

 

Changing the Teflon membrane for the polycarbonate membrane (Table 3.1), the second 

term of the mass transfer coefficient contributes less to the overall mass transfer resistance 

because water is now the wetting solvent; consequently, the partition coefficient appears 

in the denominator of the second term of the overall mass transfer coefficient (Eq. 3.4). 

With water filling up the pores, it is also the diffusion coefficient of 1-propanol in water that 

determines the diffusion through the pores and is a factor 4.8 larger than with diffusion in 

heptane. Using the polycarbonate membrane equilibrium was already reached within 2.1 

min in a 100 µm deep microcontactor and a flow rate ratio of 2.5:1 (Fig. 3.7). With the 

Teflon membrane a 3.6 times longer residence time was required to reach equilibrium. 

 

Figure 3.7: Extraction kinetics of a 100 µm deep microcontactor operated at a flow rate ratio of 2.5:1 

(feed:extraction solvent) equipped with the polycarbonate membrane in cocurrent. The solid line represent 

the theoretically expected patterns as predicted by the model. 
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For both membranes, at least 90 % of the equilibrium was reached in less than 5 min. This 

creates a vast potential to use the reactor as a screening tool. Some additional extraction 

time should be provided for systems with lower diffusion and partition coefficient values, 

and it should also be taking into account that for each combination the contactor should be 

refilled with the new solution. Generally, it can be assumed that a screening time of 15 min 

is realistic. This is an extremely interesting feature, for instance, to find the optimal 

extraction conditions of a pharmaceutical reaction mixture. Often more than 20 

combinations are tested by changing the composition of the solvent and feed phase to find 

a compromise between maximal extraction of the component of interest and a minimal 

extraction of side products. By changing the ratios of the flow rates of the feed and the 

solvent phases, batch extractions with different compositions can be mimicked and the 

resulting extracts can be collected automatically in a fraction collector (see Fig. 3.1d for an 

overview of the automated screening device). 

 

3.4.2.3 Experimental study: countercurrent 

Operating the microcontactor in countercurrent mode multiple extraction stages can be 

obtained, enabling high extraction efficiencies using only one extraction device. Operating 

the 200 µm deep microcontactor with a Teflon membrane and a flow rate ratio of 2.5:1, the 

concentration ratio (Cs, 0/Cf, L) reaches the partition coefficient value of 16.6 in 6 min (Fig. 

3.8). From the model, it can be calculated that under the same conditions in cocurrent 

mode, 19 min would be required to reach the partition coefficient. A huge time gain is 

consequently achieved by performing countercurrent operation and by operating at longer 

residence times the concentration ratio increases even further. In Fig. 3.8 at larger 

residence times it is seen that the deviation on the data points increases. This is because at 

these larger residence times, the concentration of 1-propanol in the feed was near the limit 

of quantification. 
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Figure 3.8: Extraction kinetics of a 200 µm deep microcontactor operated at a flow rate ratio of 2.5:1 

(feed:extraction solvent) equipped with the Teflon membrane in countercurrent. The solid line represent the 

theoretically expected patterns as predicted by the model. 

 

Using the Kremser equation with the assumption that no solute is initially present in the 

solvent (Eq. 3.24) [15], the number of theoretical stages can be calculated (Fig. 3.9a): 

 

𝑁 =  

𝑙𝑛 (
𝐶𝑓,0

𝐶𝑓,𝐿
(1 −

1
𝐸

) +
1
𝐸)

𝑙𝑛(𝐸)
 

(3.24) 

𝐸 = 𝐻
𝑄𝑠

𝑄𝑓
 (3.25) 

 

with N the number of theoretical stages, E the extraction factor and Q the flow rate. 

Inserting the obtained values in Eq. 3.24, a value of N = 1 is obtained for a residence time of 

6 min. Longer residence times result in concentration ratios above the single stage 

situation, corresponding to higher numbers of theoretical stages. 
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Figure 3.9: a) Number of theoretical stages in function of residence time for countercurrent extraction (h = 

200 mm, Teflon membrane, 2.5:1 (feed:extraction solvent, flow rate ratio) and b) Optimal channel depth to 

obtain a maximal concentration of solute at the solvent side X = 99% (h99%), X = 99.9% (h99.9%), X = 99.99% 

(h99.99%). 

 

The theoretical model coincides well with the experimental data both in cocurrent as in 

countercurrent mode. Minor deviations can be caused by measuring errors, for instance, 

due to deviations in the GC analysis, the approximated Sh number, the used molecular 

diffusion coefficients, evaporation of heptane prior to the analysis, an imperfect flat face 

flow profile and errors in the membrane characteristics given by the manufacturer. 

 

3.4.3 Optimal channel depth 

Operating in cocurrent mode, the channel depth to obtain the maximum concentration of 

solute on the solvent side can be calculated from the proposed model. The maximum 

concentration of solute at the solvent side in cocurrent is obtained when equilibrium is 

reached. This is assumed to be the case when Cs,L/Cf,L is equal to a certain fraction (X, e.g., 

0.999) of the partition coefficient. Dividing Eq. 3.12 by Eq. 3.9 and assuming that Cs,0 is 

equal to zero, Eq. 3.26 is produced: 

𝐶𝑠,𝐿

𝐶𝑓,𝐿
=

1 − 𝑒
−

𝐾𝐿
𝑢𝑓ℎ𝑓

(1+
𝛼𝑓

𝛼𝑠
)

𝛼𝑠

𝐻𝛼𝑓
𝑒

−
𝐾𝐿

𝑢𝑓ℎ𝑓
(1+

𝛼𝑓

𝛼𝑠
)

+
1
𝐻

 (3.26) 

 

It is assumed that the channel depths, widths and linear velocities in both channels are 

identical and that a polycarbonate membrane is used, allowing to rewrite Eq. 3.26 as: 
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𝐾𝑠𝐿

𝑢𝑓ℎ𝑓
(1 +

1

𝐻
) =  −𝑙𝑛

1 − 

 𝐻 + 1
 (3.27) 

 

Inserting Eq. 3.4 into Eq. 3.27 gives the final equation for the channel depth for maximum 

concentration (hmax C): 

ℎ𝑚𝑎𝑥 𝐶 =

𝑆ℎ𝐷𝑓𝐷𝑠𝐻휀𝐿 (1 +
1
𝐻

) 𝑤

−𝑄𝑙𝑛
1 − 
 𝐻 + 1

− 𝑆ℎ𝛿𝐷𝑓

휀𝐻𝐷𝑠 + 𝐷𝑓휀
 

(3.28) 

 

with w the width of the microcontactor. Applying this equation to the experimental 

conditions of the case study, the optimal channel depth in function of the flow rate is 

obtained (Fig. 3.9b). This was calculated for 3 different fractions of the partition coefficient 

at which it is assumed that equilibrium is reached (X = 0.99; 0.999; 0.9999). As flow rates 

increase, lower channel depths are necessary due to the reduced residence time in order to 

reach equilibrium. When a requirement of 99 % of the partition coefficient is set, it is 

obvious that the optimal channel depth is higher, then when a requirement of 99.9% is set. 

To obtain maximal concentration, the highest possible flow rate is 41.6 µl/min for a 100 µm 

deep (and 13 mm wide) channel, given that at 99.9 % of the partition coefficient 

equilibrium should be reached. 

 

3.5 Conclusions 

An analytical solution that describes the concentration profile throughout a membrane 

microcontactor with flat rectangular high aspect ratio channels was presented and 

numerically and experimentally validated. Critical in using high aspect ratio channels is flow 

distribution. By using a diamond-shaped flow distributor at the front and end of the 

channel, a more laterally straight flow profile has been produced. For optimizing the 

microcontactor in the near future to handle relative high flow rates, the optimal channel 

depth has been calculated in order to achieve maximal concentration at the solvent side. 
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3.6 Appendix 

3.6.1 SEM images of the membranes 

 

Fig. A.3.1: SEM image of a) teflon (Frisnette Aps) membrane and b) polycarbonate (Millipore) membrane. 

 

3.6.2 Determination Sherwood number 

The flux in the channel is equal to: 

𝐽 =  −𝐷
𝜕𝐶

𝜕𝑧
= −𝑘(𝐶𝑚𝑒𝑎𝑛 − 𝐶𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 ) (A.3.1) 

𝑢
𝜕𝐶

𝜕𝑥
= 𝐷

𝜕²𝐶

𝜕𝑧²
 (A.3.2) 

 

with Cmean the concentration of the solute averaged out over the channel height, Cmembrane 

the concentration of the solute at the membrane, and z the lateral length. The parallel plate 

Poiseuille expression to approximate the flow profile in flat rectangular channels with high 

aspect ratios is equal to: 

𝑢 =  
∆𝑝

2𝐿
(ℎ − 𝑧)𝑧 (A.3.3) 

 

with p the pressure drop and  the dynamic viscosity. The velocity is maximal at z = h/2: 

𝑢 =  
4 𝑢𝑚𝑎𝑥

ℎ²
(ℎ − 𝑧)𝑧 (A.3.4) 

 

The boundary conditions are: 

𝑧 = ℎ   
𝜕𝐶

𝜕𝑧
= 0 

𝑧 = 0   𝐶 = 𝐶𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒  
(A.3.5) 
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Combining Eqs. A.3.2 and A.3.4, Eq. A.3.6 is derived taking the boundary conditions into 

account and the fact that the flux trough the membrane is constant and no flux through the 

opposite wall is possible. This implies that C/x = constant. 

𝐶 − 𝐶𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 =  
2 𝑢𝑚𝑎𝑥

𝐷 ℎ²

𝜕𝐶

𝜕𝑥
(

ℎ 𝑧³

3
−

𝑧4

6
−

ℎ³ 𝑧

3
) (A.3.6) 

 

The average concentration in the channel can be calculated as follows: 

𝐶𝑚𝑒𝑎𝑛 − 𝐶𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 =
1

ℎ 𝑢𝑚𝑒𝑎𝑛
∫ (𝐶 − 𝐶𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 )𝑢 𝜕𝑧

ℎ

0

 (A.3.7) 

 

The average velocity equals to 2/3 of the maximum velocity in the parallel plate geometry: 

𝑢𝑚𝑒𝑎𝑛 =
2

3
𝑢𝑚𝑎𝑥  (A.3.8) 

 

Combining Eqs. A.3.6 – A.3.8 gives: 

𝐶𝑚𝑒𝑎𝑛 − 𝐶𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 =  −
26

105

𝑢𝑚𝑎𝑥

𝐷
ℎ²

𝜕𝐶

𝜕𝑥
 (A.3.9) 

 

(C/z) at the membrane (z = 0) can be derived from Eqs. A.3.2 and A.3.4 taking the 

boundary conditions into account: 

𝜕𝐶

𝜕𝑧
(𝑧 = 0) =  

2 𝑢𝑚𝑎𝑥 ℎ

3 𝐷

𝜕𝐶

𝜕𝑥
 (A.3.10) 

 

Combining Eqs A.3.1, A.3.9 and A.3.10 gives: 

𝑘 ℎ

𝐷
= 2.69 (A.3.11) 

 

The Sh number (Eq.3.13) for flow between parallel plates with an infinite aspect ratio and a 

constant flux through the membrane and no flux through the opposite wall, consequently, 

is equal to: 

𝑆ℎ = 5.38 (A.3.12) 

 

This number is identical as the Nusselt number in heat transfer [11]. 
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CHAPTER 4   

The concept of breakthrough 

 

 

 

 

 

 

In literature, three different models describing the breakthrough pressure were identified: 

the Young–Laplace model, the Kim–Hairrott–Zha model and the Franken et al. model. 

However, large differences between experimental results and model are often reported 

and a comparative study is lacking. In this chapter, the different models were 

experimentally validated by measuring breakthrough pressures in liquid/liquid systems. The 

average differences between model and experimental results for the three models were 

respectively 37.5%, 26.7% and 32.2%. The Kim–Harriott–Zha model obtained the best 

results, however for the model it is advised that a solvent system with a low contact angle 

is searched to determine the maximum correction angle. Therefore a fourth model was 

proposed omitting this step and yielded an average deviation of 25.0%. 

 

 

 

 

 

 

This chapter has been published in: 

J. Hereijgers, T. Breugelmans, W. De Malsche, Breakthrough in a flat channel membrane microcontactor, Chem. Eng. Res. 

Des. 94 (2015) 98-104. 
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Nomenclature 
 

Pb breakthrough pressure (bar) R fiber radius of the membrane (m) 

r pore radius (m) n number of measurements 
R1 and R2 curvature radius   

 
Greek Symbols Subscript 

 interfacial tension (N/m) m measured 
 pore shape correction factor (\) c calculated 

 contact angle (°)   

 pore shape correction factor (Fig. 2.11) (\)   

 average difference (%)   
    

 

 

4.1 Introduction 

The stability of the parallel flow profile, which is the purpose of the membrane, is critical in 

membrane contactors By capillary action the interface between both phases should be 

pinned preferably at the pore mouth. If the interface is pinned inside the pores and not at 

the pore mouth, the membrane is partially wetted, and consequently this has a negative 

impact on the mass transfer in gas–liquid absorption. Wang et al. [1] reported a reduction 

of 20% of the overall mass transfer coefficient, when the pores are only for 5% filled by the 

non-wetting phase. When the operation conditions are not carefully selected, the pressure 

difference across the membrane can become excessive. At that moment, one of the phases 

will flow through the pores and disperse in the other phase, making phase separation again 

necessary and the membrane irrelevant (left hand situation in Fig. 4.1). This phenomenon is 

called breakthrough. However, the operation conditions or pressure difference across the 

membrane at which this occurs are often differently defined in the literature and no 

comparative study is performed. 

 

Figure 4.1: Schematic representation of breakthrough in a membrane microcontactor and the different 

models used to predict the breakthrough pressure (Pb). 
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In the present chapter, the validity of different models describing the breakthrough 

pressure is examined by experimentally measuring breakthrough pressures, focusing on 

liquid–liquid extraction systems. 

 

4.2 Breakthrough pressure models 

Based on the pressure profile of both phases, two situations can be defined. In the first 

situation, the pressure of the non-wetting phase is higher than the pressure of the wetting 

phase. In this classical situation, the non-wetting phase will not enter the pores due to the 

capillary forces, holding the interface at the pore mouth (right hand situation in Fig. 4.1). At 

the breakthrough pressure, also called the critical entry pressure, the non-wetting phase 

does penetrate through the pores and disperses in the wetting phase (left hand situation in 

Fig. 4.1). To calculate this breakthrough pressure, the Young–Laplace law (Eq. 4.1) is most 

often used in the literature [2]–[7], which is derived for cylindrical pores (Fig. 4.1) from Eq. 

2.5 with R1 = R2 : 

∆𝑃𝑏 =
−2𝛾𝛽𝑐𝑜𝑠𝜃

𝑟
 (4.1) 

 

with  the interfacial tension between the two immiscible liquids in a liquid–liquid 

operation. In gas–liquid operations  is replaced by the surface tension . The influence of 

the pore shape is represented by the correction factor . The Young–Laplace law is defined 

for cylindrical pores and therefore  is often lacking, as a value of 1 is assumed in that case. 

For irregular shapes, a value between 0 and 1 is found.  is the contact angle between (1) 

liquid 1, (2) liquid 2 or gas phase, and (3) the membrane material (Fig. 4.2). r is the 

maximum pore radius. 

 

 

Figure 4.2: Schematic representation of the contact angle. 
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Instead of correcting the Young–Laplace equation using the -coefficient, Kim and Harriott 

[8] proposed a different model (Eq. 4.2), derived from Eq. 2.5 with R1 = R2. They noticed 

that some membranes have a fibrous structure like paper or a mat of glass wool and that 

the pores are the irregular spaces between the adjacent fibers. Therefore Kim and Harriott 

[8] assumed it is more accurate to describe the pores as a donut-like geometry (Figs. 4.1). 

This donut-like geometry is very similar then with cylindrical pillars (Fig. 2.11), but with the 

exception that the meniscus now has a bowl-like shape (R1 = R2, Eq. 2.5). Assuming this 

donut-like geometry resulted in the following model (Eq. 4.2) to describe the breakthrough 

pressure: 

∆𝑃𝑏 =  −
2𝛾cos (𝜃 − 𝛼)

𝑟 (1 +
𝑅
𝑟

(1 − 𝑐𝑜𝑠𝛼))

 (4.2) 

 

with  the interfacial or surface tension,  the contact angle, r the smallest pore radius 

along the pore passage holding the largest pore bottleneck, R the radius of the fibers of the 

membrane forming the pores (Fig. 4.3) and  the correction angle for the pore shape which 

can be calculated from the contact angle. Setting the derivative of Eq. 4.2 to zero (Eq. 4.3) 

yields the following equation (Eq. 4.4), from which  can be calculated: 

𝑑(∆𝑃𝑏)

𝑑𝛼
= 0 (4.3) 

𝑠𝑖𝑛(𝜃 − 𝛼) =

𝑅
𝑟 𝑠𝑖𝑛 𝜃

1 +
𝑅
𝑟

 (4.4) 

 

 

Figure 4.3: SEM pictures of the a) PTFE membrane and b) PP membrane. An example of R (Eq. 4.2) is given in 

a). 
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For air–liquid systems, the model yields adequate correlations but for liquid–liquid systems, 

deviations are large and unsatisfactory [8]; unfortunately no explanation for these 

observations is given. Zha et al. [9] proposed a similar model as Eq. 4.2 by studying 

supported liquid membrane (SLM) systems and introduced a restriction for the correction 

angle . Its absolute value can never be higher than the maximum correction angle m. An 

estimate of m is obtained by measuring the breakthrough pressure with a solvent system 

with a contact angle of the non-wetting phase (in a surrounding of the wetting phase) 

smaller than 100°. Zha et al. [9] used a 25% aqueous ethanol solution and air as the second 

phase to measure this and proceeded as follows. r and R/r are estimated from nonlinear 

regression using Eq. 4.2 by measuring the breakthrough pressure and the contact angle for 

a range of different solvent systems. Knowing this, m is estimated from Eq. 4.2 using the 

breakthrough pressure for the 25% aqueous ethanol/air system. If the absolute value of the 

correction angle from Eq. 4.4 is larger than m, m should be used in Eq. 4.2 to calculate the 

breakthrough pressure. Zha et al. [9] tested this model for three different membranes: 

Durapore HVHP (dpore,max,manufacturer = 1.6 µm, dpore,max, fit = 1.3 µm), Celgard 2500 

(dpore,max,manufacturer = not given, dpore,max, fit = 0.3 µm) and Accurel 2E-PP (dpore,max,manufacturer = 0.8 

µm, dpore,max, fit = 0.8 µm) and concluded that the fitted maximal pore sizes were in 

agreement with those provided by the manufacturers. Zha et al. [9] also pointed out that r 

and R can be estimated from SEM pictures of the membrane. Caution should however be 

taken as the pore shape is often irregular making it difficult to correctly estimate the pore 

size from a SEM picture. 

 

Franken et al. [10] also studied the model of Kim and Harriott [8] and proposed that this 

model is only valid when the pore edges are “rounded”. However, when the pores of the 

membrane are “sharp-edged” (Fig. 4.1) the denominator of Eq. 4.2, has to be modified: 

∆𝑃 = −
2 𝛾 𝑐𝑜𝑠 (𝜃 − 𝛼)

𝑅 𝑐𝑜𝑠𝛼
 (4.5) 

 

The breakthrough pressure is reached when the meniscus has to overcome the narrowest 

point in the pore. This ‘sharp- edged’ barrier is overcome when P equals: 

∆𝑃 𝑏 = −
2 𝛾 𝑐𝑜𝑠 (𝜃 + 𝛼𝑚)

𝑟
 (4.6) 

 

At the sharp-edged barrier, Rcos = r as the pore is then at its narrowest point. However, as 

indicated by Franken et al. [10], most of the membranes have rounded pores, and the 
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sharp-edged structure is only obtained with special production processes (e.g., thermal 

inversion with slow cooling). 

 

From all the models, it is clear that the interfacial tension, the contact angle and the pore 

radius and morphology are the deciding factors that determine the breakthrough pressure. 

However, it is not clear which model is most suitable to predict the breakthrough pressure 

under common conditions. 

 

In the first situation the pressure of the non-wetting phase was higher than that of the 

wetting phase. In the second situation the pressure of the wetting phase is higher than that 

of the non-wetting phase. This is always an undesirable state as breakthrough will always 

occur, now of the wetting phase into the non-wetting phase. This is logical since there is no 

capillary action anymore holding back the wetting liquid. Consequently, no such 

experiments were conducted in § 4.3.  

4.3 Experimental 

4.3.1 Chemicals 

The water used throughout the experiments was prepared in the laboratory (Milli-Q-

gradient, Millipore, Bedford, MA, USA). Methyl isobutyl keton (MIBK) was purchased from 

Acros Organics and the remaining chemicals used were purchased from Sigma–Aldrich. All 

chemicals were of analytical reagent grade. 

4.3.2 Breakthrough pressure 

The breakthrough pressure was determined for 5 different water/organic solvent systems 

(n-heptane, 1-octanol, ethyl acetate, MIBK and toluene) and two different flat sheet 

membranes (Table 4.1). 

 

Table 4.1: Specifications of the examined membranes provided by the manufacturer. 

Material Manufacturer Porosity (%) Thickness (µm) Pore size (nm) 

PTFE 
Frisnette Aps 

(Advantec T010A304D) 
68 70 100a 

Polypropylene 
Celgard 

(Celgard 2500) 
55 25 64b 

a Measured by the bubble point test method. 
b Measured by the water intrusion test method. 
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The membrane microcontactor (MMC) described in § 3.2.2 was used to measure the 

breakthrough pressure. First, all air was removed by rinsing both channels with methanol at 

a flow rate of 5 mL/min using an HPLC pump (Shimadzu). Once all the air was removed, 

water and the organic solvent were fed into the MMC using two syringe pumps (kd 

Scientific) at a flow rate of 50 µL/min (Fig. 4.4a). Subsequently, the pressure at the non-

wetting side of the membrane was gradually increased using a backpressure regulation 

valve at the outlet of the MMC, until breakthrough at the outlet was observed. The 

pressures at both inlets and outlets were monitored using 4 pressure transducers (Gefran, 

model no. TK-N-1-E-B01D-H-V). Once breakthrough was observed, the pressure difference 

at that moment across the membrane revealed the critical pressure. Every breakthrough 

pressure was measured three times. In order to check if the design of the MMC or the flow 

of the liquids has an influence on the breakthrough pressure, the breakthrough pressure for 

the 5 solvent systems was also measured for the PTFE membrane using a sample holder 

and a pressurized vessel (Fig. 4.4b). A pre-cut piece of the PTFE membrane (72 mm²) was 

clamped between two aluminum bodies. The organic wetting solvent was applied on top 

and water the non-wetting solvent was allowed to flow for a few minutes underneath the 

membrane to remove all the air bubbles. Once all the air was removed, this exit was closed 

and the pressure was gradually increased using a pressure regulator until breakthrough was 

visually observed. This was repeated three times. 

 

 

Figure 4.4: Schematic drawing of the setups to measure the breakthrough pressure. a) MMC setup: (1) syringe 

pump, (2) pressure transducer, (3) MMC and (4) backpressure regulation valve. b) Sample holder setup: (1) 

nitrogen gas bottle, (2) pressure controller, (3) pressurized vessel and (4) sample holder. 

 

The different models and setups were compared by calculating the average difference 

between the measured breakthrough pressure and the one predicted by the model as 

follows: 
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𝜀 =  
100%

𝑛
∑

|∆𝑃𝑏,𝑗,𝑚 − ∆𝑃𝑏,𝑗,𝑐|

∆𝑃𝑏,𝑗,𝑚

𝑛

𝑗=1

 (4.7) 

 

with  the average difference and n the number of measurements. 

 

4.3.3 Contact angle 

The contact angles were measured with the sessile drop method (KrüssKR DSA30). A piece 

of the membrane was clamped and submerged in the wetting liquid in a cuvette and a 5 µL 

droplet of the non-wetting liquid was dispensed, using an automated syringe of 10 µL. Once 

the droplet rested onto the membrane a picture was taken sideways from which the 

contact angle was determined. 

 

4.4 Results and discussion 

4.4.1 Study of the breakthrough models 

The contact angle and breakthrough pressures were measured for different solvents for the 

PTFE and PP membranes (see Table 4.2). The interfacial tension value was taken from 

literature [11]. The breakthrough pressure of n-heptane and toluene could not be 

determined for the polypropylene membrane, because the pressure to be measured was 

higher than the maximum operating pressure (i.e. 10 bar) of the used pressure transducers. 

These results were used to calculate the breakthrough pressures (Pb, c) for the different 

models in order to check their validity. The free parameters of each model were fitted by 

the sum of least squared values. 
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Table 4.2: Contact angle and breakthrough pressure results measured using the MMC setup (Fig. 4.4a). 

  (mN/m)a PTFE membrane  PP membrane 

  Pb,m (bar)  (°)  Pb,m (bar)  (°) 

n-Heptane 51 3.03  0.14 128.4  2.5  ORb / 

1-Octanol 8.5 0.59  0.12 133.6  3.5  4.17   0.09 123.8  5.1 

MIBK 15.7 0.74  0.01 138.6  4.2  4.24  0.28 105.9  5.6 

Ethyl acetate 6.8 0.52  0.02 133.5  1.5  1.19  0.05 127.9  4.0 

Toluene 36.1 2.58  0.07 123.1  2.9  ORb / 

a [11] 
b Out of detection range (> 10 bar). 

 

The first examined model was the Young–Laplace model (Fig. 4.5a) (Eq. 4.1).  was 

obtained by fitting for the PTFE and PP membrane, resulting respectively in values of 0.5 

and 2.4. As  should theoretically lie between 0 and 1, this was clearly not the case for the 

PP membrane. A possible explanation is that the given pore size by the manufacturer was 

underestimated. For the Young–Laplace model, the average difference between the 

calculated and measured breakthrough pressure was 37.5%. The second model (Eq. 4.2) 

that was evaluated was the one described by Kim and Harriott [8] and Zha et al. [9] (Fig. 

4.5b). As stated by Zha et al. [9], m is best determined with a solvent system where the 

contact angle of the non-wetting phase is smaller than 100°, as the importance of  

increases with a decreasing contact angle. Zha et al. [9] used an air/25% ethanol mixture for 

this. As for the PTFE membrane, all the contact angles were larger than 123°, it can be 

assumed that m was not reached. Nonetheless, with toluene/water giving the smallest 

contact angle, its m equaled to −56.9° which is in absolute terms larger than all the  

obtained for the other solvent systems, justifying the made assumption. For the PP 

membrane m equaled to −27.7° and was determined from the MIBK/water system. r and 

R/r determined by the best fit with R/r restricted to be non-negative for the PTFE 

membrane were respectively 319 nm and 0.0 and for the PP membrane 43 nm and 1.7 and 

the average deviation equaled 26.7%. These pore sizes are different from those given by 

the manufacturer (Table 4.1) and could be explained by the fact that the manufacturers 

used the bubble point or water intrusion test method to determine the pore size, which 

uses the Young-Laplace model, assuming cylindrical pores, to calculate the pore size. The 

Kim–Harriott–Zha model resulted in a better relation than the Young–Laplace model, which 

was not entirely surprising as two fitting parameters instead of one were used. The best-fit 

R/r value for the PTFE membrane was zero. When looking at the SEM picture of the 
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membrane (Fig. 4.3a), R/r should indeed be very small, as the membrane consisted of very 

thin overlapping and cross-linked fibers. For the PP membrane (Fig. 4.3b) it was more 

difficult to see if the R/r value corresponded to the observed geometry as there was a large 

spread in R. 

 

The third model that was evaluated was the one described by Franken et al. [10] (Fig. 4.5c) 

(Eq. 4.6). Just as the two previous models the fitting parameter in this case m was 

determined by a best fit, which was equal to 124.1° and 48.8° for the PTFE and PP 

membrane respectively. The average deviation was equal to 32.2 %. As this model is only 

valid when the pores have sharp edges, which are not common [10], it was not surprising 

that it resulted in a fit of poorer quality. Observing the SEM pictures of the two tested 

membranes (Fig. 4.3), it was clear that the pores are indeed rounded and not sharp-edged. 

 

From the three models, the Kim–Harriot–Zha model turned out to give the best fit, using 

two fitting parameters only. Looking at the Young–Laplace and the Franken model, one 

could state that the fitting parameters  and  compensate for the pore shape, but the  

parameter in the Young-Laplace model will also correct for the pore size in case the one 

given by the manufacturer is incorrect and in that case  can be larger than one. Looking at 

the Franken model no correction factor is present to correct for an incorrect pore size given 

by the manufacturer. Combining both parameters a fourth empirical model (Eq. 4.8) could 

be composed, where  and  correct for the pore shape, but where  can also corrects for 

an incorrect pore size: 

∆𝑃𝑏 = −
2𝛾𝛽𝑐𝑜𝑠(𝜃 + 𝛼)

𝑟
 (4.8) 

 

Using both an - and -parameter an average deviation of 25.0 % was obtained (Fig. 4.5d). 

This is an improvement of around 10 % compared to the Young–Laplace and Franken 

model, and a slight improvement compared to the Kim–Harriot–Zha model, but which 

requires a system with a low contact angle to determine m .  was 0.5 and 1.2 for the PTFE 

and PP-membrane respectively and  was 105.9° and 30.1°. 
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Figure 4.5: The measured breakthrough pressure vs. the calculated breakthrough pressure with the respective 

models: a) Model of Young-Laplace, b) Model of Kim-Harriott-Zha, c) Model of Franken et al., d) Fourth model 

combining  and  (Eq. 4.8) ( PTFE,  PP). The solid line corresponds to the values expected according to 

the model. 

 

Although this fourth proposed model is an improvement of the previous reported models, 

the average deviation is still 25.0 %. Especially for the polypropylene membrane deviation is 

large and could perhaps be due to swelling of the membrane, which can alter the 

membrane characteristics [12]. Also the presence of the pores could have an impact on the 

contact angle measurements and could possibly also explain the 25.0 % average deviation. 

The most accurate way to measure the contact angle would be to use non-porous smooth 

surfaces with an identical chemical and physical composition (e.g., molecular weight, 

additives) as the membrane material. However, as it is often impossible to find a sample 

with a smooth surface with a composition that is identical as that of the membrane 

material, there is a need for a model that can predict the breakthrough pressure with a 

certain accuracy when such smooth surfaces are not available and the contact angle can 

only be measured by using the membrane itself. This is exactly the approach that has been 

followed in this chapter and a 25.0 % average deviation is then considered to be 

acceptable. 
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4.4.2 Influence of operating conditions 

In order to verify whether it was correct to measure the breakthrough pressure with the 

MMC module the breakthrough pressure was also measured using a second setup (Fig. 

4.4b, Table 4.3). By using a pressure vessel, the pressure can be increased until 

breakthrough is observed in such a way that there was no movement of the liquids. Beside 

the normal pressure difference across the membrane during flow, there is also a tangential 

stress exerted by the friction of the flowing fluids [13]. This raised the question whether 

this tangential stress influences the breakthrough pressure, however as reported by 

Berthier et al. [13] it is expected to be negligible. 

 

Table 4.3: Breakthrough pressure results measured using the sample holder setup. 

 n-Heptane 1-Octanol MIBK Ethyl acetate Toluene 

Pb, m (bar) 3.25  0.10 0.52  0.02 0.68  0.01 0.33  0.04 2.27  0.04 

 

The breakthrough pressures of both setups are depicted in Fig. 4.6 with an average 

difference of 2.4 % between the two methods. It is thus possible to predict the 

breakthrough pressure in future MMC experiments by measuring the breakthrough 

pressures of a few solvent systems using the same MMC setup and there is, consequently, 

no need for building a second setup. 

 

 

Figure 4.6: The measured breakthrough pressures vs. the calculated pressure according to the modified 

Young-Laplace model (Eq. 4.8) for the PTFE membrane using the MMC setup () and the sample holder setup 

(). 

 

Comparing the four models, the preference is given to the model that is proposed fourthly 

(Eq. 4.8), since it gives the best correlation and no special solvent system is required to 

obtain the fitting parameters as well. Once they are known, it is only necessary to measure 

the contact angle to have a reasonable estimation of the breakthrough pressure, this is 
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important when one wants to operate the system for a longer period of time [14]. By 

continuously monitoring the transmembrane pressure, process parameters such as back 

pressure or flow rates can be regulated, ensuring a stable operation. 

 

It was observed from the SEM pictures (Fig. 4.3) that both membranes have a large pore 

size distribution which cannot be neglected. Knowing that the maximum pore size has a big 

influence on the breakthrough pressure, further improvement is possible here. Van Rijn 

[15] produced highly ordered membranes for microfiltration using an etching step after 

laser interference or deep UV lithographic definition of the pores. Fully cylindrical uniform 

pores with pore sizes of 100 nm to 1 µm and thicknesses beneath 1 µm were 

demonstrated. For such membranes, the Laplace model can be used, due to the cylindrical 

and smooth pore shapes. Using supporting beams, the maximum allowed transmembrane 

pressure upon rupture was estimated to be 2 bar, which allows for high liquid velocities. 

Downside of these support beams is that it results in a low overall porosity (25%, [15]), 

reducing the extraction kinetics. However, as these membranes are extremely thin (< 1 µm) 

the negative impact of the low porosity on the mass transfer resistance is largely 

compensated. With state-of-the-art micromachining techniques, wafers of 30 cm diameter 

can be processed, allowing to fabricate large membrane areas. Nonetheless, a widespread 

implementation on the short term will probably be prevented, due to the high 

accompanying cost. Also taking fouling into consideration, which becomes of greater 

importance at reducing pore sizes, it can be expected that the average user will stick to 

disordered membranes, which can be easily produced with maximal pore sizes with sub-

micron dimensions, for which the models studied in this chapter are of high significance. 

 

4.5 Conclusions 

Three different models from the literature describing the breakthrough pressure were 

compared using experimentally measured breakthrough pressures for a set of liquid/liquid 

combinations and two different membranes (PTFE and PP). The Young–Laplace and the 

Franken et al. model gave an average deviation of 37.5 % and 32.2 % while the Kim–

Harriott–Zha model produced an average deviation of 26.7 %. A disadvantage of this latter 

model is that a search for a solvent system with low contact angle is advised to find m. For 

this reason, the fitting parameters  and  from the Young–Laplace and Franken et al. 

model were combined into a fourth model to take the pore shape better into account, but 
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also allow for a possible correction of the pore size. Doing so, a slightly better fit was 

obtained with an average deviation of 25.0 %, but more importantly the search for m could 

be avoided.  
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CHAPTER 5   

Modeling of multistage extraction 

 

 

 

 

 

 

In chapter 3 in-situ co and countercurrent extraction was demonstrated. In this chapter 

multistage countercurrent extraction with multiple membrane microcontactors is 

demonstrated, by extracting benzyl alcohol from n-heptane with water as extractant, 

without the need for active pressure control or additional pumps in between stages. An 

analytical model to describe the concentration profile as a function of the residence time is 

presented for the different configurations. From the obtained experimental results, the 

Sherwood number is determined for a channel filled with diamond shaped pillars having in 

between the pillars an aspect ratio (width/depth) of 3. This allows to calculate the local 

mass transfer coefficients and to determine the mass transfer kinetics. The obtained model 

can be used for the prediction of purity levels and allows to optimize the set-up 

configuration. 

 

 

 

 

 

This chapter has been published in: 

J. Hereijgers, N. van Oeteren, J.F.M. Denayer, T. Breugelmans, W. De Malsche, Multistage counter-current solvent 

extraction in a flat membrane microcontactor, Chem. Eng. J. 273 (2015) 138-146. 
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Nomenclature 
 

P pressure (Pa) N number of theoretical plates (\) 
Q flow rate (m³/s) h channel depth (m) 
n number of pores (\) K overall mass transfer coefficient (m/s) 
r pore radius (m) L length of the MMC (m) 
D diffusion coefficient (m²/s) H partition coefficient (\) 
t time (s) C concentration (mol/m³) 
u velocity (m/s)   

 
Greek Symbols Subscript 
µ dynamic viscosity (Pa s) per permeate 

²x peak spatial variance (m²) f feed 

²t time based peak variance (s²) s extraction solvent 

 correction factor (\) R raffinate 
  E extract 
  i stage number 
  j cell number 
  m membrane 
  eff effective 
    

 

 

5.1 Introduction 

To minimize the needed amount of extraction solvent and maximize the concentration in 

the extract phase, multistage countercurrent extraction is implemented, using multiple 

membrane microcontactors (MMCs). Each MMC operates in cocurrent mode and 

consequently represents one stage. Doing so, a multistage mixer-settler set-up can be 

mimicked. With continuous micro-devices, where the two liquids are mixed and 

subsequently separated, this is however difficult to achieve. Each stage generates a certain 

pressure loss, thus when only two pumps are used, the desired flow direction can never be 

reached. A compensation is then required for this pressure loss, e.g., by using additional 

pumps after each stage [1], to ensure a stable operation. From a process control point-of-

view, this seems easier than it is, especially with miniaturized devices. For instance, when 

the two liquids are partially miscible, a change of flow rate will occur along each stage. 

When the pumps in between the stages do not compensate for this effect, a pressure build-

up or under-pressure (sucking liquid from the previous stage) is generated. The apparently 

easiest solution to this problem is to decouple the different stages by inserting buffering 

tanks, but again flow rate monitoring should take place to avoid flooding or setting the 

tanks dry. From an economical point of view, the use of additional pumps and flow meters 

with a feedback loop could be perceived too expensive. With membrane contactors, there 

is no need for interstage pumps as long as the breakthrough pressure is higher than the 

maximal pressure difference over the membrane. 
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To separate two phases with a microseparator usually the membrane microseparator is 

used, which was developed by the group of Klavs Jenssen [1], [2] and is currently being 

marketed by the company Zaiput. However, to pass all of the wetting phase through the 

pores and achieve a complete phase separation, the pressure difference across the 

membrane has to be larger than the permeate pressure (Eq. 5.1), which can be calculated 

with: 

𝑃𝑝𝑒𝑟 =
8𝜇𝑄𝛿

𝑛𝜋𝑟4
 (5.1) 

 

with Pper the permeate pressure, µ the dynamic viscosity of the permeate phase, Q the flow 

rate,  the membrane thickness, n the number of pores and r the pore radius. In 

comparison to the membrane contactor, this constitutes a second drawback as the needed 

permeate pressure for full separation is inversely proportional with the power of 4 with the 

pore radius, while the breakthrough pressure is only inversely proportional with the power 

of 1 with the pore radius (see chapter 4). This rapidly restricts the working range of 

membrane separators when operating with membranes with a smaller pore radius. 

However, with the membrane contactor the operating range only broadens with a smaller 

pore radius, as there is no needed permeate pressure.  

 

In this chapter, four different configurations of MMCs are presented: in-situ cocurrent, 

multistage countercurrent (two and three stage) and in-situ countercurrent. For these 

different configurations an analytical model is proposed to describe and predict the 

experimental concentration profile as a function of the residence time. Subsequently, these 

models are validated experimentally by extracting benzyl alcohol from n-heptane using 

water as extractant. 

 

5.2 Materials and methods 

5.2.1 Chemicals 

n-Heptane was purchased from Acros Organics and all other chemicals from Sigma–Aldrich 

with a purity of 99 +%. The water used throughout the experiments was prepared in the 

laboratory (Milli-Q-gradient, Millipore, Bedford, MA, USA). 
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5.2.2 Membrane microcontactor 

The MMC consisted of two polyoxymethylene (POM) bodies clamping a tri-layered 

polypropylene/polyethylene/polypropylene membrane (Celgard 2320, dpore = 27 nm, 

thickness = 20 µm, porosity = 39 %). In these POM bodies a channel was milled, containing 

diamond shaped pillars to support the membrane, (Datron M7 CNC mill) of 13 mm wide, 99 

mm long and 100 µm deep (Fig. 5.1). At the inlet the diamond pillars have an aspect ratio 

(AR) of 10, so that the incoming liquid can be uniformly distributed over the entire width of 

the channel. Subsequently, wedges were used to pass these pillars of AR 10 over into pillars 

of AR 1 to maximize the internal volume (74 µl for each channel). The spacing between the 

pillars was always 0.3 mm throughout the entire channel. Before clamping, the membrane 

was stretched around the POM body to avoid rippling and an o-ring was placed around the 

channel to ensure sealing upon clamping. An aluminum holder was placed around the POM 

bodies and tightened with bolts in stages from 1 to 2.5 Nm, 5 Nm and finally 7.5 Nm using a 

torque wrench to guarantee equal clamping over the entire POM bodies. The MMCs were 

connected in the desired configuration, using capillaries with an internal diameter of 200 

µm. Two HPLC pumps (Shimadzu, LC10-AD) provided the liquid flows. 

 

 

Figure 5.1: Schematic representation and fully assembled view of the MMC. 

 

5.2.3 Extraction experiments 

The feed solution consisted of 2 m% benzyl alcohol dissolved in n-heptane. Water was used 

as extraction solvent. The feed solution and extraction solvent were fed into the MMC at a 

flow rate ratio of 1:1 at different flow rates. After flushing the internal volume of the entire 

system three times, a steady-state condition was assumed and samples of both phases 
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were collected at the outlet in an ice bath. This was repeated three times. The samples 

were subsequently analyzed by GC-FID (Agilent, capillary SGE column: 30 m x 0.25 mm, 

stationary phase: BP21 0.25 µm, 1.3 ml/min He, Toven 215 °C). Every sample was visually 

controlled for phase homogeneity to ensure a breakthrough-free operation. Before starting 

a new extraction campaign, a start-up procedure was performed to avoid the presence of 

air bubbles. This consisted of flushing the MMC set-up with isopropanol for 5 min at a flow 

rate of 5 ml/min. 

 

Shake tests were performed to determine the partition coefficient. 5ml of the feed was 

mixed with 5ml of water and manually shaken for 5 min. After complete separation a 

sample was taken from each phase and analyzed by GC. 

 

5.2.4 Peak parking 

The molecular diffusion coefficient of benzyl alcohol in n-heptane, which could not be 

found in the literature, was determined by peak parking [3]. A 20 nL 100 µg/mL plug of 

benzyl alcohol diluted in n-heptane was injected into a capillary (d = 150 µm, L = 65 cm) 

using a Vici Valco injection valve and an HPLC system (Dionex Ultimate 3000 RSLCnano 

System) at a flow rate of 1 µl/ min. Once the plug reached the middle of the capillary, the 

flow was stopped for a certain period of time (tpark). By diffusion, the peak spatial variance 

(²x) increases linearly with the parking time and can be calculated by Einstein’s equation 

for an open capillary (Eq. 5.2). This experiment was repeated at different peak parking 

times, from which the molecular diffusion coefficient can be calculated: 

∆𝜎𝑥
2 = 2𝐷 𝑡𝑝𝑎𝑟𝑘 (5.2) 

 

with D the molecular diffusion coefficient. ²x -values were found by subtracting the ²x -

value with the ²x -value at tpark equal to zero. ²x was calculated from the time based peak 

variance (²t) (Eq. 5.3): 

𝜎𝑥
2 = 𝜎𝑡

2𝑢2 =
𝑡𝑡𝑜𝑡

2 𝑢2

𝑁
 (5.3) 

 

with ttot the total retention time (= elution time + peak parking time), u the velocity of the 

mobile phase during elution and N the number of theoretical plates calculated according to 

the half peak height method. To protect the internal seals of the HPLC-pumps, a loop of 1 

mL was placed between the pump and the injection valve, which was filled either with n-
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heptane or water and methanol was used as displacing fluid. The internal volume of the 

loop was large enough to perform all the experiments without the need to refill.  

 

5.3 Single stage model 

Two different flow types can be distinguished inside a single MMC: co-axial flow (Fig. 5.2a) 

and counter-axial flow (Fig. 5.2b). For each flow type, a model (Eqs. 5.4 and 5.6) has been 

derived in chapter 3. For co-axial flow, the following relation is valid: 

 

𝐶𝑅 =

𝛼𝑓

𝛼𝑠
𝐶𝑓 +

𝐶𝑠
𝐻

1 +
𝛼𝑓

𝛼𝑠

+
𝐶𝑓 −

𝐶𝑠
𝐻

1 +
𝛼𝑓

𝛼𝑠

𝑒
−

𝐾𝐿
𝑢𝑓ℎ𝑓

(1+
𝛼𝑓

𝛼𝑠
)
 

𝐶𝐸 =
𝐻

𝛼𝑓

𝛼𝑠
𝐶𝑓 + 𝐶𝑠

1 +
𝛼𝑓

𝛼𝑠

−
𝐻

𝛼𝑓

𝛼𝑠
𝐶𝑓 −

𝛼𝑓

𝛼𝑠
𝐶𝑠

1 +
𝛼𝑓

𝛼𝑠

𝑒
−

𝐾𝐿
𝑢𝑓ℎ𝑓

(1+
𝛼𝑓

𝛼𝑠
)
 

(5.4) 

𝛼𝑓 =  
𝑢𝑓ℎ𝑓

𝐾𝐿
 𝛼𝑠 =

𝑢𝑠ℎ𝑠𝐻

𝐾𝐿
 𝑡 =  

𝐿

𝑢𝑓
 (5.5) 

 

with C the concentration, u the velocity, h the channel depth, K the overall mass transfer 

coefficient, L the length of the MMC, H the partition coefficient and t the residence time. 

The subscripts R, E, f and s represent the raffinate, extract, feed and extraction solvent 

phase, respectively. For counter-axial flow, the raffinate and extract concentrations are 

obtained by Eq. 5.6 (see also chapter 3): 

 

𝐶𝑅 =
𝐶𝑓 (1 −

𝛼𝑓

𝛼𝑠
) 𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
−

𝐶𝑠
𝐻 𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
+

𝐶𝑠
𝐻

1 −
𝛼𝑓

𝛼𝑠
𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
 

𝐶𝐸 = 𝐶𝑠 + 𝐻
𝛼𝑓

𝛼𝑠
𝐶𝑓 −

𝛼𝑓

𝛼𝑠

𝐻𝐶𝑓 (1 −
𝛼𝑓

𝛼𝑠
) 𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
− 𝐶𝑠𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
+ 𝐶𝑠

1 −
𝛼𝑓

𝛼𝑠
𝑒

(
1

𝛼𝑠
−

1
𝛼𝑓

)
 

(5.6) 
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Figure 5.2: Schematic representation of the two different flow types: a) cocurrent and b) In-situ 

countercurrent. 

 

5.4 Multistage model 

Beside counter-axial flow inside a single MMC (Fig. 5.2b), multiple MMCs can be ex situ 

countercurrent wise interconnected (Fig. 5.3). Inside a single MMC, the liquids still flow co-

axially, but externally the exiting extract phase flows towards the inlet of the previous 

stage. While with in-situ counter-axial flow, the number of stages depends on the residence 

time, the multi-stage configuration results in a fixed number of stages. In this way, a similar 

configuration was obtained as with a set-up of mixer-settlers in countercurrent. This is 

interesting in the context of process development (e.g., parameter screening), for instance, 

where the mass transfer is harder to predict with mixer-settlers, especially between 

upscaling stages, as the droplet size changes due to different operating conditions (e.g., 

impeller size, design, speed). The case study will influence the droplet size as well, for 

instance because of a change in interfacial tension. For the multi-stage MMC set-up a 

model (Eq. 5.7) was derived to describe the mass transfer. As the flow direction inside the 

MMCs remains identical to the cocurrent modus, the model is for each stage identical to 

Eq. 5.4, but where Cs is often zero CE,i+1 is different from zero, resulting in the following set 

of equations (two for each stage) for multistage countercurrent operation: 

𝐶𝑅,𝑖 =

𝛼𝑓

𝛼𝑠
𝐶𝑅,𝑖−1 +

𝐶𝐸,𝑖+1

𝐻

1 +
𝛼𝑓

𝛼𝑠

+
𝐶𝑅,𝑖−1 −

𝐶𝐸,𝑖+1

𝐻

1 +
𝛼𝑓

𝛼𝑠

𝑒
−

𝐾𝐿
𝑢𝑓ℎ𝑓

(1+
𝛼𝑓

𝛼𝑠
)
 

𝐶𝐸,𝑖 =
𝐻

𝛼𝑓

𝛼𝑠
𝐶𝑅,𝑖−1 + 𝐶𝐸,𝑖+1

1 +
𝛼𝑓

𝛼𝑠

−
𝐻

𝛼𝑓

𝛼𝑠
𝐶𝑅,𝑖−1 −

𝛼𝑓

𝛼𝑠
𝐶𝐸,𝑖+1

1 +
𝛼𝑓

𝛼𝑠

𝑒
−

𝐾𝐿
𝑢𝑓ℎ𝑓

(1+
𝛼𝑓

𝛼𝑠
)
 

(5.7) 

 

with the subscript i the stage number. 
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Figure 5.3: Schematic representation of the multi-stage countercurrent configuration: a) a unit cell of N stage 

countercurrent, b) two stage countercurrent and c) three stage countercurrent. 

 

By solving this set of equations, the concentration of the extract and raffinate after each 

stage can be calculated. This allows in turn the determination of the extraction efficiency as 

a function of the number of stages and the residence time. Using multiple MMCs, it also 

becomes possible to add streams in between MMCs or to operate in crosscurrent mode.  

 

From Eq. 5.4 it can be seen that at infinite residence time the ratio of the concentration in 

the extract phase and the raffinate phase equals the partition coefficient (Eq. 5.8): 

lim
𝑡→∞

𝐶𝐸

𝐶𝑅
= 𝐻 (5.8) 

 

In multistage countercurrent modus, this ratio will be larger than the partition coefficient. 

For the two stage countercurrent modus (Fig. 5.3b) with infinite residence time the 

following set of equations (Eq. 5.9) was obtained: 
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𝐶𝑅,1 =

𝛼𝑓

𝛼𝑠
𝐶𝑓 +

𝐶𝐸,2

𝐻

1 +
𝛼𝑓

𝛼𝑠

 𝐶𝑅,2 =

𝛼𝑓

𝛼𝑠
𝐶𝑅,1 +

𝐶𝑠
𝐻

1 +
𝛼𝑓

𝛼𝑠

 

(5.9) 

𝐶𝐸,1 =
𝐻

𝛼𝑓

𝛼𝑠
𝐶𝑓 + 𝐶𝐸,2

1 +
𝛼𝑓

𝛼𝑠

 𝐶𝐸,2 =
𝐻

𝛼𝑓

𝛼𝑠
𝐶𝑅,1 + 𝐶𝑠

1 +
𝛼𝑓

𝛼𝑠

 

 

from which Eq. 5.10 can be derived: 

lim
𝑡→∞

𝐶𝐸,1

𝐶𝑅,2
= 𝐻 (1 +

𝛼𝑆

𝛼𝑓
) (5.10) 

 

For the three stage countercurrent modus (Fig. 5.3c) analogous Eq. 5.11 was derived: 

lim
𝑡→∞

𝐶𝐸,1

𝐶𝑅,3
= 𝐻 (1 +

𝛼𝑆

𝛼𝑓
+ (

𝛼𝑠

𝛼𝑓
)

2

) (5.11) 

 

Looking at Eqs. 5.8, 5.10 and 5.11, the following general form (Eq. 5.12) can be written: 

lim
𝑡→∞

𝐶𝐸,1

𝐶𝑅,𝑁
= 𝐻 ∑ (

𝛼𝑠

𝛼𝑓
)

𝑖−1𝑁

𝑖=1

 (5.12) 

 

When MMCs were used with equal channel depths (hf = hs) and the flow rate ratio is 1:1, 

Eq. 5.13 can be derived from Eq. 5.12: 

lim
𝑡→∞

𝐶𝐸,1

𝐶𝑅,𝑁
= ∑ 𝐻𝑖

𝑁

𝑖=1

 (5.13) 

 

5.5 Results 

The corresponding model for each configuration was fitted to the experimental 

measurements (Fig. 5.4) by varying the overall mass transfer coefficient until the sum of the 

squared errors was at its minimum (Table 5.1). The experimental error was determined for 

each data point by calculating the 95 % confidence interval. As with the three-stage 

countercurrent configuration, the concentration of the raffinate phase becomes lower than 

1 mmol/L at residence times larger than 1.5 min, larger error bars were observed as the 

concentrations were then at the limit of quantification. The same applies to the in-situ 

countercurrent configuration at residence times beyond 1.25 min. However, due to the low 
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values of the concentration, the absolute deviations of the raffinate concentration were 

however small. From the shake tests a partition coefficient of 5.5 with a 95 % confidence 

interval of ± 0.6 was determined. The impact of this 95 % confidence interval on the 

extraction kinetics is shown by the dotted lines, which represent H ± 0.6. Looking at Eq. 

5.12 it can be perceived that this error range increases with the number of stages. 

 

 

Figure 5.4: The fitted extraction kinetic plots for the different MMC configurations: a) cocurrent, b) two stage 

countercurrent, c) three stage countercurrent, d) in-situ countercurrent. The solid line represents the fitted 

models. The dotted lines represent the error of the model taking the 95 % confidence interval of the partition 

coefficient into account. 

 

Table 5.1: The fitted overall mass transfer coefficient for each configuration. 

Configuration K (x 10-6 m/s) 

Cocurrent 7.98 

2 stage countercurrent 8.95 

3 stage countercurrent 10.73 

In-situ countercurrent 7.55 

 

A good fit was obtained with the proposed model. The average value of the fitted overall 

mass transfer coefficients for the different configurations was found to be K = 8.80 x 10-6 

m/s with an average standard deviation of 16 %. Taking the experimental errors into 
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account, this value can be considered as a good approximation constant (see § 8.5.1). From 

this overall mass transfer coefficient, the Sherwood number can then be calculated (Eqs. 

3.4, 3.5 and 3.13), allowing the prediction of the mass transfer kinetics. With the support 

pillars being only 0.3 mm apart and a channel depth of 100 µm the aspect ratio has a value 

of 3. Because of this, the Sherwood number for a parallel plate configuration (which has a 

value of 5.38, see § 3.6.2) was not valid anymore. An aspect ratio of at least 10 should be 

reached to correctly assume a parallel plate configuration [4]. The error on the flow field is 

then only 7 % in comparison to the exact solution for a rectangular cross-section. However, 

when the aspect ratio decreases to 3, this error rises to 23 %. To determine the Sherwood 

number, the diffusion coefficient of benzyl alcohol in water and n-heptane must be known. 

In water it was found to be 0.93 x 10-9 m²/s [5]. As the diffusion coefficient of benzyl alcohol 

in n-heptane was not found in the literature, it was determined by peak parking. Direct 

from the slope in Fig. 5.5, according to Eq. 5.2, a very high diffusion coefficient of 1.09 x 10-8 

m²/s was obtained, which was considered unrealistic. Looking at different models to predict 

the diffusion coefficient of benzyl alcohol in n-heptane (Table 5.2) an average diffusion 

coefficient of (3.26  0.75) x10-9 m²/s was found, which was much lower than the 

experimental value. Consequently, the experimentally determined diffusion coefficient 

needed to be corrected. This was done, by relative comparing it with a peak parking 

experiment with acetophenone in water (Fig. 5.5), from which the diffusion coefficient was 

known from literature: 0.79 x 10-9 m²/s [5]. After correction, a diffusion coefficient for 

benzyl alcohol in n-heptane of 3.68 x 10-9 m²/s was found, which was in accordance with 

the different diffusion coefficient models (Table 5.2). 

 

Table 5.2: Diffusion coefficient of benzyl alcohol in n-heptane calculated from different models [6]. 

Model D (x 10-9 m²/s) 

Wilke-Chang 3.13 

Scheibel 4.36 

Reddy and Doraiswamy 2.81 

Lusis-Ratcliff 2.75 
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Figure 5.5: The peak spatial variance as a function of the peak parking time for the peak parking experiment 

of acetophenone in water and benzyl alcohol in n-heptane. 

 

With both diffusion coefficients now known, a Sherwood number of 0.94 was obtained 

from the average overall mass transfer coefficient. The Sherwood number thus decreases in 

comparison to the parallel plate configuration. By the insertion of the pillars, more walls are 

present inside the channel and as the velocity at the wall is zero, a less uniform three-

dimensional flow profile is observed. 

 

In Fig. 5.6a (and Fig. 5.4) it seems that the time needed for reaching equilibrium increases 

with the number of stages. This is however logical, as the internal volume increases with 

the number of stages. The time needed to reach equilibrium in cocurrent equals to 1.5 min, 

corresponding to a flow rate of 50 µl/min. At this flow rate, which corresponds to a total 

residence time of 1.5 min, 3 min and 4.5 min for the respectively one, two and three stage 

countercurrent configuration, it was seen that in all configurations the equilibrium was 

reached (Fig. 5.6b), as expected. 

 

 

Figure 5.6: The experimental extraction kinetics as a function of a) the residence time and b) flow rate for the 

cocurrent, two stage countercurrent and three stage countercurrent configuration. 
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5.6 Semi-numerical model 

At the used feed concentration of 2 m% benzyl alcohol in n-heptane, the partition 

coefficient was found to be constant for decreasing concentrations. However, an extraction 

is often performed near the maximum solubility concentration, easily reaching up to 

concentrations of 10 % or more. Then, the partition coefficient is often found not to be 

constant. In this case an analytical model can no longer be derived. However, based on the 

proposed models, a semi-numerical work-around is presented here which can be solved in 

a matter of minutes with a standard computer. 

 

First of all, the relation between the partition coefficient and the raffinate concentration 

needs to be determined. This can be easily accomplished with shake tests at different feed 

concentrations. By dividing the MMC into a sufficiently large number of equal cells (Fig. 

5.7), the partition coefficient in one single cell can be again assumed constant. 

 

 

Figure 5.7: Schematic representation of the semi-numerical work-around for the a) N stage countercurrent 

and b) in-situ countercurrent configuration. 

 

For the cocurrent and N stage countercurrent mode the following equations apply: 

 

𝐶𝑅,𝑖,1 = 𝐶𝑅,𝑖−1 𝐶𝐸,𝑖,1 = 𝐶𝐸,𝑖+1 𝐶𝑅,𝑖 = 𝐶𝑅,𝑖,𝑀 𝐶𝐸,𝑖 = 𝐶𝐸,𝑖,𝑀 (5.14) 

𝐶𝑓 + 𝐶𝑠 = 𝐶𝑅,𝑁 + 𝐶𝐸,1 (5.15) 



CHAPTER 5: Modeling of multistage extraction 

110 

𝐶𝑅,𝑖,𝑗 =

𝛼𝐹
𝛼𝑆

𝐶𝑅,𝑖,𝑗−1 +
𝐶𝐸,𝑖,𝑗−1

𝐻

1 +
𝛼𝐹
𝛼𝑆

+
𝐶𝑅,𝑖,𝑗−1 −

𝐶𝐸,𝑖,𝑗−1

𝐻

1 +
𝛼𝐹
𝛼𝑆

𝑒
−

𝐾𝐿
𝑢𝐹ℎ𝐹

(1+
𝛼𝐹
𝛼𝑆

)
 (5.16) 

𝐶𝐸,𝑖,𝑗 = 𝐶𝐸,𝑖,𝑗−1 + 𝐻
𝛼𝐹

𝛼𝑆
( 𝐶𝑅,𝑖,𝑗−1 − 𝐶𝑅,𝑖,𝑗) (5.17) 

 

By varying the cells CE,i,1 for each stage until the left and right hand side of the overall mass 

balance (Eq. 5.15) is equal to each other, the concentration profile is obtained. Analogous 

for the in-situ countercurrent configuration: 

 

𝐶𝑅,1 = 𝐶𝐹 𝐶𝐸,1 = 𝐶𝐸,2 𝐶𝐸 = 𝐶𝐸,1 𝐶𝑅,𝑀 = 𝐶𝑅,𝑀−1 𝐶𝑅 = 𝐶𝑅,𝑀 𝐶𝐸,𝑀 = 𝐶𝑆 (5.18) 

𝐶𝑅,𝑗−1 + 𝐶𝐸,𝑗+1 = 𝐶𝑅,𝑗 + 𝐶𝐸,𝑗 (5.19) 

𝐶𝑓 + 𝐶𝑠 = 𝐶𝑅 + 𝐶𝐸 (5.20) 

𝐶𝑅,𝑗 =
𝐶𝑅,𝑗−1 (1 −

𝛼𝐹
𝛼𝑆

) 𝑒
(

1
𝛼𝑆

−
1

𝛼𝐹
)

−
𝐶𝐸,𝑗+1

𝐻
𝑒

(
1

𝛼𝑆
−

1
𝛼𝐹

)
+

𝐶𝐸,𝑗+1

𝐻

1 −
𝛼𝐹
𝛼𝑆

𝑒
(

1
𝛼𝑆

−
1

𝛼𝐹
)

 (5.21) 

 

In contrary to the N stage countercurrent mode, every CE,j cell should be varied until all the 

local mass balances (Eq. 5.19) and the overall mass balance (Eq. 5.20) are balanced. 

 

5.7 Discussion 

When aiming for high purities, even the in-situ countercurrent configuration can be 

insufficient to achieve the desired purity when the selectivity (ratio of the partition 

coefficients) is low. Assume for example the extraction of an equimolar two component 

mixture with a selectivity of 10 (H1 = 5.5; H2 = 0.55). The purity of the extract will in this case 

only reach 64.5 % (Fig. 5.8). This is because with a partition coefficient smaller than H = 1 

the extract and raffinate concentration of component 2 will hardly change any further after 

5–10 stages (Eq. 5.12) and the same is true for the raffinate and extract concentration of 

component 1 as most of it is extracted after 5–10 stages. Therefore, a second MMC-unit 

has to be added to wash the extract with fresh solvent in order to further increase the 

purity. In this way the purity increases to 99.9 %. If both MMC-units were operated in the 

cocurrent mode, only a purity of 85.0 % would be reached with a yield that is 10.1 % lower. 
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Figure 5.8: Effect on the purity of component 1 in the extract phase (H1 = 5.5) when adding a wash stage using 

fresh solvent. An MMC with the same characteristics as in Section 5.2.2 is assumed, an overall mass transfer 

coefficient of 8.8 x 10
-6

 m/s for both components and an equimolar concentration of 1 mol/L. 

 

Aiming for the regeneration of the extraction solvent, an additional MMC unit can be used 

to strip the loaded extraction stream.  

 

5.8 Conclusions 

An analytical model to predict the concentration profile as a function of the residence time 

has been proposed and validated by experimental data for multistage countercurrent 

extraction in an MMC. In order to allow the calculation of the local mass transfer 

coefficients and predict the mass transfer kinetics, the Sherwood number was determined. 

Because the used pillar design has an aspect ratio of 3, it was no longer justified to use the 

Sherwood number for a parallel plate configuration. As the model was derived with the 

assumption that the partition coefficient was constant, a semi-numerical workaround, 

solvable in minutes, was proposed. The partition coefficient is indeed often not constant for 

high concentrations, preventing to derive an analytical solution. 
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CHAPTER 6  

Membrane deflection and spacer 

structuring 

 

In this chapter, the impact of the spacer features (interpillar distance and shape) on the 

membrane deflection, pressure difference across the membrane, and mass transfer were 

studied for the flat membrane microcontactor. It was demonstrated that decreasing the 

interpillar distance between the circular pillars reduced membrane deflection considerably. 

As a consequence, also the pressure difference across the membrane decreased, which 

lowers the possibility of breakthrough. However, this was only the case until an interpillar 

distance of 836 µm was reached. Decreasing the interpillar distance even more, causes the 

pressure difference across the membrane to increase again. This was because of the 

smaller gap between the pillars, resulting in a higher hydraulic resistance. However, it was 

demonstrated that with radially elongated (diamond shaped) pillars and wedges, the 

pressure difference across the membrane remained minimal at small interpillar distances 

(i.e. 305 µm). Finally, the effect of the membrane deflection on the mass transfer was 

studied. It was shown that membrane deflection can have either a positive or negative 

impact on the mass transfer. Concomitantly, solvent inside the pores instead of the feed is 

not always beneficial when membrane deflection is taken into account. Therefore, design 

rules for the spacer geometry were deduced, which allowed to maximize mass transport. 

 

 

This chapter has been submitted in: 

J. Hereijgers, H. Ottevaere, T. Breugelmans, W. De Malsche, Membrane deflection in a flat membrane microcontactor: 

study of spacer features, J. Memb. Sci., Submitted. 
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Nomenclature 
 

Sh Sherwood number hm, max average maximal membrane 
deflection height (m) 

dfiber fiber diameter (m) Paxial axial pressure drop (bar) 

dpore pore diameter (m) Pm, max average maximal pressure difference 
across the membrane (bar) 

u velocity (m/s) Pm, min average minimal pressure difference 
across the membrane (bar) 

Lfiber fiber length (m) K overall mass transfer coefficient (m/s) 
L channel length of the MMC k local mass transfer coefficient (m/s) 
D molecular diffusion coefficient (m²/s) H partition coefficient 
CP circular pillar h channel height (m) 
REP radially elongated pillar C concentration (mol/m³) 
AR aspect ratio x̅ average value 

 
Greek Symbols Subscripts 

 membrane thickness (m) f feed 

 membrane porosity s solvent 

 membrane tortuosity m membrane 

 standard deviation   
    

 

 

6.1 Introduction 

Despite the disadvantages of hollow fibers (see § 2.6), preference is still given to the hollow 

fiber format, as the membrane area is larger and especially because the internal diameter 

at the lumen side (typically between 200-500 µm [1]–[3]) is much smaller than the spacer 

thickness used in flat sheet configurations. Hollow fibers are self-supporting, omitting the 

need to support the membrane. Flat sheet membranes, on the contrary, do require a 

support as they otherwise deflect, due to the pressure difference across the membrane. 

Typically, some sort of porous medium is used for this, for instance a porous frit, which is 

usually prepared by sintering ceramic or metal beads. To guarantee sufficient mechanical 

stability, the frit is minimally a few hundred micrometers thick, resulting in slow mass 

transfer kinetics.  

 

With current microfabrication technology, it is possible to fabricate spacers with depths of 

only hundred micrometers or lower, constructing so-called membrane microcontactors 

(MMCs). With MMCs, the specific interfacial surface is increased, allowing to reach 

equilibrium in minutes, which in turn allows to execute the extraction in a continuous single 

pass mode (see chapters 3 and 5). However, the use of MMCs has only been reported 

scarcely [4]–[6]. Cai et al. [5] used an MMC for analytical purposes and used a channel that 

was only 500 µm wide to keep sample consumption and throughput low (< 10 µl/min). 

Consequently, no spacer structures were needed. De Jong et al. [6] also omitted the need 
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for spacer structures by fabricating porous microstructured sheets. With the phase 

separation micromolding method, they were able to fabricate a membrane patterned with 

microgrooves that acted as the microfluidic channel. Subsequently, by sealing the 

microstructured membrane to a flat substrate (e.g., glass), a membrane equipped 

microreactor was obtained. Because these microgrooves were only 100 µm wide, no 

support structures were needed. Like the MMC reported by Cai et al. [5] the internal 

volume was small, making it well suited for analytical purposes or screening of high-risk 

reactions (e.g., explosive reactions). However, to be viable as a continuous downstream 

separation process, throughput has to increase, requiring wider channels. Willersinn and 

Bart [4] studied a membrane-based microcontactor for a higher throughput, but for this 

purpose they used metal based porous structures (Twilled Dutch Weave and porous 

sintered metal sheet) as a membrane, which are rigid and do not require any support. 

However, the pores of these supports were large (9 and 5 µm respectively), leading to very 

low breakthrough pressures (2070  191 and 2830  516 Pa respectively) with a 

concomitant poor interface stability. Moreover, the porous sintered metal sheet was also 

1.6 mm thick, resulting in a high mass transfer resistance. To this end, polymeric thin 

membranes (thickness < 100 µm) with narrow pores (pore size < 100 nm) are considered to 

be superior, but they require a support structure. However, if this support or spacer 

structure is not designed properly, the pressure drop will be high, which can potentially 

lead to breakthrough or which can affect mass transfer adversely.  

 

In this work the impact of the support structure on the deflection of the membrane and 

pressure difference across the membrane are investigated, as well as the impact of the 

membrane deflection on the mass transfer. Design guidelines for the spacer geometry are 

deduced from these results, which allow to derive case specific design requirements.  

 

6.2 Experimental 

6.2.1 Chemicals 

n-Heptane and methyl isobutyl keton (MIBK) were purchased from Acros Organics with a 

purity of 99 +%. The water used throughout the experiments was prepared in the 

laboratory (Milli-Q-gradient, Millipore, Bedford, MA, USA). 
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6.2.2 Membrane microcontactor 

To study the impact of the spacer geometry, different POM bodies with different spacer 

geometries (Table 6.1, Fig. 6.4) were constructed using a micro-precision mill (Datron M7 

CNC mill) and subsequently assembled in similar manner as in § 5.2.2 using the following 

two membranes: (1) Advantec T010A293D, PTFE, dpore = 100 nm, thickness = 70 µm, 

porosity = 68 % and (2) Celgard 2500, PP, dpore = 64 nm, thickness = 25 µm, porosity = 55 %. 

 

Table 6.1: Specification of the studied pillar arrays (CP = circular pillar; REP = radially elongated pillar; AR = 

aspect ratio (length/width)). 

 Pillar shape Interpillar distance (µm) 

1 CP 3000 

2 CP 1333 

3 CP 836 

4 CP 400 

5 CP 305 

6 REP (AR 1) 305 

 

6.2.3 Constant pressure operation 

Under constant pressure operation, the feed and solvent flows toward the MMC are no 

longer provided by two pumps which operate in constant flow mode, but by two pressure 

vessels, which allows to operate under constant pressure mode. These two vessels were 

filled with water and MIBK and the bottom of the vessels were connected to the MMC. The 

top of each vessel was connected to the same pressure regulator, guaranteeing an identical 

pressure inside each vessel. Pressurized air was used to regulate the pressure. The 

accompanying flow rate was gravimetrically determined by collecting each phase at the 

outlet. Each sample was also visually checked, to guarantee a breakthrough free operation. 

 

6.2.4 Membrane deflection 

The membrane deflection was measured for different spacer designs (Table 6.1) and two 

different membranes (Table 4.1). To measure the membrane deflection, a white-light 

interferometer was used (Bruker GT-I). However, to be able to measure the membrane 

deflection with an interferometer, the membrane must be exposed, as the incoming light 

has to reflect directly onto the membrane surface (Fig. 6.1a). To this end, the MMC holder 
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was adjusted (Fig. 6.1b-c). The holder now only contains one POM body around which the 

membrane is stretched. At the front side of the holder, a viewing window is provided, 

leaving the membrane exposed. However, if the pressure beneath the membrane is larger 

than the atmospheric pressure, the membrane would deflect away from the POM body, 

preventing to measure the impact of the spacer design on the membrane deflection. To this 

end, the membrane must be pulled inwards. To do this, a syringe pump (WPI Aladdin-1000) 

in the withdraw mode was used, such that the pressure beneath the membrane was lower 

than atmospheric pressure. Due to the withdraw mode, n-heptane was sucked from the 

reservoir through the channel towards the syringe and the membrane was pressed into the 

channel. To avoid air being sucked through the pores of the membrane, n-heptane was 

used, as the tested membranes were hydrophobic. If for instance water would be used, the 

pores would be filled with air, and there would be no capillary action holding the air back. 

In that case, the pressure beneath the membrane would be almost equal to the 

atmospheric pressure, as air is continuously sucked through the pores and consequently no 

membrane deflection was observed.  

 

The deflection of the membrane was always measured at the center of the channel, using 

an automated translation table and the axial pressure drop across the MMC channel was 

measured by two pressure sensors (Gefran, model no. TK-N-1-E-N01U-M-V) positioned at 

the inlet and outlet (Fig. 6.1a). By varying the withdraw speed of the syringe pump, the axial 

pressure drop was regulated.  

 

 

Figure 6.1: a) Schematic representation of the interferometer set-up. Picture of the b) front and c) back of the 

assembled holder for the interferometer set-up. 
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The data from the interferometer was analyzed with the accompanying Vision64 software, 

which allowed to stitch multiple images. Subsequently, this data was imported into Matlab 

R2014b to calculate the averaged maximum deflection height of the membrane (hm, max). 

 

6.2.5 Pressure drop 

The maximum pressure difference across the membrane (Pm, max) was determined for 

different flow rates, the two membranes and the different spacer features, using the MMC 

assembly depicted in Fig. 5.1. To measure the pressure difference, pressure sensors 

(Gefran, model no. TK-N-1-E-B01D-H-V) were placed at the inlets and outlets of the MMC 

(Fig. 6.2). The n-heptane and water flows were provided by two HPLC pumps (Shimadzu, 

LC10-AD) in constant flow mode at equal flow rates. The pressure of water and n-heptane 

at the outlet was regulated using two backpressure regulators (Vici JR-BRP1). 

 

 

Figure 6.2: Set-up to measure the pressure difference across the membrane as function of the flow rate. 

6.3 Results and discussion 

6.3.1 Spacer designs 

Proof of the membrane deflection can be obtained by flowing two immiscible liquids in 

constant pressure mode through the MMC. In this case, the flow rate ratio is expected to 

be constant and independent of the applied pressure. Using an MMC with circular pillars 

(CP) spaced far apart (3000 µm), it was clear that the flow rate ratio was not constant (Fig. 

6.3). Concomitantly, the geometry of the channel must be changing with the applied 

pressure, as normally the velocity is only function of the axial pressure drop, yielding in that 
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case a constant flow rate ratio. This indicates that the membrane deflects and consequently 

the height of the channel varies with the applied pressure (see also § 6.3.2) 

 

 

Figure 6.3: Flow rate ratio (MIBK/water) as function of the inlet pressure under constant pressure mode for an 

MMC with CPs spaced 3000 µm apart and equipped with the Advantec T010A304D membrane.  

 

Therefore, a spacer is required, but it should fulfill the following conditions: (1) the 

membrane deflection should be minimal, (2) the pressure difference across the membrane 

should be lower than the breakthrough pressure and (3) a negative impact on the mass 

transfer should be avoided. 

 

If the membrane deflection is large, the channel height will on one side be strongly reduced 

and on the other side subsequently increased (Fig. 6.2). Consequently, in the channel with 

reduced height, the axial pressure drop will increase (P3 >> P4), while in the opposing 

channel with increased height, the axial pressure drop will decrease (P1  P2). Due to this 

combined effect, the pressure difference across the membrane (P2-P4) will increase, which 

can potentially lead to breakthrough. By placing spacer features inside the channel, this 

membrane deflection can be reduced. However, if the spacing between these features is 

small, the axial pressure drop and pressure difference across the membrane will again 

increase, this time due to the spacer itself (i.e. smaller orifices). Consequently, an optimal 

spacer design is required, keeping membrane deflection minimal on the one hand and 

keeping the pressure difference across the membrane below the breakthrough pressure on 

the other hand. 

 

As mentioned earlier, porous frits are not suited as spacer because of their large thickness. 

Alternatively, the channel could be filled with beads of the same diameter as the channel 
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depth to support the membrane. This approach, however, involves the following 

drawbacks: (1) some sort of fixation of the beads is required, to prevent flushing-out; (2) 

packing the channel regularly with the beads is near to impossible to achieve. Due to the 

irregular packing, channeling effects will arise with a negative impact on the mass transfer 

and pressure drop, potentially leading to breakthrough. In contrast, no channeling and 

minimal pressure drop is achieved with regularly structured packings [7]. Therefore, regular 

pillar arrays are most suited as spacer structures (Fig. 6.4).  

 

 

Figure 6.4: a) MMC channel filled with circular pillar (CP) spacer features spaced 400 µm apart in an 

equilateral pattern (a = b = c). b) MMC channel filled with radially elongated pillar (REP) spacer features 

spaced 305 µm apart. 

 

The channel of the MMC consists of two parts: (1) distributor features at the inlet and 

outlet and (2) a pillar array to support the membrane. To increase the throughput a 

relatively large channel width was chosen, i.e. 13 mm. Because the channel is now much 

wider than the inlet and outlet through-hole (1 mm), radially elongated pillars (REP) had to 

be placed near the entrance and the outlet of the channel to distribute the liquid evenly 

and to minimize entrance effects (see chapter 3). To make the transition between the 

distribution REPs with an aspect ratio (AR) of 10 (= width/length) and the REPs with an AR 

of 1 wedges were used (Fig. 6.4b). By lowering the AR, the porosity of the bed increases, 

which lowers the axial pressure drop. The different pillar array designs examined in the 

following sections are given in Table 6.1.  
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6.3.2 Impact of the spacer design on the membrane deflection 

To determine hm, max, the data obtained with the interferometer and the accompanying 

Vision64 software were imported into Matlab R2014b (Fig. 6.5). This allowed determining 

the average pillar height and average maximal deflection of the membrane from which  

hm, max (Fig. 6.1) can be calculated. To this end, first the position of the pillars (represented 

by the white circles or diamonds in Fig. 6.5) was determined for each pillar design. To do 

this, the image obtained from the measurement with the highest axial pressure drop 

(Paxial) was used (left hand side data points in Fig. 6.6). These images were used, because 

the pillars are easier to be distinguished at the highest Paxial. Moreover, the pillar location 

also remained fixed for the other Paxial measurements, due to the use of the automated 

translation table, omitting the need to redetermine the pillar locations for the lower Paxial 

measurements. To determine the pillar locations, the average value of the data points 

within the white circles or diamonds was compared to the highest value in the entire 

image. From this, the sum of least squared errors was determined by moving the pillar 

array (white circles or diamonds) around inside the image. Using this method, the actual 

pillar location could be determined, as can also be verified in Fig. 6.5. 

 

Once the pillar location was determined, its average pillar height was calculated by 

averaging the data within the white circles or diamonds, without the top and bottom 15 % 

values of that data set. Looking at the 3D images, it can be seen that some pillars contain 

peaks. This is because of fringes at the edge of the pillars, that are the result of an unclean 

cut during the milling process, which would, if taken into account, lead to a false result. 

These fringes are common for micromilling and unavoidable. However, they are expected 

to have little impact when the two bodies are pressed to each other. To measure the 

deflection of the membrane with the interferometer, only one body was used. Once the 

average pillar height was calculated, the average maximal deflection of the membrane was 

determined. Because the pillar locations are now known, the location of the maximal 

deflection could be determined from it (represented by the black circles or squares). The 

deflection is largest where the distance between the pillars is also largest. The top and 

bottom 15% of the data points within the black circles or diamonds are discarded and the 

average was subsequently calculated. The difference between these two average values 

yields hm, max. 
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Figure 6.5: 3D graphs and 2D surface plots of the membrane deflection, measured at the highest axial 

pressure drop (most left data points in Fig. 6.6) for the different spacer designs with the Advantec T010A304D 

membrane, using the interferometer set-up (Fig. 6.1): a) CP 3000 µm, b) CP 1333 µm, c) CP 836 µm, d) CP 400 

µm, e) CP 305 µm, f) REP 305 µm. The white circles or diamonds represent the pillar location and the black 

circles or squares the position where the membrane deflection is largest. 

 

 

Figure 6.6: hm, max as function of Paxial for two different membranes: a) Advantec T010A304D: PTFE,   = 70 

µm,  = 68 %; b) Celgard 2500: PP,   = 25 µm,  = 55 %. The error bars are calculated as follows: �̅� ± 𝛔 (with �̅� 

the average and  the standard deviation). 

 

Looking at Fig. 6.6 it is clear that hm, max strongly varies with Paxial and the spacer design. 

As expected, hm, max reduced with a smaller pillar distance. For the Celgard 2500 

membrane complete deflection (channel depth: 100  10 µm) was obtained at Paxial =         

-0.55 bar when the circular pillars were placed 1333 µm apart. By decreasing the interpillar 
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spacing to 305 µm, hm, max was decreased to 18.3 µm at a Paxial of -0.58 bar. When the 

circular pillars were spaced 3000 µm apart, also the Advantec T010A304D membrane 

appeared to be completely pressed to the bottom of the channel. Also the membrane itself 

influences hm, max. Thinner and more porous membranes are interesting because they yield 

a lower mass transfer resistance, but they will also have a lower mechanical strength, 

resulting in a larger deflection and concomitantly in a larger hm, max. This is seen with the 

Advantec T010A304D and Celgard 2500 membrane. With a CP spacer with interpillar 

distance of 836 µm and the Advantec T010A304D membrane hm, max was 46.7 µm with an 

axial pressure drop of 0.60 bar, whereas for the Celgard 2500 membrane which is 45 µm 

thinner hm, max was 77.3 µm at an axial pressure drop of 0.52 bar. Consequently, thinner 

and more porous membranes will require a smaller interpillar distance to keep the 

membrane deflection acceptable. Changing the spacer geometry from CPs to REPs with the 

same interpillar distance (305µm) did not alter the membrane deflection and remains small 

for both membranes; beneath 10 µm for a Paxial lower than 0.35 bar.  

 

6.3.3 Impact of the spacer design on the pressure drop 

As seen in Fig. 6.3, the membrane deflection can influence the axial pressure drop 

considerably. However, decreasing the interpillar distance to decrease this membrane 

deflection can equally result in a negative impact on the axial pressure drop and 

consequently in a larger pressure difference across the membrane, potentially leading to 

breakthrough. To this end, Paxial was measured as function of the flow rate for the 

different spacer designs using the set-up depicted in Fig. 6.2. To prevent breakthrough, the 

pressure of the non-wetting phase (water) must always be larger than the pressure of the 

wetting phase (n-heptane). Using the backpressure regulator, the outlet pressure of water 

(non-wetting phase) was for each flow rate set at 2 bar. It is likely that in a real-life 

application there is a subsequent downstream process, which would give such a 

backpressure. With the used setup, this was mimicked. To minimize the possibility of 

breakthrough, the pressure of n-heptane must be as close as possible to the applied 

pressure of 2 bar. Using a second backpressure regulator, the pressure at the outlet of the 

n-heptane side was subsequently increased until the minimal pressure difference across 

the membrane (Pm, min), either at the inlet or outlet, was 0.1 bar. Therefore, the average 

maximal pressure difference across the membrane (Pm, max) can never be smaller than 0.1 

bar. Preference was given to 0.1 bar and not 0 bar, because in real-life applications a safety 

margin is required as pressure pulsations typically occur. As soon as the pressure of the 
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wetting phase is larger than the pressure of the non-wetting phase, breakthrough occurs. 

Because Pm, min is 0.1 bar the breakthrough pressure has to be larger than 0.1 bar. 

However, for most solvent combinations with these polymeric membranes this is the case 

(see chapter 4). Pm, min for both membranes and every tested flow rate was always 0.1 bar 

with an error margin of 0.03 bar (Fig. 6.7), due to the limited resolution of the backpressure 

regulators. 

 

 

Figure 6.7: Pm, min as function of the flow rate for a) the Advantec T010A304D membrane and b) the Celgard 

2500 membrane. 

 

Once Pm, min reached 0.1 bar and remained stable, Pm, max was measured for 30 seconds at 

the imposed flow rate. Pm, max can either lie at the inlet or outlet, depending on the 

membrane deflection and Pm, min was logically always found at the opposite side (inlet or 

outlet) of Pm, max. In absence of membrane deflection, the pressure difference across the 

membrane was the largest at the inlet of the MMC, due to the axial pressure drop in both 

channels. However, if the membrane deflection was large, the axial pressure drop in the 

deepest channel was negligible in comparison to the axial pressure drop in the other 

channel. In that case, the largest pressure difference across the membrane was observed at 

the outlet.  

 

Looking at Fig. 6.8a-b, it is seen that Pm, max decreased when the interpillar distance 

decreased from 3000 µm to 836 µm, which can be explained by a decreasing membrane 

deflection. At an interpillar distance of 836 µm, the minimum value of 0.1 bar was even 

reached for both membranes. For the interpillar spacing of 3000 µm and 1333 µm, Pm, max 

strongly increased with the flow rate, which was caused by the fact that membrane 

deflection and the axial pressure drop intensify each other. At near complete membrane 

deflection, the axial pressure drop is large, creating a high pressure difference across the 
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membrane, which again increases membrane deflection and so on. This will quickly result in 

breakthrough. When the interpillar distance for CPs was decreased to below 836 µm,     

Pm, max again increased because of the higher hydraulic resistance, due to the narrower gap 

between the pillars. However, if the REP spacer geometry with an interpillar spacing of 305 

µm was used, Pm, max again decreased to nearly 0.1 bar. This can be explained on the one 

hand by a more uniform interpillar spacing that is obtained with diamond shaped pillars 

than with circular shaped pillars. Hence, the REPs are positioned parallel to each other, 

creating a more uniform interpillar spacing throughout the channel (Fig. 6.4). On the other 

hand wedges were used with REPs. These wedges give a soft transition of the distributor 

features with an AR of 10 to the spacer features with an AR of 1, guaranteeing throughout 

the entire channel a constant interpillar spacing of 305 µm. With CPs, on the contrary, no 

wedges were present, creating a transition zone between the distributor and CPs where the 

interpillar spacing is locally larger. The membrane will locally deflect between the 

distributor and the CPs, which locally reduces the channel height. Consequently, the use of 

wedges is recommended. 

 

 

Figure 6.8: Pm, max as function of the flow rate for a) the Advantec T010A304D membrane and b) the Celgard 

2500 membrane. 

 

The pillar design can be optimized even further, by decreasing the size of the pillars itself. 

Doing so, the hydraulic resistance will decrease, as the porosity of the pillar array increases 

with decreasing pillar size. Moreover, also the internal volume of the MMC will increase 

with decreasing pillar size, which results in a higher throughput. However, when the pillars 

become smaller and smaller they also become more and more fragile and more difficult to 

fabricate because of the increased aspect ratio (width/depth). Consequently, the optimal 

pillar size is the smallest pillar that can be produced without fabrication errors with the 
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used fabrication technique. This, however, falls beyond the scope of this work and has not 

been further investigated. 

 

6.3.4 Impact of the membrane deflection on the mass transfer 

The membrane deflection does not only influence Pm, max, but it will also affect the mass 

transfer. Depending on which phase wets the membrane, two different overall mass 

transfer coefficients can be derived (see chapter 3) (Eqs. 6.2-6.3): 

1

𝐾𝑓
=

1

𝑘𝑓
+

𝛿

𝐷𝑓휀
+

1

𝐻𝑘𝑠
 (6.2) 

1

𝐾𝑠
=

1

𝑘𝑓
+

𝛿

𝐷𝑠휀𝐻
+

1

𝐻𝑘𝑠
 (6.3) 

 

with Kf the overall mass transfer coefficient when the pores are wetted by the feed 

solution, kf the local mass transfer coefficient inside the feed channel,  the membrane 

thickness,  the membrane tortuosity, Df the molecular diffusion coefficient of the solute in 

the feed phase,  the membrane porosity, H the partition coefficient, ks the mass transfer 

coefficient inside the solvent channel, Ks the overall mass transfer coefficient when the 

pores are wetted by the solvent solution and Ds the molecular diffusion coefficient of the 

solute inside the solvent. The local mass transfer coefficients kf and ks can be calculated 

from the Sherwood number (Eq. 6.4) and depend on the channel height (h): 

𝑆ℎ =  
2 𝑘 ℎ

𝐷
 (6.4) 

 

For an MMC channel with REPs as spacer features, spaced 305 µm apart, the Sherwood 

number is equal to 0.94 for both phases and assumed to be constant (see chapters 5 and 8). 

When the membrane deflects, the height of both channels will be altered and consequently 

also the local and overall mass transfer coefficient. In case the feed wets the membrane, 

the solvent has always a higher pressure than the feed to avoid breakthrough and as a 

consequence, the membrane can only deflect towards the feed channel. Depending on the 

partition coefficient and the diffusion coefficients of the solute in the feed and the solvent, 

this can have a positive or negative effect on Kf (Fig. 6.9a). A positive impact on Kf due to 

deflection of the membrane is observed when the slope of the curve is negative (Eq. 6.5): 
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𝑑(𝐾𝑓)

𝑑ℎ𝑓
< 0 𝑜𝑟 

𝑑 (
1

𝐾𝑓
)

𝑑ℎ𝑓
> 0 

(6.5) 

Substituting Eqs. 6.2 and 6.4 into Eq. 6.5 yields Eq. 6.6: 

𝐷𝑓

𝐷𝑠
< 𝐻 (6.6) 

 

From Eq. 6.6 it is seen that deflection of the membrane has a positive impact on the mass 

transfer as long as the ratio of the diffusion coefficients is smaller than the partition 

coefficient. This can be understood as follows: assume that diffusion in the feed is twice as 

slow as in the solvent. As long as the partition coefficient is larger than 2 this has a positive 

impact on the mass transfer. Consequently, the distance the solute has to diffuse in the 

feed channel, because of deflection of the membrane, is reduced, which in turns reduces 

the mass transfer resistance term of the feed channel (first term of Eq. 6.2). The mass 

transfer resistance term of the solvent channel (third term of Eq. 6.2) increases because of 

the larger distance the solute now has to diffuse. However, this increase is smaller than the 

decrease of the first term because of the larger diffusion coefficient of the solute in the 

solvent and/or the partition coefficient present in that term. The presence of the partition 

coefficient in this third term can be understood from the fact that the concentration 

gradient in the solvent channel is larger than in the feed channel and this results in a higher 

mass transfer in the solvent channel.  

 

When Df/Ds > H the increase of the third mass transfer resistance term is no longer 

compensated by the decrease of the first term and deflection of the membrane has a 

negative impact on the mass transfer. As long as Df/Ds < H, it can be concluded that in case 

of the feed wetting the pores it is better to have an as large as possible interpillar distance, 

at which breakthrough is still avoided.  

 

When the solvent is inside the pores, the membrane can only deflect towards the solvent 

channel and the height of the feed channel can only increase. In a similar fashion the 

criteria for which deflection of the membrane is advantageous can be derived (Fig. 6.9b) 

(Eqs. 6.7-6.8): 

𝑑(𝐾𝑠)

𝑑ℎ𝑓
> 0 𝑜𝑟 

𝑑 (
1

𝐾𝑠
)

𝑑ℎ𝑓
< 0 

(6.7) 
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𝐷𝑓

𝐷𝑠
> 𝐻 (6.8) 

 

Figure 6.9: a) Kf and b) Ks as function of the height of the feed channel for different partition coefficients with 

Df = 10
-9

 m²/s, Ds = 0.5 x 10
-9

 m²/s,  = 20 µm,  = 4.5,  = 0.39, Sh = 0.91 and hf + hs = 200 µm. 

 

Consequently, when the solvent is inside the pores and as long as Df/Ds < H, deflection of 

the membrane has a negative impact on the mass transfer. For most applications Df/Ds is 

indeed smaller than the partition coefficient. In that case and with the solvent inside the 

pores, a narrow interpillar spacing (e.g., 305 µm) will yield the highest mass transfer. The 

effect of membrane deflection and the accompanying impact of Ks on the throughput of the 

MMC can be calculated from Eq. 6.9 for cocurrent flow (see also Eq. 3.26) and is depicted in 

Fig. 6.10. Increasing hf from 100 µm to 190 µm, reduces the maximum flow rate, at which   

99 % of the equilibrium is still obtained, from 40 µl/min to 24 µl/min for H = 20 and Df/Ds = 

2.  

𝐶𝑠

𝐶𝑓
=

1 − 𝑒
−

𝐾𝐿
𝑢𝑓ℎ𝑓

(1+
𝛼𝑓

𝛼𝑠
)

𝛼𝑓

𝐻𝛼𝑠
𝑒

−
𝐾𝐿

𝑢𝑓ℎ𝑓
(1+

𝛼𝑓

𝛼𝑠
)

+
1
𝐻

 (6.9) 

𝛼𝑓 =
𝑢𝑓ℎ𝑓

𝐾𝐿
 

𝛼𝑠 =
𝑢𝑓ℎ𝑓𝐻

𝐾𝐿
 (6.10) 
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Figure 6.10: Cs/Cf as function of the flow rate with the solvent inside the pores of the membrane for different 

deflection heights in cocurrent mode with a flow rate ratio of 1. H = 20, Df = 1 x 10
-9

 m²/s, Ds = 0.5 x 10
-9

 m²/s, 

 = 20 µm,  = 4.5,  = 0.39, Sh = 0.91, L = 99 mm, w = 13 mm and hf + hs = 200 µm. 

 

When the solvent is inside the pores and the partition coefficient is larger than one, the 

membrane resistance term will be lower than when the feed is inside the pores, due to the 

appearance of the partition coefficient in the membrane resistance term [8]. Membranes 

with the solvent inside the pores will therefore generally lead to faster extraction kinetics. 

This is true in absence of membrane deflection (e.g., hollow fibers). However, when 

deflection is taken into account, this is no longer unconditionally valid. If Df/Ds < H, Kf is the 

largest under the following condition (Eq. 6.11): 

lim
ℎ𝑓→0

1

𝐾𝑓
=  

𝛿

𝐷𝑓휀
+

1

𝐻𝑘𝑠
 (6.11) 

 

In that case hs is also equal to htot (htot = hs + hf). Ks is maximal when there is no deflection of 

the membrane. In this case, solvent inside the pores is only favorable under following 

condition (Eq. 6.12): 

( lim
ℎ𝑓→0

1

𝐾𝑓
) > (

1

𝐾𝑠
)

ℎ𝑓=ℎ𝑠=ℎ0

 (6.12) 

 

Substituting Eqs. 6.3, 6.4 and 6.11 into Eq. 6.12 yields Eq. 6.13: 

𝛿𝑓𝜏𝑓

𝐷𝑓휀𝑓
+

2 ℎ𝑡𝑜𝑡

𝑆ℎ 𝐻 𝐷𝑠
>  

2ℎ0

𝑆ℎ 𝐷𝑓
+

𝛿𝑠𝜏𝑠

𝐷𝑠휀𝑠𝐻
+

2ℎ0

𝑆ℎ 𝐷𝑠𝐻
 (6.13) 

 

Rearranging Eq. 6.13 yields Eq. 6.14: 
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1 >  
2ℎ0(𝐻𝐷𝑠 − 𝐷𝑓)휀𝑓

𝑆ℎ 𝐷𝑠𝐻𝛿𝑓𝜏𝑓
+

𝛿𝑠𝜏𝑠휀𝑓𝐷𝑓

𝛿𝑓𝜏𝑓휀𝑠𝐷𝑠𝐻
 (6.14) 

 

Using Eq. 6.14, under the condition that Df/Ds < H, allows to determine which spacer 

structure yields the highest mass transfer coefficient in case a hydrophilic and hydrophobic 

membrane is at one’s disposal. Only when the right term of Eq. 6.14 is smaller than 1, the 

membrane in which the solvent is inside the pores along with a small interpillar spacing 

(e.g., 305 µm) to prevent membrane deflection, will yield the highest mass transfer. When 

this term is larger than 1, membrane deflection has a positive impact on the mass transfer 

with a membrane in which the feed is inside the pores. Consequently, mass transfer will be 

the highest with a spacer with interpillar spacing as large as possible without provoking 

breakthrough. Depending on the outcome of Eq. 6.14, membrane deflection can thus have 

either a negative or positive impact on the mass transfer. 

 

6.4 Conclusions 

The impact of the spacer features (interpillar distance and shape) on membrane deflection, 

pressure difference across the membrane, and mass transfer was studied. It can be 

concluded that the smaller the interpillar distance became, the smaller the membrane 

deflection was. However, this was not the case for the pressure difference across the 

membrane. Decreasing the interpillar distance for the CP from 3000 µm to 836 µm, 

lowered the pressure difference across the membrane. However, further reduction of the 

interpillar distance increased again the pressure difference across the membrane, because 

of a higher hydraulic resistance, due to a smaller gap between the pillars. Using a REP 

design with wedges, uniform interpillar spacing could be guaranteed, reducing the pressure 

difference across the membrane to 0.1 bar, which was the minimal set-point. Using REPs 

the membrane deflection was smaller than 10 µm up to an axial pressure drop of 0.35 bar. 

Subsequently, design rules were provided for the spacer design to maximize mass transfer, 

as the membrane deflection could have either a positive or negative impact on the mass 

transfer, depending on the membrane wetting properties and solvent extraction 

application. 
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CHAPTER 7  

A tool for integrated sample 

preparation 

 

 

 

 

Liquid–liquid extraction, as well as evaporation in order to conduct enrichment steps in 

sample preparation of organ samples, has been characterized with a membrane 

microcontactor. The extraction kinetics in channels with spacers of 100 and 200 µm were 

evaluated. The extraction and evaporation kinetic behavior of the device was first 

evaluated by extraction of a drug candidate (4-(2,5-dimethyl-pyrrol-1-y1)-2-hydroxybenzoic 

acid) in matrix free samples. To evaluate the device under more challenging working 

conditions, a homogenized mice kidney sample containing the drug candidate that was 

administered in life condition was cleaned and enriched with the extraction and 

evaporation modules and characterized by high performance liquid chromatography, 

yielding an overall analysis time of 15 – 20 min per sample only. The system has the 

potential to be operated in a continuous fashion, making it appealing to be implemented in 

screening or high-throughput applications. 

 

 

 

This chapter has been published in: 

J. Hereijgers, M. Callewaert, T. Breugelmans, H. Ottevaere, D. Cabooter, W. De Malsche, A membrane microcontactor as a 

tool for integrated sample preparation, J. Sep. Sci. 35 (2012) 2407-2413. 
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Nomenclature 
 

C concentration (mol/m³) R mass transfer resistance 
V volume (m³) H partition coefficient 
K overall mass transfer coefficient (m/s) h channel depth (m) 

 
Greek Symbols  

 wavelength (m) µ dynamic viscosity (Pa s) 
    

 

 

7.1 Introduction 

For most analytical techniques based on nonartificial samples, some type of sample 

preparation is required. This results in a reduction of components present in the sample 

matrix that are interfering with the analytical procedure. Despite the availability of 

advanced analytical instrumentation, manual sample pretreatment is usually necessary to 

extract, isolate, and concentrate the analytes, as most instruments cannot handle complex 

matrices directly [1]. Procedures for organic nonvolatile analytes generally involve a solvent 

extraction step during sample preparation. Post extraction procedures, such as acceptor 

phase isolation, water removal, solvent exchange, or sample cleanup, are often also 

performed [2]. Classical macroscopic liquid–liquid extraction (LLE) has been traditionally the 

first choice of preparative technique and is still widely used in many available (regulatory) 

protocols, but has lost importance over the last years due to increasing sensitivity for 

certain aspects of the technique. The large consumption of pure solvents, the difficulty to 

automate the technique, and the need for relatively large sample volumes constitute the 

major drawbacks [3], which have led to the introduction of liquid-phase microextraction 

(see chapter 2). 

 

Conventional extraction methods have been gradually replaced by solid-phase extraction 

(SPE), which is currently the most applied extraction technique in sample preparation. A 

disadvantage of SPE is the limited selectivity and low retention for highly polar 

components. Considerable time is typically spent for LLE and SPE, making the sample 

preparation often the bottleneck of an entire analytical method. It is estimated that 

sampling and preparation steps constitute over 80% of the total analysis time [1]. Some of 

the claimed advantages of SPE over LLE can be regarded critically, as laborious operations 

such as conditioning, washing, and solvent evaporation are often required as well [4], [5]. 

Moreover, evaporation of the solvents typically involved in LLE occurs faster than the protic 

solvents typically used in SPE, which have a higher vapor pressure. The dependence on a 
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commercial supplier of SPE columns and the occurrence of sample crossover and 

contamination are other disadvantages of SPE [6] (see chapter 2). The urge to reduce 

solvent consumption has spurred the development of micro solid phase extraction (µ-SPE) 

[7]. The technique is successful thanks to the ease of automation and small solvent volume 

requirement, despite a relatively low degree of sample recovery. Single-drop 

microextraction has been developed as a cheap means to minimize the solvent volume, but 

the required fast stirring often gives rise to bubble formation [8] and concomitant technical 

difficulties (see chapter 2). 

 

In the present study, sample pretreatment is performed using a membrane microcontactor. 

The extraction kinetics of 4-(2,5-dimethyl- pyrrol-1-y1)-2-hydroxybenzoic acid, also known 

as MPB, have been studied in matrix free samples as well as in homogenized mice kidney 

samples in which MPB was administered in life condition. MPB is a drug candidate for the 

treatment of amyotrophic lateral sclerosis. An important aspect of the effectiveness of a 

drug is the ability to transport it to the zone where it has to exert its function [4], [9]. By 

intraperitoneal injection in mice and evaluating the in vivo distribution, it can be assessed if 

the drug is transported toward the zone of interest, and whether or not it is in a chemically 

active form. To study the kinetics of the microcontactor, MPB was first extracted from a 

water phase (donor phase) to ethyl acetate (acceptor phase) and subsequently enriched by 

evaporation in a second microcontactor. To demonstrate the capability of the system to 

handle also organ samples containing solid entities, MPB-spiked organ samples were also 

treated. To increase the concentration after the extraction step, the sample was 

concentrated by evaporating the solvent using a second microcontactor, where nitrogen 

was flowing at the other side of the membrane to remove the evaporating solvent in 

continuous flow mode. 

 

7.2 Experimental 

7.2.1 Chemicals 

MPB was obtained from the Laboratory for Neurobiology of the University of Leuven (KU 

Leuven). All other chemicals used were of analytical reagent grade. Ethyl acetate was 

purchased from Chem-Lab (Zedelgem, Belgium), methanol (HPLC-grade) was bought from 

Acros Organics (Geel, Belgium), and potassium dihydrogen phosphate and dipotassium 
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hydrogen phosphate were obtained from Merckx (Darmstadt, Germany). All aqueous 

solutions were prepared with HPLC-grade water (prepared in the laboratory Milli-Q 

gradient,Millipore, Bedford,MA, USA). 

 

7.2.2 Samples 

Tissue samples (kidney) were collected from mice 1 h after treatment with 1 mg MPB 

(dissolved in DMSO, with 200 µL extra added physiological water). Before collection, the 

mice were perfused by phosphate buffered saline and all blood was removed from the 

organs. The organ samples were saved in 2 mL distilled water and homogenized and stored 

at a temperature of -80 °C and a pH of 7. 

 

7.2.3 Membrane microcontactor 

For the experiments the membrane microcontactor described in § 3.2.2 was used with 

following PTFE-membrane: 0.1 µm pore size, 68 % porosity, 70 µm thickness, Frisenette 

Aps, Knebel, Denmark. 

 

Characterization of the microcontactor was performed by measuring the extraction kinetics 

of pure aqueous MPB solution (110 mg/L) with ethyl acetate as extraction solvent (co-flow, 

flow rate 1:1). For evaporation, the microcontactor was operated in co-flow and nitrogen 

was used as carrier gas. The enrichment factor (Cacceptor phase after evaporation / Cacceptor phase before 

evaporation) was measured using 20 mg/L MPB dissolved in pure ethyl acetate at an operating 

overpressure of 0.3 bar N2 at room temperature. 

 

In first instance, blanco kidney samples were spiked with 100 mg/L MPB to ensure an 

operation in the linear detection range of the HPLC-analysis. Along with ethyl acetate, the 

spiked sample is passed through the microcontactor (co-flow, flow rate 12 µL/min, ratio 

1:1) and the acceptor and donor phase were analyzed with reversed-phase 

chromatography. Next, the kidney samples from treated mice were pumped under the 

same conditions through the microcontactor and HPLC-analysis was performed on the 

acceptor phase. Subsequently, the acceptor phase was enriched by evaporating in the 

microcontactor using the following conditions: flow rate of the acceptor phase = 150 

µL/min, pressure N2 = 0.3 bar, and temperature = 23°C. 
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7.2.4 HPLC analysis 

The concentration measurements were performed by HPLC. The analysis was performed 

isocratically using a Thermo Hypersil ODS-column (250 × 4.6 mm i.d., dp 3 µm) equipped 

with a guard column (SecurityGuard, Gemini C18, Phenomenex, Torrance, CA, USA). The 

mobile phase consisted of methanol and 20 mM KH2PO4-K2HPO4, pH 5.55 (50:50 v/v%) and 

was pumped at a flow rate of 1.0 mL/min, Vinjection 1 µL, UV-detection 210 nm. The calibration 

curve obtained for MPB had a relative standard deviation of 5.6%. 

 

7.3 Results and discussion 

7.3.1 Microcontactor design 

For the present study, a microcontactor design with a relatively large volume was 

conceived (118.7 µL for each individual channel at either side of the membrane). In contrast 

to the described approached used in MMLLE [12, 13], the used channel width in the current 

study was much larger (13 mm) than the connection holes (1 mm diameter), hence 

requiring a distribution system. An interesting feature of the presented microcontactor is 

that the cross section can be easily varied according to the demands of a specific 

application. When maximal extraction efficiency is achieved in a contactor with such a large 

aspect ratio, it is easy to reduce the width in future designs without affecting the kinetics, 

as distribution generally becomes easier with decreasing aspect ratio [10]. This allows the 

extraction of relatively large volumes, as well as smaller volumes when desired. For 

example, the currently used system requires a minimal sample volume of about 300 µL, this 

to ensure that the system is in steady-state regime. By adapting the channel width, the 

needed sample volume can be lowered to 10–50 µL. Larger volumes can obviously also be 

handled, given the continuous operation mode. An approach where a similar up-scaling can 

be performed is encountered in in-tube solid-phase microextraction, where Zylon or Kevlar 

fibers are packed in a tube [11]. A similar strategy can be pursued inserting hollow fibers for 

LLE, but it is tricky to direct all the fibers to one feed channel on a regular fashion [12], 

while the surrounding void space should be directed to another feed channel. In 

comparison to hollow fibers, the presented format is flexible towards the desired 

application. The channel height, width, and membrane thickness are parameters that can 

be varied to a certain extent without inducing interface stability problems. In hollow fibers, 

these parameters are fixed and imposed by the dimensions of the fiber as delivered by the 
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manufacturer, which are typically in the range of a few hundred micrometer. For example, 

Pedersen-Bjergaard and Rasmussen used hollow fibers with a wall thickness of 200 µm and 

an inner diameter of 600 µm [13], [14], with a considerably higher mass transfer resistance 

as a consequence. A certain wall thickness is needed because of mechanical stability and 

ease of handling. Stability issues would arise when the membrane thickness would be only 

70 µm or lower as used in the present study. When the membrane would be incorporated 

as a flat sheet, the ability to open the microcontactor, clean or replace the membrane is 

very practical. Especially when organ parts are pumped through the system, clogging can be 

a serious problem and systematic cleaning is indispensable. 

 

7.3.2 Extraction 

First of all, the extraction kinetics of MPB were studied in a membrane microcontactor with 

a channel depth of 100 and 200 µm (Fig. 7.1) to determine the distribution ratio as function 

of the residence time. Eq. 3.26 was fitted to the data obtained from the 200 µm deep 

channel by varying R (Eq. 7.1), a constant related to the mass transfer resistance: 

𝑅 =  
𝐾

ℎ
(1 +

𝛼𝑓

𝛼𝑠
) (7.1) 

 

with h the channel depth, and f and s two constants (Eq. 3.10). From fitting for the 200 

µm deep channel, R was found to be 0.12 min-1. 

 

 

Figure 7.1: Cocurrent extraction kinetics represented by the ratio Cacceptor phase/Cdonor phase as function of the 

residence time in a microcontactor with a channel depth of 200 µm and a flow rate of 1:1 (coflow). The solid 

line is the best fit to the theoretically expected pattern, determined by a constant related to the mass 

transfer resistance R = 0.12 min
-1

 and by the partition coefficient H = 4.9. Also a few points of a 100 µm deep 

microcontactor are depicted, which are near-equilibrium. 
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The shortest residence time that was achieved in the 100 µm deep channel before 

exceeding the breakthrough pressure was 1.88 min, corresponding to a flow rate of 63 

µl/min. The 90 % equilibrium value was reached within 10 min for the 100 µm deep 

channel, whereas for the 200 µm channel this was more than 30 min. To the best of our 

knowledge, little work has been performed regarding the kinetic aspects in flat-rectangular 

membrane contactors. Liu et al. [15] did study the enrichment of 100 mL of 5 µg/L 4-NP and 

4-t-OP in a 300 µm deep contactor and observed equilibrium times of more than 3 h. As a 

compromise of a sufficiently short extraction time and large extraction efficiency, 10 min 

extraction time in the 100 µm deep microcontactor (12 µl/min) was selected for the 

extractions conducted further throughout this work. 

 

One of the most challenging sample preparation methods concerns the extraction of solid 

sample matrixes, which is usually required for pharmacokinetics studies in, for example, 

mice. In such studies, tissue samples need to be analyzed for the presence and 

concentration of a drug at different time intervals. To this end, a kidney sample was 

investigated for the uptake of MPB. In Fig. 7.2, a chromatogram is depicted, that resulted 

from the developed sample preparation and HPLC method, of the extract of a blank kidney 

sample spiked with MPB (100 mg/L). After removing the matrix, the component of interest 

(MPB) could be isolated and quantified. Using this protocol, however, for the MPB-

administered mice sample, no peak was visible due to the low MPB concentration. To 

extract higher amounts of MPB, to obtain a higher concentration, the molecule should be 

protonated. MPB contains a pyrrole group (pKa = 3.7) and a benzoic acid group (pKa = 4.1). 

Therefore, the pKa-value of MPB will most likely lie around these two values. Consequently, 

operating at a pH below this pKa-value will yield most of the MPB in its protonated form. 

Executing a shake test with pure MPB at a pH of 3, a partition coefficient was found, that 

was indeed a lot higher (H = 25.3), concomitantly allowing the obtainment of higher extract 

concentrations. However, operating at such a low pH was not feasible because instability of 

the molecule was feared. Taking the limited available kidney sample into account, the 

extraction was, consequently, not performed at pH 3 but at pH 7, as at pH = 7 the molecule 

was known to be the most stable [16]. However, as the partition coefficient at pH = 7 is 

much lower (H = 4.9), the sample needed to be enriched to allow a quantification. 

 

 



CHAPTER 7: A tool for integrated sample preparation 

142 

 

Figure 7.2: a) Chromatogram of acceptor phase of blank sample spiked with 100 mg/L MPB (pH = 7) b) 

chromatogram of acceptor phase of the MPB-administeredmice kidney sample (pH = 7). 

 

7.3.3 Evaporation 

In order to increase the detection sensitivity, a major fraction of the solvent was removed 

to concentrate the acceptor phase. A generally applied practice consists of purging a 

sample vial with nitrogen until the solvent has evaporated completely [15]. This is a 

discontinuous and time-consuming process, though. Consequently, preference was given to 

do this on a continuous basis in a different configuration. When setting an additional 

membrane microcontactor in series after the first one, where the donor phase is replaced 

by nitrogen, it is possible to concentrate the acceptor phase directly after extraction on an 

integrated and automated fashion by evaporation. A similar strategy was adopted by 

Bishop and Mitra in a polar solvent-permeable hollow fiber (Nafion, o.d. 533 µm, i.d. 356 

µm) [17] with a nitrogen pressure of 0.7 bar, resulting in an enrichment of a factor 8 in a 

residence time of 0.4 min. In the present study, a pressure of 0.3 bar was applied, resulting 

in an enrichment factor of 6 at a residence time of 1.2 min (see Fig. 7.3). Longer residence 

times were not feasible, as these resulted in the precipitation of MPB inside the channel, 

rendering the membrane impermeable. With low solubility of the analyte, this technique 

would fast come to its limits and a more suitable extraction solvent should be chosen. On 

the other hand, when the analyte is volatile, evaporation should also be avoided. Luckily, 

MPB and most active pharmaceutical ingredients are sufficient solvable and not volatile at 

room temperature. 
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Figure 7.3: Enrichment factor (Cacceptor phase after evaporation/Cacceptor phase before evaporation) of MPB in ethyl acetate at 

different residence times during the evaporation experiment using nitrogen gas (0.3 bar). 

 

Using this setup, the acceptor phase of the MPB-administered mice sample is concentrated 

and again injected in the HPLC column, with the chromatogram depicted in Fig. 7.4 as a 

result. This indicates that the MPB was migrated to the kidney, and that it had reached a 

concentration of 0.68 mg/L 1 h after intake. 

 

 

Figure 7.4: a) Chromatogram of the acceptor phase of an MPB administered mice kidney sample b) 

chromatogram of evaporated acceptor phase of the MPB administered mice kidney sample. Evaporation was 

conducted at a flow rate of 150 µl/min and at a nitrogen pressure of 0.3 bar. 
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7.4 Conclusions 

The microcontactor was demonstrated to be a well-suited tool for sample pretreatment of 

tissue samples. A purification protocol could be developed, with the perspective to further 

automate the analysis setup. By investigating the extraction kinetics, a working range was 

defined where on the one hand equilibrium is reached within 10 min with a 10% margin 

and where on the other hand the interface is still stabilized. 

 

By evaporating the acceptor phase, an enrichment of a factor of 4.4 could be achieved. The 

contactor has also proven capable to handle challenging solid samples, which was 

demonstrated by measuring the uptake and distribution of the drug component MPB to a 

mouse kidney. 
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CHAPTER 8   

Separation of Co(II)/Ni(II) with 

Cyanex 272: extraction kinetics 

study 

In this chapter, the reactive extraction kinetics of cobalt with Cyanex 272 in a flat 

membrane microcontactor were studied. Pseudo-first order and non-first order models are 

proposed to describe the extraction kinetics with acidic Cyanex 272 and saponified Cyanex 

272. The impact of the acetate buffer concentration, the Cyanex 272 concentration, the 

feed concentration, the channel depth and saponification of Cyanex 272 on the extraction 

kinetics was experimentally measured. From this, it was shown that for acidic Cyanex 272 

pseudo-first order reaction kinetics could be assumed under at least following conditions: 

(1) when the feed was buffered; (2) the Cyanex 272 concentration was 4.4 times higher 

than the cobalt concentration; and (3) the cobalt concentration remained below 17 mmol/l. 

In that case, a linear model could be derived that could be solved analytically. At higher 

cobalt concentrations, saturation of the interface had to be taken into account, resulting in 

a non-linear model that had to be solved numerically. When Cyanex 272 was saponified, 

the extraction kinetics dropped significantly indicating that pseudo-first order kinetics does 

no longer apply. Consequently, faster extraction kinetics in membrane contactors with 

acidic Cyanex 272 were obtained by buffering the feed phase compared to the 

saponification approach of Cyanex 272. 

This chapter has been published in: 

J. Hereijgers, T. Vandermeersch, N. Van Oeteren, H. Verelst, H. Song, D. Cabooter, T. Breugelmans, W. De Malsche, 

Separation of Co(II)/Ni(II) with Cyanex 272 using a flat membrane microcontactor: extraction kinetics study, J. Memb. Sci. 

499 (2016) 370-378. 
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Nomenclature 
 

r reaction rate (mol/m³s) R coil radius (m) 
kr reaction rate constant (m

2.01
/(mol

0.67
s)) h channel depth (m) 

k’r reaction rate constant independent of the 
interfacial area (m

2.01
/(mol

0.67
sm²)) 

u velocity (m/s) 

C concentration (mol/m³) x axial position inside the MMC (m) 
J flux (mol/(m²s)) X distance (m) 
k local mass transfer coefficient (m/s) t time (s) 
Km overall mass transfer coefficient (m/s) L length of the MMC (m) 
Sh Sherwood number (\) x spatial step size (m) 

D diffusion coefficient (m²/s) Keq equilibrium constant (\) 
F flow rate (m³/s) Kad adsorption constant (\) 
d diameter (m) H partition coefficient (\) 
rc radius of capillary   

 
Greek Symbols  
µ1,t first central time moment (s)  membrane porosity (\) 
µ’2,t second central time moment (s)  membrane tortuosity (\) 

 dynamic viscosity (Pa s)  membrane thickness (\) 

 density (kg/m³)   
    
Subscript   
Co

2+
 cobalt ion m membrane 

Na-DDPA saponified didecylphophinic acid eff effective 
CoR2(HR)2 cobalt-Cyanex 272 complex b bulk 
HR acidic Cyanex 272 x axial position inside the MMC 
H

+
 proton i interface 

R
-
 saponified Cyanex 272 eq equilibrium 

R raffinate in inlet 
E extract LDF linear driving force model 
c capillary ad adsorption 
trans transition * free sites 
    

 

 

8.1 Introduction 

Cobalt and nickel are among the most important non-ferrous metals and consequently their 

separation is a key process in hydrometallurgy [1], [2]. Typical hydrometallurgical 

separation processes like chemical precipitation and oxidation are however not 

economically feasible due to the similar physicochemical properties of cobalt and nickel. 

Fortunately, the separation of cobalt and nickel is achieved in a relative easy manner by 

reactive solvent extraction (SX). It is estimated that in the western hemisphere 40% of 

cobalt is produced using reactive SX with bis(2,4,4-trimethylpentyl)phosphinic acid (Cyanex 

272) as extractant [3].  

 

The separation of cobalt with Cyanex 272 in a membrane contactor (e.g., hollow fiber) by 

reactive SX has already been studied by some authors [4]–[6]. Soldenhoff et al. [6] 

specifically studied a fully continuous membrane contactor device where the feed and 
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solvent only passed the contactor once and reported an overall mass transfer coefficient in 

the order of 10-7 m/s. However, looking at non-reactive extraction cases (see chapter 5) and 

other hydrometallurgical reactive SX cases [7]–[9] using membrane contactors, the overall 

mass transfer coefficient is expected to be an order of magnitude larger. To explain this, 

Soldenhoff et al. [6] used the resistances-in-series model to describe the overall mass 

transfer coefficient and added an additional term: the reaction rate resistance 

(characterized by the reaction rate constant) (Eq. 8.1):  

1

𝐾𝑚
=

1

𝑘𝑓𝑒𝑒𝑑
+

1

𝐻𝑘𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒
+

1

𝐻𝑘𝑠𝑜𝑙𝑣𝑒𝑛𝑡
+

1

𝑘𝑟
 

(8.1) 

 

with Km the overall mass transfer coefficient, k the local mass transfer coefficient, H the 

partition coefficient and kr the reaction rate constant. By fitting, they claimed that this 

difference, that was as large as an order of magnitude, was primarily caused by the slow 

reaction rate. However, using a Lewis cell, an overall mass transfer coefficient of several 

orders of magnitude larger was reported [10] due to vigorously mixing, reducing mass 

transfer resistance. If indeed the reaction rate would be limiting, this would not be possible 

and the overall mass transfer coefficient obtained with the Lewis cell should still be in the 

same order of magnitude as the one reported by Soldenhoff et al. [6]. Xing et al. [11] also 

experimentally determined the reaction rate (Eq. 8.2) for saponified di-decylphosphinic acid 

(Na-DDPA), which is very similar to saponified Cyanex 272, as it only differs in its aliphatic 

chains (see Fig. 8.1): 

−𝑟𝐶𝑜2+ = 𝑘𝑟 ∗ 𝐶𝐶𝑜2+
0.96 ∗ 𝐶𝑁𝑎−𝐷𝐷𝑃𝐴

0.71  (8.2) 

𝑘𝑟 = 4.48 ∗ 10−6
(𝑚3)0.67

𝑚𝑜𝑙0.67𝑠
 (𝐴𝑖𝑛𝑡𝑒𝑟𝑓𝑎𝑐𝑒 = 21.19 𝑐𝑚2) (8.3a) 

𝑘′𝑟 = 2.11 ∗  10−3
(𝑚3)0.67

𝑚𝑜𝑙0.67𝑠 𝑚𝑖𝑛𝑡𝑒𝑟𝑓𝑎𝑐𝑒 𝑎𝑟𝑒𝑎
2  (8.3b) 

 

 

Figure 8.1: Chemical structure of Cyanex 272 and DDPA. 
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with r the reaction rate, kr the reaction rate constant dependent of the interfacial area, C 

the concentration, and k’r the reaction rate constant independent of the interfacial area. 

Consequently, it can be assumed that the reaction rate constant (Eq. 8.3, [11]) with Cyanex 

272 is at least of the same order of magnitude as the one reported by Xing et al. [11], which 

is still several orders of magnitude larger than the local mass transfer coefficients in 

membrane contactors, as diffusion towards the extraction solvent is purely diffusion based. 

Therefore, the extraction kinetics would be expected to be mass transfer limited instead of 

reaction rate limited. Soldenhoff et al. also used the resistances-in-series model to describe 

the overall mass transfer coefficient. However, the resistances are only additive when the 

reaction kinetics are first order or pseudo-first order [12]. Consequently, as the reaction 

rate is several orders of magnitude larger than the mass transfer, the low overall extraction 

kinetics must be attributed by another phenomenon.  

 

In this work, the extraction of cobalt with Cyanex 272 is studied in a membrane 

microcontactor (MMC). The selectivity, influence of buffer, Cyanex 272 and feed 

concentration, channel depth, and saponification of Cyanex 272 on the overall extraction 

kinetics are studied and a model is proposed to describe the observed results. 

 

8.2 Material and methods 

8.2.1 Chemicals 

Cyanex 272 (45 wt% in escaid 110, 1260 mmol/L) from Cytec (NJ, US) was used without 

further purification. Acetic acid, sodium hydroxide, n-heptane, cobalt(II)sulfate 

heptahydrate and nickel(II)sulfate hexahydrate were delivered by Sigma-Aldrich (Belgium) 

with a purity of 99 +%. Calibration solutions of 1000 mg/ml Co2+ and Ni2+ for the atomic 

absorption spectroscopic analysis were purchased from Chem-Lab (Belgium). The water 

used throughout the experiments was prepared in the laboratory (Milli-Q-gradient, 

Millipore, MA, USA). 
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8.2.2 Construction of the MMC 

For the experiments a similar MMC was constructed as in § 5.2.2 with a channel depth of 

50 and 100 µm, resulting in an internal volume of 37 and 74 µl. The membrane used for all 

the experiments throughout this chapter was a tri-layered polypropylene/poly-

ethylene/polypropylene membrane (Celgard 2320, dpore = 27 nm, thickness = 20 µm, 

porosity = 39 %).  

 

8.2.3 Extraction experiments 

The feed was freshly prepared to avoid salting out by dissolving cobalt(II)sulfate 

heptahydrate and nickel(II)sulfate hexahydrate in water. In case an acetate buffer was 

used, acetic acid was added and the pH was adjusted to the desired value using 10 mol/L 

NaOH and a glass electrode (WTW Inolab). The solvent consisted of Cyanex 272 in escaid 

110 (1260 mmol/L) and was further diluted in n-heptane when required. In case saponified 

Cyanex 272 was used, NaOH was added to saponify 60% of the Cyanex 272 and stirred until 

a homogeneous phase was obtained. The feed solution and extraction solvent were fed 

into the MMC at a flow rate ratio of 1:1 at different flow rates using two HPLC pumps 

(Shimadzu, LC10AD) and capillaries with an internal diameter of 200 µm as a connection. 

After flushing the internal volume of the entire system three times, a steady-state condition 

was assumed and samples of the raffinate were collected at the outlet in an ice bath. These 

samples were subsequently diluted with 400 mmol/L hydrochloric acid solution and 

analyzed using atomic absorption spectroscopy (ICE 3000 AA Spectrometer Thermo 

Scientific). From these results the extracted amount was calculated using Eq. 8.4: 

% 𝐸𝑥𝑡𝑟𝑎𝑐𝑡𝑒𝑑 =  
𝐶 𝐹𝑒𝑒𝑑 −  𝐶𝑅𝑎𝑓𝑓𝑖𝑛𝑎𝑡𝑒 

𝐶𝐹𝑒𝑒𝑑 
∗  100 

(8.4) 

 

Every sample was visually controlled for phase homogeneity to ensure a breakthrough-free 

operation. Before starting a new extraction campaign, a start-up procedure was performed 

to avoid the presence of air bubbles. The start-up procedure consisted of flushing the MMC 

set-up with isopropanol for 5 min at a flow rate of 5 ml/min. By doing so, all air inside the 

MMC channel and inside the pores of the membrane was removed, as by capillary action 

isopropanol was drawn into the pores.  Subsequently, the feed and organic solvent (n-

heptane with Cyanex 272) was pumped into the MMC for 5 min to replace all isopropanol 

inside the MMC channels and membrane. 
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Shake tests were performed to determine the equilibrium and selectivity. 5 ml of feed was 

mixed with 5 ml of organic solvent and shaken manually for 5 min. Both phases were 

separated by gravitation settling. Once separated a sample was taken from the raffinate 

phase and analyzed. 

 

8.2.4 Measurement of the diffusion coefficient 

The bulk diffusion coefficient (Dbulk) of acidic Cyanex 272 was measured at a constant 

temperature of 22.5°C in pure heptane using the Taylor-Aris procedure [13]. A plug of acidic 

Cyanex 272 was injected in a capillary with a length L = 15.24 m and an inner diameter (dc) 

of 517 µm, coiled to a radius R = 12 cm at a flow rate of 0.10 mL/min. Under these 

conditions axial diffusion could be ignored, as convective transport was predominant. 

Consequently, the width of the peak was controlled by the radial diffusion of acidic Cyanex 

272 in the capillary against the parabolic flow profile, according to: 


2,𝑡
′ =

𝑑𝑐
2

1,𝑡

96𝐷𝑏𝑢𝑙𝑘
 

(8.5) 

 

This allowed calculating Dbulk from the first (1,t) and second central (’2,t) time moments of 

the recorded peak profiles (Eq. 8.5). The injected volume was 1 µL. Effects of secondary 

flow could be ignored since the applied flow rate was lower than the transition flow rate 

Ftrans (Eq. 8.6):  

𝐹𝑡𝑟𝑎𝑛𝑠 = √
518𝑅𝑟𝑐𝐷𝑏𝑢𝑙𝑘

𝜌
 

(8.6) 

with rc the radius of the capillary,  the viscosity and  the density of the solvent. Under the 

conditions applied here, Ftrans was 0.13 mL/min, hence satisfying the condition of F < Ftrans.  

All experiments were performed on a Perkin Elmer 275 UHPLC system (Perkin Elmer, 

Waltham, MA, USA) equipped with a binary high-pressure gradient pump, a cooled auto-

sampler and a variable wavelength detector with a flow cell of 2.6 µL. The dwell volume of 

the system was 600 µL and the maximum operating pressure was 700 bar (10,000 psi). 

Chromera software was used for system operation and data evaluation (Perkin Elmer). 

 



 CHAPTER 8: Separation of Co(II)/Ni(II) with Cyanex 272: extraction kinetics study 

  155 

8.3 Results and discussion 

8.3.1 Extraction kinetics model 

The extraction of cobalt with Cyanex 272 is an equilibrium reaction in which protons are 

exchanged for cobalt ions. Hence, control of the pH is crucial to shift the equilibrium and 

two different methods can be used for this purpose. In the first method, the pH of the 

aqueous feed phase is regulated (e.g., by buffering or continuously adding NaOH) and 

proceeds by following overall reaction (Eq. 8.7) [14]–[17]: 

𝐶𝑜𝑎𝑞
2+ + 2(𝐻𝑅)2,𝑜𝑟𝑔 ⇌ 𝐶𝑜𝑅2. (𝐻𝑅)2,𝑜𝑟𝑔 + 2𝐻+ (8.7) 

 

In the second method, Cyanex 272 is partially saponified (Eq. 8.8) before contacting it with 

the aqueous cobalt feed. The overall reaction (Eq. 8.9) [18], [19], [20] therefore differs from 

Eq. 8.7: 

2𝑁𝑎𝑂𝐻𝑎𝑞 + (𝐻𝑅)2,𝑜𝑟𝑔 ⇌ 2𝑁𝑎𝑅 𝑜𝑟𝑔 + 2𝐻2𝑂𝑎𝑞 (8.8) 

𝐶𝑜𝑎𝑞
2+ + 𝑅𝑜𝑟𝑔

− + 2(𝐻𝑅)2,𝑜𝑟𝑔 ⇌ 𝐶𝑜𝑅2. 3𝐻𝑅 𝑜𝑟𝑔 + 𝐻𝑎𝑞
+  (8.9) 

 

Next to the two Cyanex 272 dimer complexes an additional sapponified Cyanex 272 

molecule takes part in the reaction. Consequently, the model with acidic Cyanex 272 and 

the partially saponified Cyanex 272 will be inherently different. 

 

To derive the models, the following assumptions were made: 

 The system operates in steady-state condition in terms of operating time. 

Consequently, at a specific velocity (u) or residence time (t) (t = L/u; L = length 

MMC) the extraction efficiency does not alter, which would not be true when there 

would be for instance a gradual clogging of the channel or swelling of the 

membrane. However, this steady-state assumption does not imply that the 

extraction efficiency is constant as function of the residence time or velocity. At 

different velocities or residence times, the extraction efficiency will alter. 

 The solvents are immiscible. 

 The extraction kinetics are mass transfer limited and consequently the reaction 

kinetics can be neglected. Concomitantly, equilibrium is instantaneously reached at 

the interface, and cobalt ions and Cyanex 272 do not diffuse into the opposing 

phase. This can be justified by the fact that the reaction rate is several orders of 

magnitude larger than the mass transfer rate [11]. 
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 The pores of the membrane are completely filled by the wetting liquid. 

 Axial diffusion can be neglected (see § 3.4.2.1). 

 No saturation of the surface occurs. 

 The effective diffusion coefficient (Deff) inside the membranes can be described by 

Eq. 8.10. 

𝐷𝑒𝑓𝑓 =
𝜖𝐷𝑏𝑢𝑙𝑘

𝜏
 

(8.10) 

with  the porosity and  the tortuosity of the membrane, which was 4.51 for the 

Celgard 2320 membrane [21] . 

 

8.3.1.1 Acidic Cyanex 272 

To keep the pH constant inside the MMC, regardless of the amount of cobalt that is 

extracted, an acetate buffer was added. Consequently, the concentration H+ can be 

assumed as being constant (see § 8.3.2.2). 

 

 

Figure 8.2: Concentration profile in the MMC with acidic Cyanex 272: a) pseudo-first order, b) non-first order. 

 

Pseudo-first order 

If Cyanex 272 is present in large excess, its concentration can be assumed constant. The 

reaction then has a pseudo-first order and the resistances-in-series model applies. Using 

the film theory, the flux of cobalt in the MMC exists of the following steps (Fig. 8.2a):  

 

 From the bulk (feed phase) cobalt ions diffuse towards the interface (Eq. 8.11).  

𝐽𝐶𝑜2+,𝑅 = 𝑘𝐶𝑜2+,𝑅(𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 − 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥) (8.11) 

 

with J the flux, k the local mass transfer coefficient and C the concentration. The 

subscripts denoted the species, the phase (R: raffinate) and the location inside the 

phase (b: bulk, i: interface and x: axial position). 
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 At this interface, the aqueous phase contacts the organic phase and equilibrium is 

instantaneously reached (Eq. 8.12), extracting cobalt into the organic phase by the 

formation of the cobalt-Cyanex 272 complex.  

𝐾𝑒𝑞 =
𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑒𝑞 𝐶𝐻+,𝑒𝑞

2

𝐶𝐶𝑜2+,𝑒𝑞 𝐶(𝐻𝑅)2,𝑒𝑞
2 =

𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚,𝑖,𝑥  𝐶𝐻+,𝑅,𝑖𝑛
2

𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2  

(8.12) 

 

with Keq the equilibrium constant. The subscripts eq and in denote respectively 

equilibrium and inlet. 

 

 From this interface, the cobalt-Cyanex 272 complex diffuses through the pores (Eq. 

8.13).  

𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚 = 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚(𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚,𝑖,𝑥 − 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑖,𝑥) (8.13) 

 

The subscript m denotes membrane.  

 Once out of the pores, the cobalt-Cyanex 272 complex diffuses from the membrane 

interface into the bulk of the solvent phase (Eq. 8.14). 

𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸 = 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸(𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑖,𝑥 − 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥) (8.14) 

 

The extract and raffinate continuously flow parallel along the membrane and their local 

mass transfer coefficients can be calculated using the Sherwood number (Eq. 8.15), which is 

equal to 0.94 (see § 8.5.1 and § 5.5): 

𝑘 =  
𝑆ℎ 𝐷𝑏𝑢𝑙𝑘

2 ℎ
 

(8.15) 

 

with Sh the Sherwood number, h the channel depth. The local mass transfer coefficient 

inside the membrane can be calculated using the effective diffusion coefficient (Eq. 8.16): 

𝑘𝑚 =  
𝐷𝑒𝑓𝑓

𝛿
 

(8.16) 

 

with  the membrane thickness. As the MMC is operated in steady-state, the fluxes in Eqs. 

8.11, 8.13, and 8.14 have to be equal. Consequently, combining Eqs. 8.11-8.16, Eqs. 8.17-

8.18 can be obtained:  

𝐽 =  𝐾𝑚 (𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 −
 𝐶𝐻+,𝑅,𝑖𝑛

2

𝐾𝑒𝑞 𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥) 

(8.17) 
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1

𝐾𝑚
=

1

𝑘𝐶𝑜2+,𝑅
+

 𝐶𝐻+,𝑅,𝑖𝑛
2

𝐾𝑒𝑞 𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2 (

1

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚
+

1

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸
) (8.18a) 

1

𝐾𝑚
=

2 ℎ𝑅

𝑆ℎ 𝐷𝑏𝑢𝑙𝑘,𝐶𝑜2+,𝑅

+
 𝐶𝐻+,𝑅,𝑖𝑛

2

𝐾𝑒𝑞 𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2 (

𝛿

휀 𝐷𝑏𝑢𝑙𝑘,𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸
+

2 ℎ𝑅

𝑆ℎ 𝐷𝑏𝑢𝑙𝑘,𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸
) 

(8.18b) 

 

with Km the overall mass transfer coefficient. At opposite sides of the membrane, the 

raffinate and extract continuously flow axially. To take this convective mass transport into 

account, the mass balance is written from one side of the membrane (Eq. 8.19): 

𝐽 = −𝑢𝑅ℎ𝑅

𝜕𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

𝜕𝑥
 (8.19) 

 

As steady-state condition applies Eq. 8.19 is equal to Eq. 8.17. From the overall mass 

balance the relation between 𝐶𝐶𝑜2+,𝑅,𝑏 and 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏 can be derived (Eq. 8.20): 

𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏 = 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑖𝑛 +
𝑢𝑅ℎ𝑅

𝑢𝐸ℎ𝐸
(𝐶𝐶𝑜2+,𝑅,𝑖𝑛 − 𝐶𝐶𝑜2+,𝑅,𝑏) (8.20) 

 

with u the velocity. By combining and solving Eqs. 8.19-8.20 with the boundary conditions 

in Eq. 8.21 and assuming that the inlet concentration of the cobalt-Cyanex 272 complex is 

zero, the concentration of cobalt ions in the raffinate at the outlet of the MMC can be 

calculated (Eq. 8.22):  

𝑥 = 0 →  𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 = 𝐶𝐶𝑜2+,𝑅,𝑖𝑛 
(8.21) 

𝑥 = 𝐿 →  𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 = 𝐶𝐶𝑜2+,𝑅,𝐿 

𝐶𝐶𝑜2+,𝑅,𝐿 =
𝛼 𝐶𝐶𝑜2+,𝑅,𝑖𝑛 + 𝐶𝐶𝑜2+,𝑅,𝑖𝑛𝑒

−
𝐾𝑚𝐿

𝑢𝑅ℎ𝑅
(1+𝛼)

1 + 𝛼
 

(8.22a) 

𝛼 =
 𝐶𝐻+,𝑅,𝑖𝑛

2  

𝐾𝑒𝑞 𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2

𝑢𝑅ℎ𝑅

𝑢𝐸ℎ𝐸
  (8.22b) 

 

with L the length of the MMC. 

 

Non-first order 

When large quantities of cobalt are extracted, the Cyanex 272 concentration can no longer 

be considered constant (Fig. 8.2b). Consequently, Eq. 8.23 differs from Eq. 8.12 and 

additional flux equations for Cyanex 272 are required (Eqs. 8.24 and 8.25): 
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𝐾𝑒𝑞 =
𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑒𝑞 𝐶𝐻+,𝑒𝑞

2

𝐶𝐶𝑜2+,𝑒𝑞 𝐶(𝐻𝑅)2,𝑒𝑞
2 =

𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚,𝑖,𝑥  𝐶𝐻+,𝑅,𝑖𝑛
2

𝐶𝐶𝑜2+,𝑅,𝑖,𝑥  𝐶(𝐻𝑅)2,𝑚,𝑖,𝑥
2  

(8.23) 

𝐽(𝐻𝑅)2,𝑚 = 𝑘(𝐻𝑅)2,𝑚(𝐶(𝐻𝑅)2,𝑚,𝑖,𝑥 − 𝐶(𝐻𝑅)2,𝐸,𝑖,𝑥) (8.24) 

𝐽(𝐻𝑅)2,𝐸 = 𝑘(𝐻𝑅)2,𝐸(𝐶(𝐻𝑅)2,𝐸,𝑖,𝑥 − 𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥) (8.25) 

 

Because the system is no longer a pseudo-first order one, the interfacial concentration of 

Cyanex 272 appears in Eq. 8.23. Consequently, a simple addition of Eqs. 8.11-8.14 no longer 

allows to solve Eq. 8.19. The relation between Eqs. 8.11, 8.13, 8.14, 8.24 and 8.25 is given 

by Eq. 8.26 as steady-state is assumed: 

𝐽𝐶𝑜2+,𝑅 = −
𝐽(𝐻𝑅)2,𝑚

2
= −

𝐽(𝐻𝑅)2,𝐸

2
= 𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚 = 𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸 

(8.26) 

 

Substituting Eqs. 8.11, 8.13, 8.14, 8.24 and 8.25 by this relation, a third order polynomial is 

found, describing 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 as function of the bulk concentration of the different reagents 

and products (Eq. A.8.12). Eq. 8.19 then no longer has an analytical solution anymore and 

needs to be solved numerically. Using Matlab R2014b, the roots of Eq. A.8.12 are first 

solved. Since Eqs. 8.11 and 8.19 are equal to one another, they can be solved using the 

Euler method (Eq. 8.27), were it is assumed that 
𝑢𝑅ℎ𝑅

𝑢𝐸ℎ𝐸
 = 1. This is justified as the flow rate 

ratio is 1:1 and both channel depths were equal throughout all the experiments. 

𝐶𝐶𝑜2+,𝑅,𝑏,(𝑥+𝑥) = 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 −
𝑘𝐶𝑜2+,𝑅

𝑢𝑅ℎ𝑅
(𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 − 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥)∆𝑥 

(8.27) 

 

with x the spatial step size, which was taken as 10 µm.  

8.3.1.2 Saponified Cyanex 272 

Despite the lack of a buffer, the concentration of H+ can again be assumed constant (see § 

8.3.2.6). Therefore, the same scenarios as with acidic Cyanex 272 emerged: pseudo-first 

order and non-first order (Fig. 8.3). 

 

Figure 8.3: Concentration profile in the MMC with partially saponified Cyanex 272: a) pseudo-first order, b) 

non-first order. 
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Pseudo-first order 

If the concentrations of saponified and acidic Cyanex 272 are present in large excess it is 

likely to assume them as being constant. Eqs. 8.11, 8.13, 8.14 then apply again, but the 

equilibrium constant is defined differently (Eq. 8.28): 

𝐾𝑒𝑞 =
𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑒𝑞 𝐶𝐻+,𝑒𝑞

𝐶𝐶𝑜2+,𝑒𝑞 𝐶𝑅−,𝑒𝑞 𝐶(𝐻𝑅)2,𝑒𝑞
2 =

𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚,𝑖,𝑥  𝐶𝐻+,𝑅,𝑖𝑛

𝐶𝐶𝑜2+,𝑅,𝑖,𝑥  𝐶𝑅−,𝐸,𝑖𝑛 𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2  

(8.28) 

 

In analogy with § 8.3.1.1, Eqs. 8.29 and 8.30 can be derived to describe the concentration of 

cobalt at the raffinate outlet: 

1

𝐾𝑚
=

1

𝑘𝐶𝑜2+,𝑅
+

 𝐶𝐻+,𝑅,𝑖𝑛

𝐾𝑒𝑞 𝐶𝑅−,𝐸,𝑖𝑛 𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2 (

1

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚
+

1

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸
) (8.29a) 

1

𝐾𝑚
=

2 ℎ𝑅

𝑆ℎ 𝐷𝑏𝑢𝑙𝑘,𝐶𝑜2+,𝑅

+
 𝐶𝐻+,𝑅,𝑖𝑛

𝐾𝑒𝑞 𝐶𝑅−,𝐸,𝑖𝑛 𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2 (

𝛿

휀 𝐷𝑏𝑢𝑙𝑘,𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸

+
2 ℎ𝑅

𝑆ℎ 𝐷𝑏𝑢𝑙𝑘,𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸
) 

(8.29b) 

𝐶𝐶𝑜2+,𝑅,𝐿 =
𝛼 𝐶𝐶𝑜2+,𝑅,𝑖𝑛 + 𝐶𝐶𝑜2+,𝑅,𝑖𝑛𝑒

−
𝐾𝑚𝐿

𝑢𝑅ℎ𝑅
(1+𝛼)

1 + 𝛼
 

(8.30a) 

𝛼 =
 𝐶𝐻+,𝑅,𝑖𝑛 

𝐾𝑒𝑞 𝐶𝑅−,𝐸,𝑖𝑛 𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2

𝑢𝑅ℎ𝑅

𝑢𝐸ℎ𝐸
 (8.30b) 

 

Due to the difference in the equilibrium constant (Eqs. 8.12 and 8.28), a slight difference 

appears in the final equations (Eqs. 8.22 and 8.30) for the pseudo-first order models of 

acidic and saponified Cyanex 272. However, this difference is marginal as can be seen in Fig. 

8.4 when using the parameters in Table 8.1. The diffusion coefficients in Table 8.1 were 

taken from literature [14], [22]. Keq for acidic Cyanex 272 was determined by fitting (see § 

8.3.2.3) and Keq for saponified Cyanex 272 was determined from a batch test (see § 8.3.2.6). 

Consequently, when pseudo-first order is assumed no difference is expected in the 

extraction kinetics between acidic Cyanex 272 and saponified Cyanex 272.  
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Figure 8.4: The solid black line represents the acidic Cyanex 272 pseudo-first order model. The green dotted 

line represents the saponified Cyanex 272 pseudo-first order model. The models were calculated using the 

parameters in Table 8.1. 

 

Table 8.1: Parameters used for deriving the pseudo-first order models in Fig. 8.4. 

 
Acidic  

Cyanex 272 

60% Saponified  

Cyanex 272 

h 50 µm 50 µm 

𝐶𝐶𝑜2+,𝑅,𝑖𝑛 14 mmol/L 14 mmol/L 

𝐶(𝐻𝑅)2,𝐸,𝑖𝑛 630 mmol/L 252 mmol/L 

𝐶𝑅−,𝐸,𝑖𝑛 / 756 mmol/L 

𝐶𝐻+,𝑅,𝑖𝑛 10-4 mmol/L 10-4 mmol/L 

𝐷𝑏𝑢𝑙𝑘,𝐶𝑜2+,𝑅 a 6.4 x 10-10 m²/s 6.4 x 10-10 m²/s 

𝐷𝑏𝑢𝑙𝑘,𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸 b 2.5 x 10-10 m²/s 2.5 x 10-10 m²/s 

Keq 3.27 x 10-11 2.83 x 10-7 

a
 obtained from literature [22] 

b
 obtained from literature [14] 

 

Non-first order 

When the concentration of saponified and acidic Cyanex 272 is not assumed as being 

constant, the same strategy must be followed as in § 8.3.1.1 with additional equations for 

the flux of saponified Cyanex 272 (Eqs. 8.31 and 8.32):  

𝐽𝑅−,𝑚 = 𝑘𝑅−,𝑚(𝐶𝑅−,𝑚,𝑖,𝑥 − 𝐶𝑅−,𝐸,𝑖,𝑥) (8.31) 

𝐽𝑅−,𝐸 = 𝑘𝑅−,𝐸(𝐶𝑅−,𝐸,𝑖,𝑥 − 𝐶𝑅−,𝐸,𝑏,𝑥) (8.32) 
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These fluxes were all related by Eq. 8.33: 

𝐽𝐶𝑜2+,𝑅 = −
𝐽(𝐻𝑅)2,𝑚

2
= −

𝐽(𝐻𝑅)2,𝐸

2
= 𝐽𝑅−,𝑚 = 𝐽𝑅−,𝐸 = 𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚 = 𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸 

(8.33) 

 

In comparison to § 8.3.1.1, a fifth order polynomial is now found to describe 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 (Eq. 

A.8.19), which can be solved using Matlab R2014b in a similar manner as done for Eq. 8.27, 

with the parameters given in Table 8.2. Looking at Fig. 8.5, there is a distinct difference in 

extraction kinetics between the acidic Cyanex 272 and the saponified Cyanex 272. To 

calculate the non-first order model for saponified Cyanex 272, it was assumed that the 

diffusion coefficients are the same as in acidic Cyanex 272 (Table 8.2). The diffusion 

coefficients were taken from literature [14], [22] or determined with the method given in § 

8.2.4. For saponified Cyanex 272 the same diffusion coefficient was taken as for acidic 

Cyanex 272, as it was not found in the literature and cannot be determined with the 

method given in § 8.2.4. With 60 % saponified Cyanex 272 there is also acidic Cyanex 272 

present inside the solution, preventing the determination of the diffusion coefficient of 

solely saponified Cyanex 272 and 100 % saponified Cyanex 272 solidifies. Keq for acidic 

Cyanex 272 was determined by fitting (see § 8.3.2.3) and Keq for saponified Cyanex 272 was 

determined from a batch test (see § 8.3.2.6). However, since the viscosity increases with 

saponified Cyanex 272 [10], it is likely that the diffusion coefficients are even lower in the 

organic phase, increasing the difference between the acidic Cyanex 272 and saponified 

Cyanex 272 non-first order model even more. 

 

This slower extraction rate for saponified Cyanex 272 was not expected (Fig. 8.5), since the 

extraction with saponified Cyanex 272 is reported to occur faster than with acidic Cyanex 

272 [10]. However, Fu et al. [10] used a Lewis Cell that mixes the organic and aqueous 

phase actively without disrupting the interface, hence strongly lowering mass transfer 

resistance, making reaction kinetics again relevant which are reported [10] to be faster for 

saponified Cyanex 272.  
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Figure 8.5: The blue line represents the acidic Cyanex 272 non-first order model. The red line represents the 

saponified Cyanex 272 non first order model. The models were calculated using the parameters in Table 8.2. 

 

To check the validity of all these proposed models, they are compared against experimental 

results in the following section. This allows to identify which of the made assumptions were 

correct. 

 

Table 8.2: Parameters used for deriving the non-first order models in Fig. 8.5. 

 
Acidic  

Cyanex 272 

60% Saponified  

Cyanex 272 

h 50 µm 50 µm 

𝐶𝐶𝑜2+,𝑅,𝑖𝑛 107 mmol/L 107 mmol/L 

𝐶(𝐻𝑅)2,𝐸,𝑖𝑛 630 mmol/L 252 mmol/L 

𝐶𝑅−,𝐸,𝑖𝑛 / 756 mmol/L 

𝐶𝐻+,𝑅,𝑖𝑛 10-4 mmol/L 10-4 mmol/L 

𝐷𝑏𝑢𝑙𝑘,𝐶𝑜2+,𝑅 a 6.4 x 10-10 m²/s 6.4 x 10-10 m²/s 

𝐷𝑏𝑢𝑙𝑘,(𝐻𝑅)2,𝐸 b 4.8 x 10-10 m²/s 4.8 x 10-10 m²/s 

𝐷𝑏𝑢𝑙𝑘,𝑅−,𝐸  / 4.8 x 10-10 m²/s 

𝐷𝑏𝑢𝑙𝑘,𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸 c 2.5 x 10-10 m²/s 2.5 x 10-10 m²/s 

Keq 3.27 x 10-11 2.83 x 10-7 

a
 obtained from literature [22] 

b
 experimentally determined by the method given in § 8.2.4 

c
 obtained from literature [14] 
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8.3.2 Experimental validation 

8.3.2.1 Selectivity 

As the pH strongly influences the amount extracted and the selectivity, it was kept constant 

during extraction by adding an acetate buffer. The acetate buffer was assumed not to take 

part in the complex formation process as this was also reported for similar extractants 

(D2EHPA, LIX 860-I and Cyanex 301) [23]. As the amount extracted as function of the pH 

strongly depends on the operating conditions and was not reported in literature for an 

acetate buffer, this relation was determined using shake tests (Fig. 8.6 and Fig. 8.7). The 

pH-isotherm was also represented as function of the pH of the feed before extraction 

instead of the equilibrium pH, as inside the MMC pH-regulation was not possible. 

 

 

Figure 8.6: a) pH isotherm for 14 mmol/L CoSO4 and 4 mmol/L NiSO4 with 500 mmol/L acetate buffer and 252 

mmol/L acidic Cyanex 272. The pH in the x-axis denotes the pH of the feed solution before extraction. 
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Figure 8.7: a) Distribution coefficient and b) separation factor as function of the pH obtained from batch test 

with 14 mmol/L CoSO4 and 4 mmol/L NiSO4 with 500 mmol/L acetate buffer and 252 mmol/L acidic Cyanex 

272. c) Distribution coefficient and d) separation factor as function of the residence time with an MMC with h 

= 50 µm, Celgard 2320 membrane, 14 mmol/L CoSO4, 4 mmol/L NiSO4, 500 mmol/L acetate buffer pH = 7 and 

252 mmol/L acidic Cyanex 272. Distribution factor = Csolven/Cfeed ; Separation factor = (Distribution 

factor)Cobalt/(Distribution factorNickel 

 

At pH 7, 99.4% of the cobalt was extracted. Consequently, all the following MMC 

experiments were conducted at pH 7. At higher pH values, more nickel was co-extracted 

and cobalt precipitated. By choosing a pH of 7, there was a certain margin for the pH to 

drop, as at pH 6 still 98.6% of the cobalt was extracted. In Fig. 8.8 the extraction 

performance was plotted for the MMC. At 0.6 min, equilibrium was reached and 98.3% of 

the cobalt was extracted, whereas only 4% of the nickel was co-extracted. 
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Figure 8.8: Extraction performance for the MMC with h = 50 µm, Celgard 2320 membrane, 14 mmol/L CoSO4, 

4 mmol/L NiSO4, 500 mmol/L acetate buffer pH = 7 and 252 mmol/L acidic Cyanex 272. 

 

8.3.2.2 Influence of acetate buffer concentration 

 

Figure 8.9: Impact of the acetate buffer concentration (pH = 7) onto the extraction kinetics of cobalt, under 

the following conditions: 1260 mmol/L acidic Cyanex 272, 14 mmol/L CoSO4, h = 50 µm, Celgard 2320 

membrane. The points represent experimental measurements. The black dotted line represents the acidic 

Cyanex 272 pseudo-first order model and the red dotted line the acidic Cyanex 272 non-first order model. The 

green solid line represents the fitted acidic Cyanex 272 pseudo-first order model. 

 

To derive the models, it was assumed that the concentration of H+ remained constant as 

the aqueous phase was buffered. Looking at Fig. 8.9 this was justified. With a concentration 

of 14 mmol/L Co2+ and 1260 mmol/L acidic Cyanex 272 and a channel depth of 50 µm there 

was no difference in the measured extraction kinetics of cobalt (data points) for the buffer 

concentrations: 500, 1000 and 2000 mmol/L (pH = 7). Non-diluted (1260 mmol/L) acidic 

Cyanex 272 was used as it was expected that the impact of the buffer concentration on the 

extraction kinetics would in this case be most pronounced. With a higher concentration of 

acidic Cyanex 272, the viscosity is larger, potentially decreasing the extraction kinetics. If 
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this would be the case, the impact due to the buffer concentration would be more visible. 

However, both the concentration buffer as the concentration acidic Cyanex 272 (see § 

8.3.2.3) did not influence the extraction kinetics.  

 

In order to evaluate the acidic Cyanex 272 pseudo-first order and the non-first order model, 

the diffusion coefficients of CoSO4 and Co-Cyanex 272 complex were taken from literature 

(see Table 8.3) and for acidic Cyanex 272 a diffusion coefficient of 4.8 x 10-10 m²/s in n-

heptane was determined with the method given in § 8.2.4 (Fig. 8.10).  

 

 

Figure 8.10: Chromatogram obtained according to the procedure in § 8.2.4. 

 

The equilibrium constant of 3.27 x 10-11 was determined from the MMC experiments at 

different acidic Cyanex 272 concentrations (see § 8.3.2.3). Using these data, the extraction 

kinetics could be predicted without a further need for any experimental extraction 

measurements in the MMC. Hence, looking at Fig. 8.9 the pseudo-first order and non-first 

order acidic Cyanex 272 model (black dotted line and red dotted line) gave the same result, 

which coincided well with the experimental data points. For the acidic Cyanex 272 pseudo-

first order model, the overall mass transfer coefficient amounted to 5.97 x 10-6 m/s, in line 

with other non-reactive extraction (see chapter 5) and hydrometallurgical SX [7]–[9] cases. 

The small difference between the experimental data and the theoretical models could be 

due to deviations of the Sherwood number (0.94  0.17) or of the reported diffusion 

coefficients. For instance, if the acidic Cyanex 272 pseudo-first order model was fitted using 

the data points by varying the diffusion coefficient of CoSO4 in water, the sum of least 

squared errors was the smallest at a diffusion coefficient of 2.9 x 10-10 m²/s, which was 

close to the diffusion coefficient used from literature (Table 8.3). However, for a further 

validation of the proposed models the diffusion coefficients reported in the literature were 
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used. As there was no difference between the different buffer concentrations, a 500 

mmol/L acetate buffer was used for the rest of the experiments. 

 

Table 8.3: The molecular diffusion coefficient of CoSO4 (aqueous), acidic Cyanex 272 (n-heptane) and Co-

Cyanex 272 (kerosene). 

Compound (solvent) Diffusion coefficient 

CoSO4 (aqueous) 6.4 x 10-10 m²/s b 

Acidic Cyanex 272 (n-heptane) 4.8 x 10-10 m²/s c 

Co-Cyanex 272 (kerosenea) 2,5 x 10-10 m²/s d 

a
 Slight deviation with the diffusion coefficient in n-heptane could exist. However, the impact of the diffusion 

coefficient of Co-Cyanex 272 on the models is negligible. 

b
 obtained from literature [22] 

c
 experimentally determined by the method given in § 8.2.4 

d
 obtained from literature [14] 

 

8.3.2.3 Influence of Cyanex 272 concentration 

From Fig. 8.9 it was clear that at 1260 mmol/L Cyanex 272 concentration and 14 mmol/L 

CoSO4 there was no difference between the pseudo-first order and the non-first order 

acidic Cyanex 272 model. It is therefore justified to assume that the Cyanex 272 

concentration was constant and concomitant pseudo-first order kinetics applies. This was 

also checked for lower concentrations of Cyanex 272 (Fig. 8.11). By fitting the equilibrium 

constant, a value of Keq = 3.27 x 10-11 was obtained and from 1260 mmol/L to 63 mmol/L 

Cyanex 272 with 14 mmol/L CoSO4 the extraction kinetics coincided well with the 

experimental data for the acidic Cyanex 272 pseudo-first order model. Consequently, it was 

valid to assume that the Cyanex 272 concentration remained constant, for the studied ratio 

range of acidic Cyanex 272 concentration over CoSO4 concentration going from 88.7 to 4.4. 

At lower ratios it could be that the concentration of acidic Cyanex 272 can still be assumed 

as being constant, but this has not been investigated, as at these lower ratios the amount 

of cobalt extracted is low and thus of limited interest. 

 

Because the concentration of acidic Cyanex 272 can indeed be assumed constant, the 

model remains linear and analytically solvable. With 63, 126 and 252 mmol/L Cyanex 272 

respectively 69.4%, 93.8% and 98.7% of the cobalt was extracted. From Fig. 8.11 it could be 

seen that with 14 mmol/L CoSO4 higher Cyanex 272 concentrations than 252 mmol/L 

yielded roughly the same extraction performance. 
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Figure 8.11: Impact of the acidic Cyanex 272 concentration onto the extraction kinetics of cobalt under 

following conditions: 500 mmol/L acetate buffer pH = 7, 14 mmol/L CoSO4, h = 50 µm, Celgard 2320 

membrane. The solid lines represent the acidic Cyanex 272 pseudo-first order model.  

 

8.3.2.4 Influence of Co2+ concentration 

To derive the proposed models above, it was also assumed that the interfacial surface was 

not saturated. When the cobalt concentration in the feed was increased, the flux should 

also increase linearly (Eq. 8.17), not affecting the extraction kinetics. With supported liquid 

membrane experiments, however, Swain et al. [18] reported that the flux reaches a plateau 

at a cobalt concentration of 11 mmol/L with 750 mmol/L Cyanex 272. For a Cyanex 272 

concentration of 1260 mmol/L in Fig. 8.12 a similar effect was observed. An acidic Cyanex 

272 concentration of 1260 mmol/L was chosen to keep the percentage cobalt extracted 

constant (100%), allowing to study the impact of the cobalt concentration, as the 

concentration acidic Cyanex 272 does not influence the extraction kinetics (see § 8.3.2.3). 

In Fig. 8.12 it is seen that with a cobalt concentration of 17 mmol/L, the data points are still 

satisfactorily described by the acidic Cyanex 272 pseudo-first order model (black dotted 

line), which neglects interface saturation. However, at cobalt concentrations of 58 mmol/L 

and 112 mmol/L it was no longer valid to neglect interface saturation. Hence, saturation at 

the interface had to be taken into account and consequently the equilibrium constant (Eq. 

8.12) had to be rewritten to Eq. 8.34:  

𝐾𝑒𝑞 =
𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚,𝑖,𝑥  𝐶𝐻+,𝑅,𝑖𝑛

2  𝐶∗

𝐶𝐶𝑜2+,𝑅,𝑎𝑑,𝑥  𝐶(𝐻𝑅)2,𝐸,𝑖𝑛
2  

(8.34) 

 

with 𝐶∗ the concentration of free sites and 𝐶𝐶𝑜2+,𝑅,𝑎𝑑,𝑥 the concentration of cobalt 

adsorbed at the interface at position x. To describe the concentration of cobalt adsorbed at 
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the interface, the linear driving force (LDF) model (Eq. 8.35) proposed by Glueckauf [24], 

which equaled Eq. 8.26, was used: 

𝐽𝐶𝑜2+,𝑎𝑑 =  𝑘𝐿𝐷𝐹(𝐶𝐶𝑜2+,𝑅,𝑎𝑑,𝑒𝑞,𝑥 − 𝐶𝐶𝑜2+,𝑅,𝑎𝑑,𝑥) (8.35) 

 

with kLDF the effective LDF mass transfer coefficient and 𝐶𝐶𝑜2+,𝑅,𝑎𝑑,𝑒𝑞,𝑥 the adsorbed 

concentration of cobalt when equilibrium would be reached. 𝐶𝐶𝑜2+,𝑅,𝑎𝑑,𝑒𝑞,𝑥 could be 

calculated using the Langmuir adsorption isotherm (Eq. 8.20): 

𝐶𝐶𝑜2+,𝑅,𝑎𝑑,𝑒𝑞,𝑥 =  
𝐾𝑎𝑑  𝐶𝐶𝑜2+,𝑅,𝑖,𝑥  𝐶∗

1 + 𝐾𝑎𝑑  𝐶𝐶𝑜2+,𝑅,𝑖,𝑥  
 

(8.36) 

 

with Kad the ratio of the adsorption rate over the desorption rate. Combining Eqs. 8.11, 8.13 

and 8.14 with Eqs. 8.34-8.36 gave a non-linear system such as in the non-first order models 

and had to be solved numerically in a similar fashion (Eq. A.8.29). 

By the sum of least squared errors, this adapted model was fitted to the experimental data 

points to determine the concentration of free sites, Kad, and kLDF (Table 8.4). This fitted 

model is represented in Fig. 8.12 by the solid colored lines. By adding the LDF model in 

combination with the Langmuir adsorption isotherm, the model now did take saturation of 

the interface into account. At residence times yielding higher extraction efficiencies than 50 

%, the model did not correspond as good to the experimental data as for shorter residence 

times for the two highest concentrations. This might be attributed to a decreased 

molecular diffusion at increasing concentrations. It might also be related to a deviation of 

Langmuir adsorptive behavior at increasing concentrations. Further work is required to 

investigate this rigorously. As Kad is large, one could simplify the Langmuir adsorption 

isotherm into Eq. 8.37: 

𝐶𝐶𝑜2+,𝑅,𝑎𝑑,𝑒𝑞,𝑥 =  𝐶∗ (8.37) 

 

Doing so, the function describing 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 reduces from a third order polynomial (Eq. 

A.8.29) to a second order polynomial (Eq. A.8.34), simplifying the numerical calculations. 

However, then a different curve was obtained (Fig. 8.12 colored dotted line) as at a certain 

position x in the MMC, the concentration 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 became so low that the denominator in 

Eq. 8.36 can no longer be simplified, prohibiting the made simplification (Eq. 8.37). 
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Table 8.4: The fitted values for the concentration free sites, Kad and kLDF. 

𝐶∗ 5.1 x 10-4 mmol/L 

Kad 5.5 x 1015 

kLDF 0.065 m/s  

 

 

Figure 8.12: Impact of the feed concentration of CoSO4 onto the extraction kinetics of cobalt under following 

conditions: 500 mmol/L acetate buffer pH = 7, 1260 mmol/L Cyanex 272, h = 50 µm, Celgard 2320 membrane. 

The solid colored lines represent the model containing the Langmuir LDF model. The colored dotted lines 

represent the model containing the LDF model with the simplified Langmuir adsorption isotherm (Eq. 8.37). 

The black dotted line represent the acidic Cyanex 272 pseudo-first order model, neglecting saturation of the 

interface. 

 

8.3.2.5 Influence of the channel depth 

From Eq. 8.18 it is clear that the channel depth strongly influences the extraction kinetics. 

However, as decreasing the channel depth had a positive impact on the extraction kinetics 

(Fig. 8.13a), it also reduced the internal volume of the MMC from 74 µl to 37 µl, if the 

channel depth was lowered from 100 µm to 50 µm. Despite this lower internal volume, the 

throughput in terms of flow rate increased (Fig. 8.13b). This can be understood from the 

fact that the transport from the raffinate to the extract solely depends upon diffusion and 

in that case the time (t) needed to diffuse a certain distance (X) is related to that distance 

with the power of 2 (Eq. 8.38), whereas the internal volume scales linearly with the channel 

depth.  

X2 = 2Dt (8.38) 

 

Therefore, a decrease in channel depth had a positive impact on throughput, despite a 

decrease of the internal volume and residence time (Fig. 8.13b). However, one should 

remark that with decreasing channel depth the pressure drop increases, eventually leading 
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to breakthrough. For both channel depths the acidic Cyanex 272 pseudo-first order model 

coincided with the experimental data points.  

 

 

Figure 8.13: Impact of the channel depth onto the extraction kinectis of cobalt as function of a) residence 

time and b) flow rate, under following conditions: 500 mmol/L acetate buffer pH 7, 14 mmol/L CoSO4, 252 

mmol/L Cyanex 272, Celgard 2320 membrane. The solid lines represent the acidic Cyanex 272 pseudo-first 

order model. 

 

8.3.2.6 Influence of saponification 

When Cyanex 272 was saponified, the extraction preceded much slower (Table 8.5). With 

107 mmol/L Co2+ and 1260 mmol/L acidic Cyanex 272 (500 mmol/L acetate buffer pH 7) 

91.7 % of cobalt was extracted at a residence time of 14.8 min. However, with saponified 

Cyanex 272 at the same residence time only 39.8 % of the cobalt was extracted. 

Consequently, to obtain fast extraction kinetics in membrane contactors, buffering of the 

feed is superior over saponification of Cyanex 272. Non-diluted (1260 mmol/L) Cyanex 272 

was used as saponification of diluted Cyanex 272 gave rise to a third phase formation, 

because of its low solubility in n-heptane. 

 

This difference in extraction kinetics was not caused by the lack of buffer with the 

saponified Cyanex 272 experiment, as when buffer was added the amount of cobalt that 

was extracted remained the same. This also justified the assumption of constant proton 

concentration that was made to derive the models for saponified Cyanex 272.  

 

The slower extraction with saponified Cyanex 272 in the MMC could more likely be 

explained by the fact that pseudo-first order kinetics could not be assumed for saponified 

Cyanex 272. Consequently, also diffusion of the Cyanex 272 should be taken into account as 

it indeed slowed down the extraction kinetics (Fig. 8.5). This also explained the results 



 CHAPTER 8: Separation of Co(II)/Ni(II) with Cyanex 272: extraction kinetics study 

  173 

reported by Soldenhoff et al. [6]. Here Cyanex 272 was also saponified, and Soldenhoff et 

al. found an overall mass transfer coefficient in the range of 4.3 - 7.3 x 10-7 m/s with a fiber 

radius of 120 µm, whereas for the acidic Cyanex 272 experiments with a channel depth of 

50 and 100 µm (Fig. 8.13) the overall mass transfer coefficient was respectively 2.8 x10-6 

m/s and 5.5 x10-6 m/s. Hence, the reaction kinetics are indeed to be neglected as it 

otherwise would also had to be seen in the experiments with acidic Cyanex 272, which has 

an even slower reaction kinetics than with saponified Cyanex 272 [10]. 

 

One could also try to explain these observed results by the fact that the viscosity of the 

organic phase increases with the amount of saponified Cyanex 272 [10], concomitantly, 

lowering the diffusion coefficients in the organic phase. Saponified Cyanex 272 is known 

from experiments to become more viscous with higher saponification levels and even forms 

a gel above 65%. If however a pseudo-first order kinetics is then still assumed, the 

diffusion coefficient of the cobalt-Cyanex 272 complex would have to drop with 5-6 orders 

of magnitude to comply with the observed results. This is so because the overall mass 

transfer coefficient (Eq. 8.18) for extraction mainly depends on the first term. However, 

such a value of a diffusion coefficient is considered to be very unlikely, even when taking 

this increasing viscosity into account. However, when non-first order kinetics were 

assumed, the diffusion coefficients in the organic phase had a much larger impact on the 

extraction kinetics. In table 8.6 the impact of the diffusion coefficients in the organic phase 

on the amount of cobalt extracted is depicted. This impact was calculated using the non-

first order model for a fixed residence time of 0.5 min. Using the diffusion coefficients from 

Table 8.3, 59.4 % of cobalt should be extracted according to the non-first order model, 

which does not comply with the observed results (Table 8.5). However, when the diffusion 

coefficients in the organic phase only dropped with a factor of 16, the model does describe 

the observed results (Table 8.5) correctly. This decrease of the diffusion coefficients, due to 

the increasing viscosity, seems more plausible than with the pseudo-first order model, 

where the diffusion coefficient of the Co-Cyanex 272 complex had to drop with 5-6 orders 

of magnitude to describe the observed results satisfactory. As Keq was defined differently 

for saponified Cyanex 272 (Eq. 8.28), it was determined from a batch test and equaled to 

2,83 x10-7. 
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Table 8.5: The amount of cobalt extracted in an MMC (h = 100 µm, Celgard 2320) with 1260 mmol/L acidic 

Cyanex 272 (acetate buffer 500 mmol/L pH = 7) or 60% saponified Cyanex 272 with and without 500 mmol/L 

acetate buffer (pH = 7). 

Concentration Co2+ Residence 
time 

Acidic 
Cyanex 

272 

Saponified 
Cyanex 272 

Saponified Cyanex 
272 + Acetate buffer 

14 mmol/L 0.5 min 63.8 % 17.6% / 

53 mmol/L 3.7 min 90.5% 32.7% / 

107 mmol/L 14.8 min 91.7% 39.8% 38.4% 

 

Table 8.6: Numerical simulation of the impact of the diffusion coefficient of acidic Cyanex 272, saponified 

Cyanex 272 and loaded Cyanex 272 on the extraction kinetics for the non-first order saponified Cyanex 272 

model under following conditions: tresidence = 0.5 min, h = 100 µm, 14 mmol/L CoSO4, 1260 mmol/L Cyanex 272 

of which 60 procent was saponified, Celgard 2320 membrane, Keq = 2.83 x 10
-7

. 

𝐃𝐛𝐮𝐥𝐤,(𝐇𝐑)𝟐
 and 𝐃𝐛𝐮𝐥𝐤, 𝐑− 

(x 10-10 m²/s) 

𝐃𝐛𝐮𝐥𝐤,𝐂𝐨𝑹𝟐.(𝑯𝑹)𝟐
 

(x 10-10 m²/s) 
% Extracted 

4.8 2.5 59.4% 

1.9 1.0 59.4% 

1.0 0.5 52.7% 

0.6 0.3 37.1% 

0.5 0.3 28.0% 

0.3 0.2 18.8% 

0.2 0.1 14.2% 

 

8.4 Conclusions 

To describe the extraction kinetics for cobalt with Cyanex 272 in a flat sheet membrane 

microcontactor, it was demonstrated that it was valid to assume pseudo-first order kinetics 

under at least the following studied conditions: (1) when the aqueous feed was buffered 

with an acetate buffer with a concentration in the range of 500 to 2000 mmol/L; (2) when 

the ratio of concentration acidic Cyanex 272 over concentration CoSO4 was in the range of 

88.7 to 4.4; and (3) when the concentration CoSO4 was lower than 17 mmol/L. In this case 

the model remained linear and could be solved analytically. However, when the 

concentration of cobalt in the aqueous feed was higher than 17 mmol/L, saturation of the 

interface had to be taken into account. As a consequence, the model had to be solved 

numerically. 
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When Cyanex 272 was saponified, a large decrease in extraction kinetics was observed in 

comparison with acidic Cyanex 272. This was not due to the reaction kinetics, since it was 

not observed in the experiments with acidic Cyanex 272. It was more likely that pseudo-first 

order kinetics could not be assumed with saponified Cyanex 272. With the non-first order 

model for saponified Cyanex 272, a difference in extraction kinetics was observed and a 

small decrease in diffusion coefficient in the organic solvent due to an increase of viscosity 

could explain the slower extraction kinetics. Consequently, to maximize extraction kinetics 

of cobalt with Cyanex 272 in membrane contactors, buffering the feed is a superior 

approach over saponification of Cyanex 272. 
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8.5 APPENDIX 

8.5.1 Determination of the Sherwood number 

The Sherwood number is constant in tubes and rectangular ducts and can be derived 

analytically (see § 3.6.2). In membrane contactors [25] and especially in hollow fiber 

modules [26], [27] the Sherwood number is often not constant, due to maldistribution of 

the fluid, and because the fluid flows around objects (i.e. hollow fibers). In those cases, the 

Sherwood number is function of the operating parameters. As a consequence, the 

Sherwood number is often described by a general Lévèque’s type of equation (Eq. A.8.1) 

[25]–[29]: 

Sh = a Reb Sc1/3  (
dh

L
)

c

 (A.8.1) 

 

with Re the Reynolds number, Sc the Schmidt number, dh the hydraulic radius, L the length 

of the MMC, and a, b, and c empirical constants obtained by fitting. For the MMC filled with 

diamond shaped pillars of AR 1, however, a constant Sherwood number of 0.94 was 

determined in chapter 5, despite the Wilson-plot method seeming to yield a better fit (Fig. 

A.8.1). Preference was given to a constant Sherwood number, as the error made can be 

considered sufficiently small, especially when taking the error of the experimental data into 

account, due to the absence of maldistribution and the low Reynolds numbers. As a 

consequence, the model then remains analytically solvable. When Eq. A.8.1 is used, this is 

no longer the case as the Reynolds number becomes dependent of the velocity, forcing the 

use of iterative methods and impeding the establishment of clear and easy to interpret 

relations. Moreover, using the Wilson-plot method, concerns have also been raised when 

the fitting is performed sequentially. First the Sherwood number is determined for each 

data point and subsequently Eq. A.8.1 is fitted. In this case, a double fit is performed on the 

same data set, which leads to higher fitting errors. To omit these drawbacks and because of 

the limited impact it had, a constant Sherwood number was used in this work.  
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Figure A.8.1: Wilson plot for the (a) aqueous and (b) organic (heptane) phase. The experimental datapoints 

were obtained from chapter 5. From fitting: (a) a = 0.087, b = 0.239, and c = 0.005; (b) a = 0.149, b = 0.099, and 

c = 0.0006 

 

8.5.2 Numerical simulation: 

For all numerical simulations 
𝑢𝑅ℎ𝑅

𝑢𝐸ℎ𝐸
 = 1 was assumed, which is justified as all experiments 

were conducted at a flow rate ratio of 1:1 and the channel depths were always equal to 

each other. To calculate the cobalt concentration at the outlet of the raffinate, Eq. 8.27 was 

solved with a spatial step size (x) of 10 µm for different residence times, which resulted in 

different velocities. For this, 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 was determined by calculating the roots of 

respectively Eqs. A.8.2, A.8.19, A.8.29 and A.8.34. To do so, the local mass transfer 

coefficients were calculated from Eq. 8.15 and as the organic phase was inside the pores of 

the membrane the local mass transfer coefficient in the channel and membrane were 

additive (Eq. A.8.2-A.8.5):  

 

𝑘𝐶𝑜2+ =  𝑘𝐶𝑜2+,𝑅 (A.8.2) 

𝑘(𝐻𝑅)2
=

1

1
𝑘(𝐻𝑅)2,𝑚

+
1

𝑘(𝐻𝑅)2,𝐸

 
(A.8.3) 

𝑘𝑅− =  
1

1
𝑘𝑅−,𝑚

+
1

𝑘𝑅−,𝐸

 
(A.8.4) 

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2
=

1

1
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚

+
1

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸

 
(A.8.5) 

 

The bulk concentrations of Cyanex 272 and loaded Cyanex 272 needed to calculate 

𝐶𝐶𝑜2+,𝑅,𝑖,𝑥, was determined from the mass balance (Eqs. A.8.6-A.8.8). 
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 𝐶(𝐻𝑅)2,𝐸,𝑏,(𝑥+𝑥) =   𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥 − 2(𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 − 𝐶𝐶𝑜2+,𝑅,𝑏,(𝑥+𝑥)) (A.8.6) 

𝐶𝑅−,𝐸,𝑏,(𝑥+𝑥) = 𝐶𝑅−,𝐸,𝑏,𝑥 − (𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 − 𝐶𝐶𝑜2+,𝑅,𝑏,(𝑥+𝑥)) (A.8.7) 

𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,(𝑥+𝑥) = 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥 + (𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 − 𝐶𝐶𝑜2+,𝑅,𝑏,(𝑥+𝑥)) (A.8.8) 

 

When solving Eqs. A.8.12, A.8.19, A.8.29 and A.8.34, multiple roots for 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 were 

found, but only one was physically possible and should comply with following criteria: 

 

 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 should always be smaller than the feed concentration. 

 The interface concentration of Cyanex 272 and loaded Cyanex 272 should always 

be positive and can be calculated by combining Eqs. 8.13, 8.14, 8.24, 8.25, 8.31 and 

8.32 with Eq. 8.11, yielding Eqs. A.8.9-A.8.11: 

𝐶(𝐻𝑅)2,𝑚,𝑖,𝑥 = 𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥 − 2
𝑘𝐶𝑜2+

𝑘(𝐻𝑅)2

(𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 − 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥) (A.8.9) 

𝐶𝑅−,𝑚,𝑖,𝑥 = 𝐶𝑅−,𝐸,𝑏,𝑥 −
𝑘𝐶𝑜2+

𝑘𝑅−
(𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 − 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥) (A.8.10) 

𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚,𝑖,𝑥 = 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥 +
𝑘𝐶𝑜2+

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

(𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 − 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥) (A.8.11) 

 

8.5.2.1 Acidic Cyanex 272 with a non-first order model 

When the concentration Cyanex 272 can no longer be assumed constant, 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 is no 

longer described by a linear equation, instead Eq. A.8.12 was derived from Eq. 8.26 with 

parameters A, B, C and D (Eqs. A.8.13-A.8.18) to simplify Eq. A.8.12: 

 

(𝐴 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥
2 + 𝐵 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 + 𝐶)

2
= 𝐶2 + 𝐷 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 (A.8.12) 

𝑎 =  𝑘𝐶𝑜2+ ∗ 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2
∗  𝐾𝑒𝑞  (A.8.13) 

𝑏 = 𝑘(𝐻𝑅)2
 ∗ 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

∗  𝐾𝑒𝑞 (A.8.14) 

𝐴 =  
2𝑎

𝐶𝐻+,𝑅,𝑖𝑛
2  (A.8.15) 

𝐵 =  (𝑏
𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥

𝐶𝐻+,𝑅,𝑖𝑛
2 − 2𝑎

𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

𝐶𝐻+,𝑅,𝑖𝑛
2 ) (A.8.16) 

𝐶 =  
1

4
𝑘(𝐻𝑅)2

2  (A.8.17) 

𝐷 =  
𝑏 𝑘(𝐻𝑅)2

𝐶𝐻+,𝑅,𝑖𝑛
2 (

1

2
𝑘(𝐻𝑅)2

∗ 𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥 + 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2
∗ 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥) (A.8.18) 
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8.5.2.2 Saponified Cyanex 272 with a non-first order model 

When Cyanex 272 was saponified and the concentration Cyanex 272 can no longer be 

assumed constant, again 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 is no longer described by a linear equation. To this end, 

Eq. A.8.19 was derived from Eq. 8.33 with parameters A, B, C, D, E and F (Eqs. A.8.20-8.28) 

to simplify Eq. A.8.19: 

(𝐴 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥
3 + 𝐵 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥

2 + 𝐶 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 + 𝐷)
2

= 𝐷2 + 𝐸 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥
2 + 𝐹 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 

 

(A.8.19) 

𝑎 =  𝑘𝐶𝑜2+ ∗ 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2
∗  𝐾𝑒𝑞  (A.8.20) 

𝑏 = 𝑘(𝐻𝑅)2
 ∗ 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

∗ 𝐾𝑒𝑞 (A.8.21) 

𝑐 =  𝑘(𝐻𝑅)2

2  ∗ 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

2 ∗ 𝐾𝑒𝑞 (A.8.22) 

𝐴 =  
2 𝑎 𝑘𝐶𝑜2+  

𝑘𝑅−𝐶𝐻+,𝑅,𝑖𝑛
 (A.8.23) 

𝐵 =  
2 𝑎 𝐶𝑅−,𝐸,𝑏,𝑥

𝐶𝐻+,𝑅,𝑖𝑛
−

4 𝑎 𝑘𝐶𝑜2+𝐶𝐶𝑜2+,𝑅,𝑏,𝑥  

𝑘𝑅−𝐶𝐻+,𝑅,𝑖𝑛
+

𝑎 𝑘(𝐻𝑅)2
𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥

𝑘𝑅−𝐶𝐻+,𝑅,𝑖𝑛
 (A.8.24) 

𝐶 =  
𝑏 𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥𝐶𝑅−,𝐸,𝑏,𝑥  

𝐶𝐻+,𝑅,𝑖𝑛
−

𝑎 𝑘(𝐻𝑅)2
𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥

𝑘𝑅−𝐶𝐻+,𝑅,𝑖𝑛

−
2 𝑎 𝐶𝑅−,𝐸,𝑏,𝑥𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 

𝐶𝐻+,𝑅,𝑖𝑛
+

2 𝑎 𝑘𝐶𝑜2+𝐶𝐶𝑜2+,𝑅,𝑏,𝑥
2  

𝑘𝑅−𝐶𝐻+,𝑅,𝑖𝑛
 

(A.8.25) 

𝐷 =  
1

4
𝑘(𝐻𝑅)2

2  (A.8.26) 

𝐸 =  
𝑎 𝑘(𝐻𝑅)2

3  𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥

2 𝑘𝑅−𝐶𝐻+,𝑅,𝑖𝑛
+

𝑐 𝑘𝐶𝑜2+𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥 

𝑘𝑅−𝐶𝐻+,𝑅,𝑖𝑛
 (A.8.27) 

𝐹 =  
1

2
𝑏 𝑘(𝐻𝑅)2

2
𝐶𝑅−,𝐸,𝑏,𝑥  𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥

𝐶𝐻+,𝑅,𝑖𝑛
−

𝑎 𝑘(𝐻𝑅)2

3  𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥

2 𝑘𝑅−  𝐶𝐻+,𝑅,𝑖𝑛

+
𝑐 𝐶𝑅−,𝐸,𝑏,𝑥𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥  

𝐶𝐻+,𝑅,𝑖𝑛

−  
𝑐 𝑘𝐶𝑜2+  𝐶𝐶𝑜2+,𝑅,𝑏,𝑥𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥 

𝑘𝑅−  𝐶𝐻+,𝑅,𝑖𝑛
 

(A.8.28) 

 

8.5.2.3 Acidic Cyanex 272 with a saturated interface model 

Langmuir isotherm 

If the interface saturation was taken into account, 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 is no longer described by a 

linear equation. If adsorption at the interface is described by Eq. 8.36, Eq. A.8.29 was 

derived from Eqs. 8.26 and 8.34-8.36. Parameters A, B, C and D were calculated from Eqs. 

A.8.30-A.8.33. 
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𝐴 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥
3 + 𝐵 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥

2 +  𝐶 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 + 𝐷 = 0 

 
(A.8.29) 

𝐴 =  𝐾𝑎𝑑

𝑘𝐶𝑜2+
2

𝑘𝐿𝐷𝐹
𝐶𝐻+,𝑅,𝑖𝑛

2  (A.8.30) 

𝐵 =  
𝑘𝐶𝑜2+

2

𝑘𝐿𝐷𝐹
𝐶𝐻+,𝑅,𝑖𝑛

2 − 2 𝐾𝑎𝑑𝑘𝐶𝑜2+ 𝐶∗𝐶𝐻+,𝑅,𝑖𝑛
2 − 2 𝐾𝑎𝑑

𝑘𝐶𝑜2+
2

𝑘𝐿𝐷𝐹
𝐶𝐻+,𝑅,𝑖𝑛

2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

− 𝐾𝑎𝑑

𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

 𝐶𝐻+,𝑅,𝑖𝑛
2  𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥

− 𝐾𝑎𝑑𝐾𝑒𝑞

𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥
2  

(A.8.31) 

𝐶 =  −𝑘𝐶𝑜2+𝐶∗𝐶𝐻+,𝑅,𝑖𝑛
2 − 2

𝑘𝐶𝑜2+
2

𝑘𝐿𝐷𝐹
𝐶𝐻+,𝑅,𝑖𝑛

2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

−
𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

 𝐶𝐻+,𝑅,𝑖𝑛
2  𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥

− 𝐾𝑒𝑞

𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥
2

+ 2 𝐾𝑎𝑑𝑘𝐶𝑜2+𝐶∗𝐶𝐻+,𝑅,𝑖𝑛
2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

+ 2 𝐾𝑎𝑑𝑘𝐶𝑜𝑅2.(𝐻𝑅)2
𝐶∗𝐶𝐻+,𝑅,𝑖𝑛

2 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥

+ 𝐾𝑎𝑑

𝑘𝐶𝑜2+
2

𝑘𝐿𝐷𝐹
𝐶𝐻+,𝑅,𝑖𝑛

2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥
2

+ 𝐾𝑎𝑑

𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

 𝐶𝐻+,𝑅,𝑖𝑛
2  𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

+ 𝐾𝑎𝑑𝐾𝑒𝑞

𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥
2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

− 𝐾𝑎𝑑𝐾𝑒𝑞𝑘𝐶𝑜𝑅2.(𝐻𝑅)2
𝐶∗𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥

2  

(A.8.32) 

𝐷 =  𝑘𝐶𝑜2+ 𝐶∗𝐶𝐻+,𝑅,𝑖𝑛
2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 + 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

𝐶∗𝐶𝐻+,𝑅,𝑖𝑛
2 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥

+
𝑘𝐶𝑜2+

2

𝑘𝐿𝐷𝐹
𝐶𝐻+,𝑅,𝑖𝑛

2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥
2

+
𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

𝐶𝐻+,𝑅,𝑖𝑛
2 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

+ 𝐾𝑒𝑞

𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥
2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 

(A.8.33) 

 

Simplified Langmuir isotherm 

If Kad is large Eq. 8.36 can be simplified to Eq. 8.37, yielding Eq. A.8.34 as a result. 

Parameters A, B and C were calculated from Eqs. A.8.35-A.8.37. 

𝐴 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥
2 +  𝐵 𝐶𝐶𝑜2+,𝑅,𝑖,𝑥 + 𝐶 = 0 (A.8.34) 
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𝐴 =  
𝑘𝐶𝑜2+

2

𝑘𝐿𝐷𝐹
𝐶𝐻+,𝑅,𝑖𝑛

2  (A.8.35) 

𝐵 =  −2 
𝑘𝐶𝑜2+

2

𝑘𝐿𝐷𝐹
𝐶𝐻+,𝑅,𝑖𝑛

2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥 −
𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

𝐶𝐻+,𝑅,𝑖𝑛
2 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥

− 𝐾𝑒𝑞

𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥
2  

(A.8.36) 

𝐶 =  
𝑘𝐶𝑜2+

2

𝑘𝐿𝐷𝐹
𝐶𝐻+,𝑅,𝑖𝑛

2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥
2

+
𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

 𝐶𝐻+,𝑅,𝑖𝑛
2 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐸,𝑏,𝑥𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

+ 𝐾𝑒𝑞

𝑘𝐶𝑜2+

𝑘𝐿𝐷𝐹
𝑘𝐶𝑜𝑅2.(𝐻𝑅)2

𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥
2 𝐶𝐶𝑜2+,𝑅,𝑏,𝑥

− 𝐾𝑒𝑞𝑘𝐶𝑜𝑅2.(𝐻𝑅)2
𝐶(𝐻𝑅)2,𝐸,𝑏,𝑥

2 𝐶∗ 

(A.8.37) 
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CHAPTER 9   

Separation of Co(II)/Ni(II) with 

Cyanex 272: stripping kinetics 

and continuous operation study 

 

In the present chapter, the impact of the acid concentration, Cyanex 272 concentration, 

and membrane wetting properties on the stripping kinetics of loaded Co-Cyanex 272 is 

studied in a flat membrane microcontactor. To reduce the environmental impact and to be 

economically viable, the extractant needs to be regenerated. From the observed results, a 

model was derived to describe the stripping kinetics, enabling to maximize throughput. Like 

for the extraction of cobalt, also for the reversed reaction (stripping of loaded Co-Cyanex 

272), pseudo-first order kinetics could be assumed. However, unlike the extraction of 

cobalt, the reaction kinetics for the stripping of loaded Co-Cyanex 272 had to be taken into 

account. As a consequence, the sulfuric acid concentration influences the stripping kinetics 

and consequently the throughput as well. Furthermore, it was also shown that the 

concentration of Cyanex 272 affected the stripping rate, in contrast to the extraction of 

cobalt. To increase throughput, a scale-up strategy is proposed, that can be realized 

without inducing a loss of efficiency, which is demonstrated by increasing throughput by a 

ten-fold. Moreover, the separation efficiency is studied in a continuous operation set-up 

over a period of 5 hours.  

This chapter has been submitted in: 

J. Hereijgers, T. Vandermeersch, N. Van Oeteren, T. Breugelmans, W. De Malsche, Separation of Co(II)/Ni(II) with Cyanex 

272 using a flat membrane microcontactor: stripping kinetics study, upscaling and continuous operation, Chem. Eng. Res. 

Des., Submitted. 
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Nomenclature 
 

C concentration (mol/m³) Keq equilibrium constant (\)   
HR acidic Cyanex 272 Km overall mass transfer coefficient (m/s)   
CoR2.(HR)2 cobalt-Cyanex 272 complex Sh Sherwood number (\)   
r reaction rate (mol/(m³ s)) h channel heigh (m) 
kr reaction rate constant (L

2.64
/(mol

2.64
s) u velocity (m/s) 

k local mass transfer coefficient (m/s) L length MMC (m) 
J flux (mol/(m² s)) H partition coefficient (\) 

 
Greek Symbols Subscripts 

 membrane thickness (m) F feed 

 membrane porosity (\) b bulk 

 membrane tortuosity (\) x axial position 
  i interface 
  S solvent 
 m membrane 
    

 

 

9.1 Introduction 

In chapter 8, the effects on the overall extraction kinetics for the reactive extraction of 

cobalt with Cyanex 272 in a flat membrane microcontactor have been studied. We 

demonstrated that certain operating conditions can severely decrease the mass transfer 

rate and concomitantly the overall extraction rate. When, for instance, the cobalt 

concentration was increased above 17 mmol/L, saturation of the interface occurred. 

Consequently, when the cobalt concentration was increased with a factor of 6.7, the time 

needed to extract 99% of the cobalt, raised with a factor of 4.85 up to 4 min. Also 

saponification of Cyanex 272, instead of buffering the aqueous feed solution, strongly 

reduced the extraction rate. In that case, a reduction of the extraction rate up to a factor of 

3.62 has been demonstrated by using saponified Cyanex 272.  

 

While the extraction of cobalt with Cyanex 272 with different kinds of membrane 

contactors (e.g., hollow fiber [1], MMC (see chapter 8)) has been thoroughly studied, the 

reversed reaction, stripping of loaded Cyanex 272, has to the best of our knowledge not yet 

been studied in membrane contactors. However, to reduce the environmental impact and 

to be economically viable, it is absolutely necessary to regenerate the extractant, such that 

it can be reused. For Cyanex 272 this is accomplished by stripping the loaded organic phase 

with a strong acid. During stripping, protons are exchanged for cobalt ions, transferring the 

cobalt back to the aqueous phase, but more importantly regenerating Cyanex 272 such that 

it can be reused in the extraction stage. Preferably, this should be accomplished by flowing 

only once through the membrane contactor. With hollow fibers, for instance, the flow is 
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often recirculated as mass transfer is then improved [2]–[5]. However, doing so, the 

process becomes discontinuous.  

 

While for extraction of cobalt with Cyanex 272 the extraction rate has been maximized, 

throughput still remained limited (< 100 µl/min) (Fig. 8.8b). Therefore, upscaling of the 

MMC is necessary. To do this, the internal volume has to be enlarged. Increasing the 

channel height, is not an option as it lowers throughput instead of increasing it (see § 

3.4.3). Therefore, upscaling can only be performed by increasing the length or width. 

Elongating the MMC, however, is also limited as the axial pressure drop increases with the 

length and due to this, also the pressure difference across the membrane increases, 

potentially leading to breakthrough. This leaves only the width available for upscaling, but 

then some sort of strategy is required to avoid maldistribution of the liquid flow. 

 

In this chapter, the impact of the acid concentration, Cyanex 272 concentration, and 

membrane wetting properties on the stripping kinetics of loaded Cyanex 272 is studied for 

the MMC. From these results, a model is derived which allows the optimization of the 

stripping kinetics. Furthermore, throughput is increased by proposing a scaling-up strategy 

for the MMC. Subsequently, a set of scaled-up MMCs are used to continuously separate 

cobalt from nickel by regenerating and recycling Cyanex 272 in a closed loop, allowing to 

study the effect of a mid-term operation period. 

9.2 Experimental 

9.2.1 Chemicals 

Cyanex 272 (45 wt% in escaid 110, 1260 mmol/L) from Cytec (NJ, US) was utilized as such, 

with no further purification. Sodium hydroxide, cobalt(II)sulfate heptahydrate, 

nickel(II)sulfate hexahydrate, sulfuric acid, n-heptane and acetic acid were purchased from 

Sigma-Aldrich (Belgium) with a purity of 99 +%. To calibrate the atomic absorption 

spectroscopic (AAS) analysis, calibration solutions of 1000 mg/ml Co2+ and Ni2+ were 

obtained from Chem-Lab (Belgium). The water used in the experiments was prepared in the 

laboratory (Milli-Q-gradient, Millipore, MA, USA). 
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9.2.2 Construction of the MMC 

Construction of the 50 µm deep MMCs with a micromill (Datron M7 CNC mill) was 

performed in similar manner as reported in § 5.2.2, with following membranes: (1) a tri-

layered polypropylene/polyethylene/polypropylene membrane (Celgard 2320, dpore = 27 

nm,  = 20 µm,  = 39 %) and (2) a hydrophilized PTFE membrane (Advantec H010A293D, 

dpore = 100 nm,  = 35 µm,  = 71 %). Beside the previously reported 37 µl MMC (Fig. 5.1), a 

scaled-up MMC was also constructed with an internal volume of 377 µl, a width of 100 mm, 

a length of 220 mm and a depth of 50 µm (Fig. 9.1).  

 

 

Figure 9.1: a) Schematic representation of the scaled-up MMC, b) Fully assembled view of the scaled-up MMC 

and c) Comparison picture of the 37µl and the 377 µl large MMC. 

 

9.2.3 Extraction and stripping experiments 

For the extraction experiment, the aqueous feed was prepared by dissolving 14 mmol/L 

cobalt(II)sulfate heptahydrate and 4 mmol/L nickel(II)sulfate hexahydrate in water. 

Subsequently, 500 mmol/L acetate buffer (pH = 7) was added and the pH was checked 

using a glass electrode (WTW Inolab) and adjusted with 10 mol/L NaOH if necessary.  

 

The organic solvent consisted of Cyanex 272 in escaid 110 (1260 mmol/L) and was diluted in 

n-heptane to the desired concentration. For the stripping experiments, the feed (loaded 

Cyanex 272) was prepared by mixing the aqueous feed, used in the extraction experiments, 

with Cyanex 272 in a flask and manually shaken for 5 min, forming the Co-Cyanex 272 
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complex. Next, the loaded organic phase was separated from the aqueous phase and used 

as such as feed. The stripping solution was prepared by diluting concentrated sulfuric acid 

(98%) to the desired concentration. 

 

The feed solution and extraction solvent or stripping solution were fed with two HPLC 

pumps (Shimadzu, LC10AD) at equal flow rates into the MMC. For the continuous operation 

experiments, a third dual syringe pump (Hitec Zhang Syrdos 2), equipped with 1 ml 

syringes, was used to continuously recycle the organic phase. Steady-state condition was 

assumed after three times the internal volume of the entire system went through the set-

up. At that point, samples of the aqueous phase were collected at the outlet in an ice bath. 

Subsequently, these samples were diluted with 400 mmol/L hydrochloric acid solution and 

analyzed by atomic absorption spectroscopy (ICE 3000 AA Spectrometer Thermo Scientific). 

From these results, the amount extracted and/or stripped was calculated using Eq. 9.1: 

% 𝐸𝑥𝑡𝑟𝑎𝑐𝑡𝑒𝑑 𝑜𝑟 𝑆𝑡𝑟𝑖𝑝𝑝𝑒𝑑 =  
𝐶𝐶𝑜2+,𝐹𝑒𝑒𝑑 −  𝐶𝐶𝑜2+,𝑅𝑎𝑓𝑓𝑖𝑛𝑎𝑡𝑒 

𝐶𝐶𝑜2+,𝐹𝑒𝑒𝑑 
∗  100 

(9.1) 

 

with C the concentration. Every sample was always visually checked for phase homogeneity 

to ensure a breakthrough-free operation. Before starting a new extraction campaign, all air 

was removed by flushing the set-up with isopropanol for 5 min at a flow rate of 5 ml/min. 

 

9.3 Results and discussion 

9.3.1 Reaction kinetics 

When Cyanex 272 is in its acidic state, extraction (from left to right, Eq. 9.2) and stripping 

(from right to left, Eq. 9.2) proceeds by the following overall reaction (Eq. 9.2) [6]–[9]:  

𝐶𝑜𝑎𝑞
2+ + 2(𝐻𝑅)2,𝑜𝑟𝑔

𝑘𝑟,1

⇌
𝑘𝑟,2

𝐶𝑜𝑅2. (𝐻𝑅)2,𝑜𝑟𝑔 + 2𝐻+ (9.2) 

 

Performing the extraction in a membrane microcontactor, the overall extraction kinetics 

were mass transfer limited and reaction kinetics could be neglected (see chapter 8). The 

flow inside the MMC was laminar and consequently the transport of cobalt towards the 

extraction solvent was solely due to diffusion, leading to a mass transfer limited regime. 

However, when 5 ml 15 mmol/L loaded Co-Cyanex 272 was vigorously mixed by hand with 
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5 ml 1000 mmol/L sulfuric acid, equilibrium was not instantaneously reached (Fig. 9.2). 

From this, it could be inferred that the reversed reaction (stripping) was not only mass 

transfer limited, but that it was also dependent on the reaction kinetics. This was also in 

accordance with literature [10] where di-(2-ethylhexyl)phosphoric acid (D2EHPA), also a 

phosphorus based extractant, was used. Likely, both phenomena should be incorporated 

into the model to describe the stripping kinetics (see § 9.3.3), whereas for extraction this 

was not necessary (see chapter 8). 

 

Figure 9.2: Amount of cobalt stripped as a function of the reaction time in a shake experiment with 15 mmol/L 

loaded Co-Cyanex 272, 252 mmol/L Cyanex 272 and 1000 mmol/L sulfuric acid. 

 

9.3.2 Stripping kinetics model 

In chapter 8, it was shown that for extraction pseudo-first order kinetics could be assumed 

under following conditions:  

 The aqueous feed is buffered, allowing Cyanex 272 to be used in its acidic state. 

 The cobalt concentration in the feed remains below 17 mmol/L. 

 The concentration Cyanex 272 is at least 4.4 times higher than the cobalt 

concentration. 

 

Under these conditions, an analytically solvable model could be derived, omitting the need 

for numerical simulations. For stripping under the same conditions, it is likely valid to 

assume pseudo-first order reaction kinetics. Only now no buffer was added, but instead 

sulfuric acid in a high concentration was added. With pseudo-first order reaction kinetics, 

the concentration protons and Cyanex 272 were assumed constant. In literature, however, 

no expression was found for the reaction rate. Therefore, to describe the reaction rate      
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Eq. 9.3 was used, where the concentrations of loaded Co-Cyanex 272 and cobalt had an 

exponent of 1 as pseudo-first order kinetics were assumed. 

−𝑟𝐶𝑜𝑅2.𝐻+ = 𝑘𝑟,2𝐶𝐶𝑜𝑅2.(𝐻𝑅)2
𝐶𝐻+,𝑖𝑛

𝑛 − 𝑘𝑟,1𝐶𝐶𝑜2+  𝐶(𝐻𝑅)2,𝑖𝑛
𝑝

 (9.3) 

 

with r the reaction rate and kr the reaction rate constant. The exponents n and p were 

determined experimentally. To describe mass transfer of cobalt in the MMC, the following 

assumptions were made: 

 The system operates in steady-state in terms of operating condition. This does not 

mean that the percentage stripped is constant in function of the residence time (or 

velocity), but instead that there is no concentration build-up inside the MMC. 

 The solvents are immiscible. 

 The pores of the membrane are completely filled by the wetting liquid. 

 Axial diffusion can be neglected (see § 3.4.2.1). 

 No saturation of the surface occurs. 

In similar fashion as in § 8.3.1, the different flux steps (Eqs. 9.4-9.10) from the feed towards 

the stripping phase could be derived, using the film theory: 

 At the feed side loaded Co-Cyanex 272 diffuses from the bulk towards the 

membrane (Eq. 9.4): 

𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹 = 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹(𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹,𝑏,𝑥 − 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹,𝑖,𝑥) (9.4) 

 

with J the flux and k the local mass transfer coefficient. The subscript F denotes the 

feed, b the bulk, i the interface and x the axial position. 

 

 Depending on the wetting properties of the membrane, the pores are filled with 

either the organic phase (hydrophobic membrane) or the aqueous phase 

(hydrophilic membrane). In case of a hydrophobic membrane, the loaded Co-

Cyanex 272 diffuses from the interface with the membrane and the feed through 

the pores towards the interface with the membrane and the stripping solution (Eq. 

9.5): 
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𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚 = 𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚(𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹,𝑖,𝑥 − 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚,𝑖,𝑥) (9.5) 

 

The subscript m denotes the membrane. At this interface, equilibrium (Eq. 9.6) can 

no longer be assumed as was the case with the extraction of cobalt, which was only 

mass transfer limited.  

𝐾𝑒𝑞 =
𝑘𝑟,1

𝑘𝑟,2
=

𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝑒𝑞 𝐶𝐻+,𝑒𝑞
2

𝐶𝐶𝑜2+,𝑒𝑞 𝐶(𝐻𝑅)2,𝑒𝑞
2  (9.6) 

 

with Keq the equilibrium constant, which is equal to 3.27 x 10-11 for the extraction 

and stripping of cobalt with Cyanex 272 (see § 8.3.2.3). Instead, the flux of cobalt 

that is transferred to the stripping side, is described by the reaction rate equation 

(Eq. 9.3), yielding Eq. 9.7 in combination with Eq. 9.6: 

−𝑟𝐶𝑜𝑅2(𝐻𝑅)2
= 𝑘𝑟,2𝐶𝐻+,𝑖𝑛

𝑛 (𝐶𝐶𝑜𝑅2(𝐻𝑅)2,𝑚,𝑖,𝑥 − 𝐾𝑒𝑞  
𝐶(𝐻𝑅)2,𝑖𝑛

𝑝

𝐶𝐻+,𝑖𝑛
𝑛 𝐶𝐶𝑜2+,𝑆,𝑖,𝑥) (9.7) 

 

The subscript S denotes the stripping solution. In case a hydrophilic membrane is 

used, the pores will be filled with the stripping solution and transfer of cobalt to the 

stripping phase now occurs at the interface with the feed and the membrane (Eq. 

9.8): 

−𝑟𝐶𝑜𝑅2(𝐻𝑅)2
= 𝑘𝑟,2𝐶𝐻+,𝑖𝑛

𝑛 (𝐶𝐶𝑜𝑅2(𝐻𝑅)2,𝐹,𝑖,𝑥 − 𝐾𝑒𝑞  
𝐶(𝐻𝑅)2,𝑖𝑛

𝑝

𝐶𝐻+,𝑖𝑛
𝑛 𝐶𝐶𝑜2+,𝑚,𝑖,𝑥) (9.8) 

 

Next, the aqueous cobalt diffuses through the pores towards the interface where 

the stripping phase and the membrane meet (Eq. 9.9): 

𝐽𝐶𝑜2+,𝑚 = 𝑘𝐶𝑜2+,𝑚(𝐶𝐶𝑜2+,𝑚,𝑖,𝑥 − 𝐶𝐶𝑜2+,𝑆,𝑖,𝑥) (9.9) 

 

 At the interface, where the stripping phase meets the membrane the aqueous 

cobalt diffuses towards the bulk of the stripping phase (Eq. 9.10): 

𝐽𝐶𝑜2+,𝑆 = 𝑘𝐶𝑜2+,𝑆(𝐶𝐶𝑜2+,𝑆,𝑖,𝑥 − 𝐶𝐶𝑜2+,𝑆,𝑏,𝑥) (9.10) 

 

Inside the MMC, the steady state condition applies. Consequently, the fluxes and reaction 

rate are equal to each other (Eq. 9.11): 

𝐽 = 𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹 = −𝑟𝐶𝑜𝑅2(𝐻𝑅)2
= 𝐽𝐶𝑜2+,𝑆 = 𝐽𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚 𝑜𝑟 𝐽𝐶𝑜2+,𝑚 (9.11) 
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Summerizing Eqs. 9.4-9.10, yields Eq. 9.12: 

𝐽 =  𝐾𝑚 (𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹,𝑏,𝑥 −
 𝐾𝑒𝑞 𝐶(𝐻𝑅)2,𝑖𝑛

𝑝

 𝐶𝐻+,𝑖𝑛
𝑛 𝐶𝐶𝑜2+,𝑆,𝑏,𝑥) (9.12) 

 

with Km the overall mass transfer coefficient. Depending on the membrane wetting 

properties, the overall mass transfer coefficient is described by Eq. 9.13 (hydrophobic 

membrane) or Eq. 9.14 (hydrophilic membrane): 

1

𝐾𝑚
=

1

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹
+

1

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝑚
+

1

𝑘𝑟,2𝐶𝐻+,𝑖𝑛
𝑛 +

  𝐶(𝐻𝑅)2,𝑖𝑛
𝑝

𝐾𝑒𝑞

 𝐶𝐻+,𝑖𝑛
𝑛 (

1

𝑘𝐶𝑜2+,𝑆
) (9.13) 

1

𝐾𝑚
=

1

𝑘𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹
+

1

𝑘𝑟,2 𝐶𝐻+,𝑖𝑛
𝑛 +

  𝐶(𝐻𝑅)2,𝑖𝑛
𝑝

𝐾𝑒𝑞

 𝐶𝐻+,𝑖𝑛
𝑛 (

1

𝑘𝐶𝑜2+,𝑚
+

1

𝑘𝐶𝑜2+,𝑆
) (9.14) 

 

The local mass transfer coefficients can be determined from the Sherwood number (Eq. 

8.15), which is equal to 0.94 for a channel filled with diamond shaped pillars of AR 1 with an 

interpillar distance of 0.3 mm (§ 8.5.1). Diffusion inside the pores of the membrane is 

described by the effective diffusion coefficient (Eq. 8.16). The tortuosity of the membrane is 

equal to 4.51 for the Celgard 2320 membrane [11] and for the Advantec H010A293D a 

value of 1 was taken after analysis of the SEM-picture provided by the manufacturer, which 

was similar as in Fig. A.3.1a.  

 

Eq. 9.12 describes the mass transfer of cobalt from the feed phase to the stripping phase at 

an axial position x. However, the feed and stripping phase also flow co-axially along 

opposite sides of the membrane. To take this convective mass transport into account, the 

mass balance can be written at one side of the membrane (Eq. 9.15): 

𝐽 = −𝑢𝐹ℎ𝐹

𝜕𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹,𝑏,𝑥

𝜕𝑥
 (9.15) 

 

with u the velocity. As steady-state condition applies inside the MMC, Eq. 9.12 and 9.15 are 

equal to each other. With the boundary conditions in Eq. 9.16, Eqs. 9.17 and 9.18 are 

obtained describing the loaded Co-Cyanex 272 concentration in the feed: 

𝑥 = 0 →  𝐶𝐶𝑜2+,𝐹,𝑏,𝑥 = 𝐶𝐶𝑜2+,𝐹,𝑖𝑛 
(9.16) 

𝑥 = 𝐿 →  𝐶𝐶𝑜2+,𝐹,𝑏,𝑥 = 𝐶𝐶𝑜2+,𝐹,𝐿 

𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹,𝑏,𝐿 =

1
𝛼 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹,𝑖𝑛 + 𝐶𝐶𝑜𝑅2.(𝐻𝑅)2,𝐹,𝑖𝑛 𝑒

−
𝐾𝑚𝐿
𝑢𝐹ℎ𝐹

(1+
1
𝛼

)

1 +
1
𝛼

 (9.17) 
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𝛼 =
 𝐶𝐻+,𝑖𝑛

𝑛  

𝐾𝑒𝑞 𝐶(𝐻𝑅)2,𝑖𝑛
𝑝

𝑢𝐹ℎ𝐹

𝑢𝑆ℎ𝑆
  (9.18) 

 

with C the concentration, Km the overall mass transfer coefficient, L the length of the MMC 

channel, u the velocity, h the channel height, Keq the equilibrium constant and n an p 

reaction order exponents that had to be determined experimentally. The subscript in 

denotes the inlet, F the feed, b the bulk and L the axial position at x = L (outlet of the MMC). 

Eq. 9.17 was very similar as for extraction with a pseudo-first order reaction kinetics and 

acidic Cyanex 272 (Eq. 8.22a). 

 

9.3.3 Influence of the concentration sulfuric acid 

The concentration of sulfuric acid had a distinct impact on the stripping kinetics (Fig. 9.3). 

With 1000 mmol/L sulphuric acid, equilibrium was reached after 3.7 min, stripping 95.7% of 

the loaded Cyanex 272. However, with 500 mmol/L and 250 mmol/L sulfuric acid only 

91.0% and 82.6% of the loaded Co-Cyanex 272 was stripped after 7.4 min. This was in 

agreement with the batch experiment (Fig. 9.2) and with the assumption that the reaction 

rate had to be taken into account for stripping. For the reversed reaction (extraction) the 

mass transfer limited regime applied and consequently reaction kinetics could be 

neglected. This was observed when the concentration of Cyanex 272 was varied (§ 8.3.2.3), 

which is for extraction the reagent instead of sulfuric acid. By varying the concentration of 

Cyanex 272 the overall extraction kinetics were not influenced, only the amount extracted 

at equilibrium, confirming that the reaction rate could be neglected for extraction. 

 

The model coincided with the experimental data for 1000 mmol/L sulfuric acid (Fig. 9.3). 

For 500 mmol/L sulfuric acid, the model seems to overestimate the amount of cobalt 

stripped and for 250 mmol/L sulfuric acid at longer residence times, the model seems to 

slightly underestimate the amount of cobalt stripped. This could be due to measuring errors 

and should be further studied. At concentrations higher than 1000 mmol/L sulfuric acid, 

breakthrough occurred, preventing a stable operation. Consequently, 1000 mmol/L was the 

preferred choice as it yielded the highest stripping kinetics without inducing breakthrough. 

To calculate the models, the parameters from table 9.1 were used and were determined by 

fitting by the sum of the least squared errors on the experimental data from Figs. 9.3-9.5. 

From this, a diffusion coefficient of 3.4 x 10-10 m²/s for loaded Co-Cyanex 272 in n-heptane 

was obtained, which is close to the diffusion coefficient reported in literature [6] with 
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kerosene as solvent. The reaction rate constant was equal to 1.35 x 10-6 L2.64/(mol2.64 s), the 

exponent n in Eq. 9.3 was equal to 2.64, and the exponent p was set equal to 0 as it did not 

affect the stripping kinetics.  

 

With the reaction rate constant now known, the Hatta number could be calculated, which 

was in the range of 10-2. As the Hatta number was much smaller than 1, it was indeed a 

confirmation that the reaction kinetics should be taken into account [12]. 

 

 

Figure 9.3: Impact of the sulfuric acid concentration on the stripping kinetics of loaded Co-Cyanex 272 with the 

following conditions: 14 mmol/L loaded Co-Cyanex 272, 224 mmol/L Cyanex 272, h = 50 µm, w = 13 mm, 

Celgard 2320 membrane and 250, 500 and 1000 mmol/L sulfuric acid.  

 

Table 9.1: The diffusion coefficient of loaded Co-Cyanex 272 in n-heptane with 224 mmol/L Cyanex 272, 

reaction rate constant for stripping and the exponents n and p obtained by fitting the model (Eq. 9.3) by the 

sum of least squared errors on the experimental data in Figs. 9.3-9.5. 

𝐷𝐶𝑜𝑅2.(𝐻𝑅)2 𝑖𝑛 𝑛−ℎ𝑒𝑝𝑡𝑎𝑛𝑒 𝑤𝑖𝑡ℎ 
0.2236 𝑚𝑜𝑙/𝐿 𝐶𝑦𝑎𝑛𝑒𝑥 272

 3.4 x 10-10 m²/s 

𝑘𝑟,2 1.35 x 10-6 L2.64/(mol2.64 s) 

n 2.64 

p 0 

 

9.3.4 Influence of concentration Cyanex 272 

With an increase of the Cyanex 272 concentration, the viscosity is known to increase as well 

[13], lowering the diffusion coefficient and consequently the mass transfer kinetics. For 

extraction, this did not affect the overall extraction kinetics (Fig. 8.6), as the mass transfer 

resistance contribution mainly depended on the diffusion in the aqueous phase channel 

(Eq. 8.18a). For stripping, however, the concentration of Cyanex 272 did influence the 
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stripping kinetics (Fig. 9.4a). This could be explained by the fact that for stripping now 

diffusion in the aqueous phase channel could be neglected but not in the organic phase 

channel (Eqs. 9.13 and 9.14). For a Cyanex 272 concentration of 224 mmol/L, equilibrium 

was reached after 3.7 min, stripping 95.6% of the loaded Co-Cyanex 272, whereas for a 

Cyanex 272 concentration of 123 mmol/L, only 57.1% of the loaded Co-Cyanex 272 was 

stripped after 7.4 min. Measuring the amount of loaded Co-Cyanex 272 stripped after 3.7 

min at various Cyanex 272 concentrations (Fig. 9.4b), the diffusion coefficient of the loaded 

Co-Cyanex 272 in the organic phase could be determined and dropped from 3.4 x10-10 m²/s 

to 0.3 x10-10 m²/s when increasing the Cyanex 272 concentration from 224 mmol/L to 1232 

mmol/L. From the results in Fig. 9.4b, an empirical correlation between the Cyanex 272 

concentration and the diffusion coefficient of loaded Co-Cyanex 272 in the organic phase 

was deduced (Eq. 9.19): 

ln(𝐷𝐶𝑜𝑅2.(𝐻𝑅)2
[𝑚²/𝑠]) = −2.3  𝐶𝐻𝑅[𝑚𝑜𝑙/𝐿] − 21.2 (9.19) 

 

 

Figure 9.4: a) Impact of the Cyanex 272 (HR) concentration onto the stripping kinetics of loaded Co-Cyanex 

272 with the following conditions: 14 mmol/L loaded Co-Cyanex 272, 1000 mmol/L sulfuric acid, h = 50 µm, w 

= 13 mm, Celgard 2320 membrane, and 224 and 1232 mmol/L Cyanex 272. b) The diffusion coefficient of 

loaded Co-Cyanex 272 (CoR2.(HR)2) as a function of the Cyanex 272 (HR) concentration. 

 

9.3.5 Influence of membrane wetting properties 

From Eqs. 9.13 and 9.14, it was clear that the wetting properties of the membrane 

influenced the stripping kinetics. Like with classical non-reactive solvent extraction it is 

desirable to have the extract phase (stripping solution) in the pores of the membrane, 

rather than the raffinate phase (feed), assuming the partition coefficient is higher than one 

and membrane deflection is absent (§ 6.3.4). This can be understood by looking at the 

concentration gradient inside the membrane. With the extract phase inside the pores, the 

concentration gradient will be higher than with the raffinate phase inside the pores, 
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enhancing mass transfer. This effect is translated in the overall mass transfer coefficient by 

the partition coefficient, which appears in the membrane resistance term when the pores 

are filled by the extract. Due to this, the overall mass transfer coefficient will increase. This 

effect, the stripping of cobalt, was observed with a hydrophilic membrane. The pores were 

then filled with the stripping phase and Eq. 9.14 applied, where the membrane resistance 

term was multiplied with the equilibrium constant instead of the partition coefficient. This 

strongly reduced the membrane resistance term and its contribution to the overall 

resistance in contrast with a hydrophobic membrane (Eq. 9.13). As the model predicted, 

this was also observed experimentally (Fig. 9.5). When a hydrophilic membrane was used 

only a residence time of 0.9 min was needed to reach equilibrium instead of 3.7 min with a 

hydrophobic membrane. 

 

 

Figure 9.5: Impact of the membrane wetting properties onto the stripping kinetics of loaded Co-Cyanex 272 

with the following conditions: 14 mmol/L loaded Co-Cyanex 272, 224 mmol/L Cyanex 272, 1000 mmol/L 

sulfuric acid, h = 50 µm, w = 13 mm and Celgard 2320 membrane (hydrophobic) or Advantec H010A293D 

membrane (hydrophilic). 

 

9.3.6 Continuous operation 

Using two MMC units for respectively extraction and stripping, a feed solution containing 

nickel and cobalt could be separated continuously (Fig. 9.6). The organic phase (Cyanex 

272) primarily extracted cobalt from the feed, leaving a nickel rich raffinate behind (§ 

8.3.2.1). Subsequently, in the second MMC unit, the loaded organic phase was stripped 

with sulfuric acid, yielding a cobalt rich stripping solution and regenerated Cyanex 272. The 

regenerated Cyanex 272 was collected in a small buffer vessel (2 mL) and fed again in the 

first MMC unit, closing the loop for the organic phase. 
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Figure 9.6: Flow diagram of the setup for continuous operation. 

 

However, to increase throughput and to lower the ratio of void volume (connection tubing 

and pump) over flow rate, it was necessary to scale-up the MMCs. To scale-up the MMCs, 

the preferred strategy was to increase the width. However, going from a small inlet gap 

(diameter: 1 mm) to a wide channel an entrance effect could arise, enlarging the residence 

time distribution and negatively affecting the extraction and stripping kinetics (§ 3.3). This 

effect also becomes more significant with wider channels. By placing radially elongated 

pillars with an aspect ratio of 10 at the inlet and outlet of the channel, the incoming and 

outgoing liquid was distributed and collected over the entire width of the channel. Doing 

so, no change in extraction or stripping kinetics was observed (Fig. 9.7) for the MMCs with a 

width of 13 mm (V = 37 µl) and 100 mm (V = 377 µl). As a consequence, the flow rate at 

which equilibrium was reached for extraction and stripping, could be respectively increased 

from 60 µl/min to 600 µl/min and from 40 µl/min to 400 µl/min. 

 

 

Figure 9.7: a) The extraction kinetics of cobalt with Cyanex 272 for a 37 µl large MMC and a 377 µl large MMC 

under following conditions: 14 mmol/L CoSO4, 500 mmol/L acetate buffer (pH = 7), 252 mmol/L Cyanex 272, h 

= 50 µm and Celgard 2320 membrane. b) The stripping kinetics of loaded Co-Cyanex 272 for a 37 µl large 

MMC and a 377 µl large MMC under following conditions: 14 mmol/L loaded Co-Cyanex 272, 224 mmol/L 

Cyanex 272, 1000 mmol/L sulfuric acid, h = 50 µm and Advantec H010A293D membrane. 
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With the use of two 100 mm wide MMCs, according to the flow diagram in Fig. 9.6, cobalt 

and nickel was separated continuously during 5 hours. Every 20 minutes a sample of the 

nickel rich raffinate and cobalt rich stripping solution was collected and analyzed. During 

these 5 hours no decrease in efficiency was observed (Fig. 9.8). The aqueous feed that 

consisted of 14 mmol/L CoSO4, 4 mmol/L NiSO4 and 500 mmol/L acetate buffer (pH = 7) and 

the organic phase that consisted of 252 mmol/L Cyanex 272 were fed into the first MMC 

unit at a flow rate of 100 µl/min. The raffinate solution that was collected at the outlet of 

the first MMC unit had an average concentration of 0.3  0.2 mmol/L CoSO4 and 3.7  0.1 

mmol/L NiSO4 (Fig. 9.8a). Concomitantly, 98.0 % of the cobalt and 14.8 % of the nickel was 

extracted from the feed (Fig. 9.8b). Subsequently, the loaded organic phase flowed towards 

the second MMC, which was fed at the opposite side of the membrane with 1000 mmol/L 

aq. sulfuric acid solution at a flow rate of 100 µl/min. The obtained stripping solution at the 

outlet of the second MMC unit had an average concentration of 13  1.4 mmol/L for CoSO4 

and 0.4  0.3 mmol/L for NiSO4 (Fig. 9.8c), resulting in a complete stripping of the loaded 

organic phase (Fig. 9.8d). The amount nickel stripped seems to increase over time, but the 

data were highly scattered, due to the fact that the concentration of nickel and loaded 

Cyanex 272 with nickel was below the limit of quantification range of the AAS-system. 

Concomitantly, the error had a relatively large impact when the amount stripped was 

calculated with such low feed and raffinate concentrations (Eq. 9.1). For the extraction of 

cobalt (Fig. 9.8b) this limit of quantification range did not pose a problem as the feed 

concentration was large. Therefore, the error on the raffinate concentration had a 

relatively small impact when calculating the amount of cobalt extracted (Eq. 9.1). 

 

From these results, it could be concluded that the efficiency remained constant during the 

5-hour operation. A minor breakthrough was observed at the stripping unit. 0.67ml 

aqueous stripping solution was collected at the organic phase outlet, which represented 

1.87 % of the total processed volume. This did not pose a problem as these few water 

droplets settled at the bottom of the buffering tank and which could be easily removed if 

necessary. A solution to completely prevent breakthrough, is to use active backpressure 

regulation. 
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Figure 9.8: The extraction and stripping performance of the continuous operation setup over a period of 5 

hours under following conditions: feed: 14 mmol/L CoSO4, 4 mmol/L NiSO4, 500 mmol/L acetate buffer (pH = 

7); extraction solvent: 252 mmol/L Cyanex 272; stripping solvent: 1000 mmol/L sulfuric acid; h = 50 µm; w = 

100 mm; Celgard 2320 membrane for the extraction MMC unit and Advantec H010A293D membrane for the 

stripping MMC unit. a) The concentration of cobalt and nickel in the nickel rich raffinate as a function of the 

run time at the outlet of the extraction MMC. The dashed lines represent the concentration of the feed. b) The 

amount of cobalt and nickel extracted as a function of the run time. The dashed lines represent the 

equilibrium obtained from a shake test. c) The concentration of cobalt and nickel in the cobalt rich stripping 

solution as a function of the run time at the outlet of the stripping MMC. The dashed lines represent the 

concentration of the loaded Co-Cyanex 272 and Ni-Cyanex 272 coming from the extraction MMC. d) The 

amount of cobalt and nickel stripped as a function of the run time. The dashed line represents complete 

stripping at 100 %. 

 

9.3.7 Countercurrent operation 

Extraction and stripping were always conducted in cocurrent mode. Countercurrent mode, 

however, is theoretically a superior method as it allows reaching multiple stages. Then 

again for a stable operation, cocurrent mode is superior over countercurrent mode as the 

pressure difference over the membrane is larger in countercurrent mode, enlarging the 

possibility of breakthrough. 
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Plotting Eqs. 9.20-9.21 describing the extraction kinetics for co- and countercurrent mode 

for classical non-reactive extraction obtained from chapter 3, it was seen that in terms of 

kinetics there was no difference between co- and countercurrent mode (Fig. 9.9).  

 

For cocurrent mode, the concentration in the raffinate was given by Eq. 9.20, and for 

countercurrent mode by Eq. 9.21 and in both cases the concentration at the inlet of the 

solvent side was equal to zero: 

𝐶𝑅 =

𝛼𝑅
𝛼𝐸

𝐶𝑓 +   𝐶𝑓 𝑒
−

𝐾𝑚𝐿
𝑢𝑅ℎ𝑅

(1+
𝛼𝑅
𝛼𝐸

)

1 +
𝛼𝑅
𝛼𝐸

 (9.20) 

𝐶𝑅 =
𝐶𝑓 (1 −

𝛼𝑅
𝛼𝐸

) 𝑒
(

1
𝛼𝐸

−
1

𝛼𝑅
)

1 −
𝛼𝑅
𝛼𝐸

𝑒
(

1
𝛼𝐸

−
1

𝛼𝑅
)

 (9.21) 

 

The subscript R denotes the raffinate and E the extract. Eq. 9.20 is nearly identical to Eq. 

9.17 and only differs in the definition of R and E (Eq. 9.22): 

𝛼𝑅 =  
𝑢𝑅ℎ𝑅

𝐾𝑚𝐿
 𝛼𝐸 =

𝑢𝐸ℎ𝐸𝐻

𝐾𝑚𝐿
 (9.22) 

 

with H the partition coefficient. 

 

 

Figure 9.9: The amount extracted as a function of the residence time for co- and countercurrent mode for non-

reactive extraction with H = 100 and Km = 10
-6

 m/s. 

 

 

 



CHAPTER 9: Separation of Co(II)/Ni(II) with Cyanex 272: stripping kinetics and continuous  
                      operation study 

202 

For non-reactive extraction R /E depends on the partition coefficient, whereas  (Eq. 

9.18) for reactive extraction depends on the equilibrium constant, the proton 

concentration, and Cyanex 272 concentration. Nonetheless, a similar behavior for co- and 

countercurrent extraction is also expected for reactive extraction, which was indeed 

observed experimentally both for extraction and stripping (Fig. 9.10). As all cobalt was 

extracted after one stage under the applied conditions, there was no need for multiple 

stages. Consequently, preference was given to the cocurrent mode. 

 

 

Figure 9.10: a) The amount cobalt extracted as a function of the residence time for the co- and countercurrent 

mode under following conditions: 14 mmol/L CoSO4, 500 mmol/L acetate buffer (pH = 7), 252 mmol/L Cyanex 

272, h = 50 µm and Celgard 2320 membrane. b) The amount cobalt stripped as a function of the residence 

time for the co- and countercurrent mode under following conditions: 14 mmol/L loaded Co-Cyanex 272, 224 

mmol/L Cyanex 272, 1000 mmol/L sulfuric acid, h = 50 µm and Celgard 2320 membrane. 

 

9.4 Conclusions 

It was shown that pseudo-first order kinetics could be assumed for stripping of loaded 

Cyanex 272 with cobalt and that a model could be derived allowing to maximize the 

stripping rate. However, whereas for extraction the concentration of Cyanex 272 did not 

influence the extraction rate, the concentration of sulfuric acid did affect the stripping rate 

of loaded Cyanex 272. This was caused by the reaction kinetics and consequently had to be 

taken into account. The highest stripping rate was obtained at the highest sulfuric acid 

concentration possible, which was 1000 mmol/L. At higher sulfuric acid concentrations, 

breakthrough occurred. Furthermore, it was shown that the Cyanex 272 concentration 

affected the stripping rate, in contrast to what occurs during the extraction of cobalt. With 

an increase of the Cyanex 272 concentration, the diffusion coefficient of loaded Cyanex 272 

in the organic phase dropped. For extraction this effect was negligible, due to a lower mass 
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transfer resistance contribution of the solvent (larger concentration gradient). Next, the 

impact of the membrane wettability was demonstrated. Using a hydrophilic membrane 

instead of a hydrophobic one, the membrane mass transfer resistance term could be 

reduced, lowering the required residence time for complete stripping from 3.7 min to 0.9 

min. Using distributor features, a scale-up strategy was demonstrated without loss of 

efficiency, increasing throughput by a ten-fold and allowing to operate continuously. During 

this continuous operation, the separation efficiency did not drop over the entire period of 5 

hours. Operating in countercurrent mode did not affect the extraction and stripping rate, as 

predicted by the models.  

 

  



CHAPTER 9: Separation of Co(II)/Ni(II) with Cyanex 272: stripping kinetics and continuous  
                      operation study 

204 

REFERENCES 

[1] K. Soldenhoff, M. Shamieh, and A. Manis, “Liquid-liquid extraction of cobalt with 
hollow fiber contactor,” J. Memb. Sci., vol. 252, no. 1–2, pp. 183–194, Apr. 2005. 

[2] M. Aguilar and J. L. Cortina, Solvent Extraction and Liquid Membranes: Fundamentals 
and Applications in New Materials. New York: CRC Press, 2008. 

[3] E. Drioli, A. Criscuoli, and E. Curcio, Membrane Contactors: Fundamentals, 
Applications and Potentialities. Amsterdam: Elsevier, 2005. 

[4] J.-P. Yeh, R.-D. Chien, S.-C. Chen, and S.-H. Lin, “Extraction Separation of Co(II) from 
Ni(II) in H 2 SO 4 Solutions with Na-Cyanex 302 in Hollow-Fiber Contactors,” Sep. Sci. 
Technol., vol. 48, no. 5, pp. 699–705, 2013. 

[5] J.-P. Yeh, S.-H. Lin, R.-D. Chien, S.-C. Chen, and H.-Y. Chiao, “Extraction separation of 
Co(II) from Ni(II) in H 2 SO 4 solutions with carriers in hollow-fiber contactors,” 
Desalin. Water Treat., vol. 51, no. 25–27, pp. 5057–5063, 2013. 

[6] P. K. Parhi and K. Sarangi, “Separation of copper, zinc, cobalt and nickel ions by 
supported liquid membrane technique using LIX 84I, TOPS-99 and Cyanex 272,” Sep. 
Purif. Technol., vol. 59, no. 2, pp. 169–174, 2008. 

[7] B. Swain, C. Mishra, J. Jeong, J. Lee, H. S. Hong, and B. D. Pandey, “Separation of 
Co(II) and Li(I) with Cyanex 272 using hollow fiber supported liquid membrane: A 
comparison with flat sheet supported liquid membrane and dispersive solvent 
extraction process,” Chem. Eng. J., vol. 271, pp. 61–70, Jul. 2015. 

[8] B. K. Tait, “Cobalt-nickel separation: the extraction of cobalt(II) and nickel(II) by 
Cyanex 301, Cyanex 302 and Cyanex 272,” Hydrometallurgy, vol. 32, no. 3. pp. 365–
372, Apr-1993. 

[9] N. B. Devi, K. C. Nathsarma, and V. Chakravortty, “Sodium salts of D2EHPA, PC-88A 
and Cyanex-272 and their mixtures as extractants for cobalt(II),” Hydrometallurgy, 
vol. 34, no. 3, pp. 331–342, 1994. 

[10] X. Fu and J. A. Golding, “Equilibrium and mass transfer for the extraction of cobalt 
and nickel from sulfate solutions into bis(2,4,4-trimethylpentyl)phosphinic acid - 
‘Cyanex 272’.,” Solvent Extr. Ion Exch., vol. 6, no. 5, pp. 889–917, Mar. 1988. 

[11] J. Cannarella and C. B. Arnold, “Ion transport restriction in mechanically strained 
separator membranes,” J. Power Sources, vol. 226, pp. 149–155, Mar. 2013. 

[12] D. Datta and S. Kumar, “Equilibrium and Kinetic Studies of the Reactive Extraction of 
Nicotinic Acid with Tri- n -octylamine Dissolved in MIBK,” Ind. Eng. Chem. Res., vol. 
52, no. 41, pp. 14680–14686, Oct. 2013. 

[13] B. Swain, J. Jeong, J. C. Lee, and G. H. Lee, “Extraction of Co(II) by supported liquid 
membrane and solvent extraction using Cyanex 272 as an extractant: A comparison 
study,” J. Memb. Sci., vol. 288, no. 1–2, pp. 139–148, 2007. 



 

 

 



 

 

 

 

 



 

 

 

 

 

CHAPTER 10  

General conclusions and future 

challenges 

 

 

 

 

 

 

 

 

 

In this final chapter an overview is given and general conclusions are drawn from the 

preceding chapters and future challenges and possible solutions are discussed. 
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10.1 Conclusions 

In an ideal situation, the extraction and separation steps in SX proceed instantaneously. For 

classical equipment this is a problem, as fast extraction is obtained with a high dispersion, 

whereas fast phase separation is obtained with a low degree of dispersion. Because phase 

separation usually dictates the overall throughput, the question was raised whether 

extraction could be instantaneously achieved without dispersion, omitting the need for 

phase separation. Secondly, from industry, the demand for small scale SX equipment for 

lab-scale screening and preliminary pilot testing was given as well. In an attempt to fulfill 

these two demands, SX in membrane microcontactors was studied in this thesis. Due to the 

stabilized parallel flow profile, membrane equipped contactors can prevent dispersion. 

However, because of the absence of dispersion, mass transfer inside membrane contactors 

(e.g., spiral-wound or hollow fiber module) is slow. To tackle this problem, microfabrication 

technology was employed to construct membrane contactors with microstructured spacer 

features to reduce the diffusional distance and concomitantly mass transfer resistance. To 

achieve extraction equilibrium within minutes, it was critical to reduce this channel height 

as mass transfer of the solute from the feed to the solvent is solely achieved by diffusion. 

Doing so, channel heights of 100 µm and lower were constructed, allowing to reach 

equilibrium in typically a few minutes. 

 

In this work different aspects of the membrane microcontactor have been highlighted and 

investigated: (1) modeling of extraction kinetics, (2) breakthrough, (3) spacer structuring, 

(4) upscaling, (5) sample preparation, and (6) reactive SX.  

 

Critical for any chemical operation is to predict its behavior. To this end, analytical models 

have been derived for the different MMC configurations. In chapter 3, a model has been 

derived which allows for the prediction of the extraction kinetics both for the cocurrent as 

for the countercurrent configuration. The cocurrent configuration is interesting as in 

practice, it is the easiest configuration to implement and it allows for a direct comparison 

with other pilot setups, whereas the countercurrent mode is more interesting from an 

economical point-of-view, because multiple stages can be achieved in a single unit. From 

these models the impact of, for instance, the channel height and membrane wettability was 

assessed. By reducing the channel height from 200 µm to 100 µm, the required residence 

time that was needed to reach equilibrium, was reduced from 22 min to 9 min. Moreover, 
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changing the membrane wettability, bringing the solvent into the pores, reduced this 

required residence time further to only 2 min. Besides modeling SX in a single MMC unit, 

the model from chapter 3 was extended in chapter 5, allowing to model multistage 

countercurrent SX. To compare with future pilot tests, the request came from industry [1] 

to keep the number of theoretical stages constant. In chapter 5 this was demonstrated 

experimentally by using multiple MMCs in cocurrent, which were ex situ interconnected in 

countercurrent mode. With the derived model the experimental results could be described, 

allowing to determine the required residence time and throughput.  

 

Pinning of the liquid/liquid interface at the membrane pore mouth is crucial to ensure a 

dispersion-free operation, which is the sole purpose of the membrane and which is 

determined by the breakthrough pressure. Therefore, the pressure difference across the 

membrane must always be smaller than the breakthrough pressure. Consequently, 

knowledge about the breakthrough pressure is vital for any real-life application. In 

literature, however, different models are described to predict this breakthrough pressure. 

In chapter 4 these different models were compared. The model that is mostly used is the 

Young-Laplace model, but it is derived with the assumption of perfectly cylindrical pores, 

which is rarely the case in practice. To compensate this, a correction factor () is frequently 

added. Nonetheless, the deviation with the experimental data was still largest with the 

Young-Laplace model from all models found in the literature. It was the Kim-Harriott-Zha 

model that yielded the lowest deviation, by describing the pores as a donut-like geometry 

which resembles more accurately the fibrous structure of the membranes. A downside to 

the Kim-Harriott-Zha model is the need to determine m for each membrane. 

Consequently, an extended model of the Young-Laplace model was proposed by merging it 

with the Franken model, which resulted in a similar prediction as the Kim-Harriott-Zha 

model, however without the need to determine m. 

 

A third important aspect of the MMC, next to extraction kinetics and breakthrough, is 

spacer structuring. In contrast to hollow fibers, the flat sheet membranes are not self-

supporting and require spacer features to support the membrane, which should impose a 

minimal channel height to keep mass transfer resistance limited. However, independent of 

this channel height, also poorly designed spacer features will lead to a decrease of the 

extraction kinetics or lead more rapidly to breakthrough and is in both cases due to the 

deflection of the membrane. Consequently, the influence of the interpillar distance and 

pillar shape was studied in terms of membrane deflection and pressure drop (chapter 6) 



CHAPTER 10: General conclusions and future challenges 

210 

and from this, it was shown that with radially elongated pillars membrane deflection and 

pressure drop could be kept minimal. When the impact of the membrane deflection on the 

extraction kinetics was studied, membrane deflection could either have a positive or 

negative impact on the mass transfer and surprisingly solvent inside the pores instead of 

feed was shown to be not always beneficial. 

 

After studying the three aforementioned aspects of the MMC (extraction kinetics, 

breakthrough and spacer structuring), it can indeed be concluded that SX can be executed 

in a reasonable time frame (i.e. range of minutes) without dispersing both phases. 

Consequently, in its current format, the proposed MMC is suited for laboratory screening or 

analytics (i.e. sample preparation - chapter 7) and it has the advantage of reversible sealing, 

allowing for easy cleaning and handling of challenging solid samples. However, the 

throughput was rather insufficient at this point for small-scale production purposes. As 

increasing length and decreasing channel height is limited because of breakthrough and 

fabrication errors, a scale-up strategy had to be developed to increase the width (chapter 

9). Using distributing features, the width could be increased by a ten-fold without inducing 

efficiency losses.  

 

Finally, reactive SX was studied (chapters 8 and 9) as it constitutes a large fraction of the SX 

industry, mainly in the field of hydrometallurgy. In contrast to non-reactive SX, the reaction 

equation in reactive SX has to be taken into account which can make the model non-linear, 

possibly preventing an analytical solution. However, in case an excess amount of extractant 

(or stripping agent) is used, the extraction (or stripping) kinetics can be improved, leading 

to pseudo-first order kinetics, making the model again linear.  

 

10.2 Future challenges 

Using microfabrication technology, the extraction rate was strongly enhanced, lowering the 

time needed to attain equilibrium from the range of hours to the range of minutes. 

Moreover, by deriving the models to describe the extraction rate the key parameters 

affecting this extraction rate were identified. Consequently, it can be concluded that the 

ideal MMC should eliminate all mass transfer resistances without provoking breakthrough, 

truly addressing the demand to achieve extraction instantaneously without dispersion (in 

absence of reaction kinetics). To reach this ultimate goal as close as possible (infinitely fast 
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extraction and separation) and further improving the MMC some strategies can be 

proposed. 

 

From the proposed models and experimental results it was clear that the overall thickness 

(channel depth and membrane thickness) had a large impact on the extraction rate, as 

transport of the solute towards the solvent was solely achieved by diffusion. Consequently, 

a first strategy to eliminate mass transfer resistance is to reduce this diffusional path length 

further. This can be achieved by reducing the channel height and membrane thickness and 

increasing membrane porosity. Using a micromill, however, the error is typically on the 

order of 10 µm. Consequently, to fabricate spacers with thicknesses below 50 µm other 

fabrication techniques, capable of patterning large areas (e.g., wide channels) at a 

reasonable cost, are required. Additionally, with decreasing spacer thickness, the 

fabrication technique should also be capable to decrease the interpillar spacing along. 

Membrane deflection will gain in importance with decreasing spacer height, especially 

towards pressure drop and breakthrough. A fabrication technique answering these 

requirements is imprinting. As the master can be reused over and over again expensive 

fabrication techniques, which can satisfy the aforementioned demands, can be used. 

Etching is a technique that easily allows the fabrication of features smaller than 10 µm. 

Besides imprinting also 3D printing could be used, but it has typically a limited resolution 

which is a few tens of micrometers. Nonetheless, feature sizes below 10 µm using 3D-

printing have been reported [2] and resolution is expected to improve in the future. 

 

Besides reducing the spacer height, also ultrathin (< 10 µm) highly porous membranes 

should be constructed to minimize mass transfer resistance. Fabricating such membranes, 

however, is rather challenging. Van Rijn [3], for instance, fabricated membranes as thin as 

0.5 µm using semiconductor cleanroom technology, but with rather limited porosity (e.g., 

25%). The pore size should preferably be very small (< 10 nm) as well to maximize the 

breakthrough pressure. With such shallow channels (< 10 µm), the pressure drop will likely 

be several bars, especially when taking membrane deflection into account. Consequently, 

the breakthrough pressure obtained with commercial membranes (chapter 4) could be 

insufficient. With the lithography techniques proposed by van Rijn [3] such small pores are, 

however, very difficult to achieve, as resolution is typically around 1 µm. Even with the 

proposed laser interference lithography method, the resolution will still be a few tens of 

nanometers. Deep-UV lithography could be used instead to attain these low resolutions, 

but is not likely to be used in the near future on a large scale for fabricating membranes 
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because of its high accompanying cost. Alternatively, ion track etching could be used, which 

is capable of creating such narrow pores, but porosity is then again small (10 % [4]). 

Therefore, anodization is considered to be a more promising technique. Applying a voltage 

across a silicon substrate in the presence of hydrofluoric acid (HF), silicon is selectively 

removed from the surface, leaving a porous structure behind. By adapting parameters like 

the HF concentration and voltage, the pore size can be easily tuned even below 10 nm, with 

high porosities (> 50%) [5]. To achieve the low thickness, preliminary etching processing can 

be conducted, leaving a thin solid silicon film behind, which can subsequently be made 

porous by anodization (Fig. 10.1).  

 

 

Figure 10.1: SEM image of a-proof-of-concept anodized silicon membrane, which underwent first an etching 

step to construct support beams and was subsequently anodized. a) side view, b) top view, c) high 

magnification image. 

 

Alternatively, sheets of freestanding porous silicon can be produced by first anodizing a flat 

silicon surface, creating a porous layer still attached to this silicon substrate. When the 

voltage is subsequently increased, the silicon is electropolished, which occurs beneath the 

porous layer, leaving it intact and detaching it from the silicon substrate. In this way, a thin 

(10 µm) freestanding porous layer lifts of this silicon substrate. By tuning the anodization 

time, the thickness of this porous layer can be adapted. Downside of these freestanding 

sheets of porous silicon is that they are very fragile.  

 

A second strategy to eliminate the mass transfer resistance inside the channels is to induce 

convective mass transfer phenomena. A straightforward method is to go from laminar 

regime to turbulent, but residence times are then very low (5 ms). Alternatively, 

streaming (i.e. vortices) in lateral direction can be induced by an external force, avoiding 

that mass transfer is solely diffusional based. One technique considered promising to do 

this, is acoustic streaming [6]. By placing a piezo-electric element at the back-wall of the 



                                                                  CHAPTER 10: General conclusions and future challenges 

                                                                                                                                                             213 

MMC, resonance inside the channel can be provoked by ultrasonic sound. Thereby, lateral 

vortices arise (Fig. 10.2), accelerating mass transfer towards the membrane.  

 

 

Figure 10.2: Schematic representation of acoustic streaming 

 

A scale-up strategy has been proposed in chapter 9 and with it throughput was increased 

by a ten-fold to roughly 0.03 L/h, without loss of efficiency. For applications in industry this 

is however too limited, even when aiming at products with a high added value. Throughput 

in precious metal refining processes, for instance, is typically a few liters per hour [7] and 

continuously operated mini-plants have typical volumetric flow rates in the range of 0.1 – 3 

L/h [8]. Consequently, the throughput of the MMC has to be increased further. In first 

instance, this should be done by continuing up-scaling the MMC by increasing the width. 

This however should be accompanied with monitoring the efficiency, because when it starts 

to drop it will become at a certain point more interesting to start placing multiple MMCs in 

parallel. This numbering-up, however, should be kept limited (e.g., 10 MMC units) as 

distribution to the different MMCs, becomes more challenging with an increasing number 

of MMC units. With this two-step approach, it is believed that flow rates in the range of 0.1 

– 3 L/h should be within reach. 

 

As mentioned at the start of this thesis, process intensification (PI) has gained quite some 

importance in the field of chemical engineering and one of the next big steps in PI consists 

of integrating downstream processing into the chemical reactor unit. Because of the stable 

parallel flow and fixed interface, the MMC has the potential to be a valuable tool for this. 

Executing, for instance, an equilibrium reaction at one side of the membrane, allows to 

continuously remove one of the products through the membrane in the other phase, 

shifting the equilibrium to the right. Moreover, as the position of the interface is fixed 

inside the membrane, it is also a well-suited position for immobilizing a catalyst. Enzyme 
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reactions, for instance, often suffer from inhibition by the product [9]. By removing this 

product by extracting it to the organic phase, inhibition can be avoided. Membrane 

contactors can also be used for dosing one of the reagents, for instance when solubility of a 

reagent is low, which can be resolved by foreseeing a catalyst at the interface.  

 

With the different aspects of the MMC now studied, the aforementioned demands (small 

scale SX equipment that achieves equilibrium in a short time frame without the need for 

dispersion) were met and possible future challenges identified to further optimize the 

MMC’s performance. 
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Microfluidic technology has grown over the past 25 years into a 
mature field. Because of the small channel dimensions, chemical 
process operations like mixing, reactions, dosing and analyses 
have acquired substantial efficiency gains. However, one aspect 
remains underdeveloped: general techniques that enable conti-
nuous purification. One technique that has been reported to be 
promising for microfluidics, because of its universal applicability, 
is solvent extraction.  
  
In solvent extraction, the liquids are first contacted, typically by 
mixing (i.e. dispersing) to acquire equilibrium, and subsequently 
again separated. With dispersive contactors, it is impossible to 
maximize the rates of both processes, as intensive mixing is 
needed to quickly obtain equilibrium, which adversely affects the 
subsequent phase separation step.  
  
In this work, a membrane microcontactor concept is proposed 
that can be employed on the laboratory scale (e.g., parameter 
screening), but the scope can also easily be extended to small-
scale production levels. In membrane contactors, the two liquids 
flow along each side of the membrane, preventing dispersion of 
the two solutions and consequently omitting a phase separation 
step. However, with current membrane contactors the 
equilibrium is attained slowly, typically in the range of hours. To 
speed this up, microfluidic technology was combined with the 
membrane contactor concept into a membrane microcontactor, 
enhancing the extraction rate substantially. 
  
In the first part of the thesis, models were developed to describe 
the extraction rate, to investigate interface stability effects, and to 
provide general design guidelines. In the second part, the perfor-
mance of the membrane microcontactor was examined both in 
the field of sample preparation for analytical purposes as in the 
field of hydrometallurgy for metal separation. 


